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NOMENCLATURE AND ABBREVIATIONS  
  
a langmuir saturation constant cm

3
/cm

3
(Poly) 

AM membrane area, m
2
 m

2
 

b langmuir affinity constant Pa
−1

 

BOILPAR boil-up rate of pure argon column  

ci
F concentration of species 𝑖 in the feed mol/m

3
 

dAM differential membrane area, m
2
 m

2
 

Di diffusivity coefficient of species 𝑖 cm
2
/s 

Di
L
 diffusivity associated with Langmuir-sorbed permeant 𝑖 mol/m

3
 

FAr molar flow rate of argon product from CAC kmol/h 

fd  dimensionless flow rate at the feed side of the membrane  

Fi molar flow rate of the stream 𝑖 kmol/h 

Ji transport flux of component 𝑖 mol/m
2
-s 

Ki adsorption coefficient (sorptivity) of specie 𝑖 m. s
−1/2

 

lM membrane thickness m 

L/V molar liquid to vapour ratio in the column  

𝑛 umber of components in the membrane feed  

Ni  feed and product stream (𝑖) stage locations  

NTotal-i  total number of theoretical stages in distillation column 𝑖  

p
i 
 partial pressure of component 𝑖 bar 

Pi  pressure of stream or equipment 𝑖 bar 

P̅M component permeance GPU 

PMi
 permeability of component 𝑖 barrer 

PMm
 permeability of most permeable component 𝑚 barrer 

Qi  heat duty of equipment or process 𝑖 kW 

𝑟 pressure ratio: ratio of feed pressure to permeate pressure  

RR   reflux ratio  

RRmin  minimum reflux ratio  

s dimensionless membrane area  

S  specific power saving compared to distillation alone process % 

Si  solubility coefficient of component 𝑖 cm
3
/cm

3
-Pa 

Smax maximum % specific power saving  % 

TCond  condensing temperature of refrigerant in Carnot model °C 

Tdew,i  dew point temperature of the stream 𝑖 °C 

TEvap  temperature of refrigerant in evaporator in Carnot model °C 

Ti  temperature of equipment or stream 𝑖 °C 

TMem  operating temperature of membrane °C 

WExp  power generated by retentate expander kW 

Wi  power demand of equipment or process 𝑖 kW 

WMAC  power demand of main air compressor kW 

xi   mole fraction of component 𝑖 in the retentate   

xi
F mole fraction of component 𝑖 in feed   

xi
R mole fraction in retentate-end of the membrane  

y
i
P  bulk mole fraction of component 𝑖 in the permeate stream  

xi, k mole fraction of component 𝑘 in stream 𝑖  

y
i 
  mole fraction of component 𝑖 in permeate stream  

∆HVAPi
 molar latent heat of vaporisation of stream 𝑖 kJ/kmol 

∆Pi pressure drop in the equipment 𝑖 bar 

∆Ti
 cold-side

 cold-side temperature approach in heat exchanger 𝑖 °C 
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∆Ti
 hot-side

 hot-side temperature approach in heat exchanger 𝑖 °C 

∆Ti
  min

 minimum temperature approach in heat exchanger 𝑖 °C 

 

Acronyms  

Ar argon  

ATM waste gas to atmosphere  

BAC booster air compressor  

BVP boundary value problem  

C++ a programming language  

CAC crude argon column  

CC countercurrent  

Cello550 cellophane paper membrane prepared at 550 °C  

CLOX crude liquid oxygen  

CMSM carbon molecular sieve membrane  

Cold box insulated structure that houses cryogenic equipment  

DAEs differential algebraic equations  

DD3R decadodesil 3R  

DICOPT discrete and continuous optimisation  

dll. dynamic link library  

EP  elevated pressure  

GAMS general algebraic modelling system  

GAN gaseous nitrogen  

GOX gaseous oxygen  

H
+
 hydrocarbons heavier than CH4  

HF hollow-fibre  

HIDiC heat-integrated distillation column  

HPC high-pressure column  

IGCC integrated gasification combined cycle  

ITM Ion transport membrane  

IVP initial volume problem  

LAR liquid argon  

LIN liquid nitrogen  

LOX liquid oxygen  

LPC low-pressure column  

MAC main air compressor  

MATLAB numerical computing environment  

Matrimid
®
 trademark name for commercial polyimide membranes  

MFI mordenite framework inverted  

MHEX multi-stream heat exchanger  

MIEC mixed ionic-electronic conductors  

MINLP mixed integer non-linear programming  

MMM mixed matrix membrane  

mol% molar percentage  

N2 nitrogen  

NLP non-linear programming  

O2 oxygen  

ODE15s a multistep ordinary differential equation solver  

OTM oxygen transport membrane  

PAR pure argon  
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PARC pure argon column  

PBOA polybenzoxazole  

PES+(13X/4A) polyethersulfone loaded with (13X or 4A zeolite)  

PIM polymers of intrinsic microporosity  

PLOX pumped liquid oxygen  

PM polymer membrane  

PPO poly (2,6-dimethyl-1, 4-phenylene oxide)  

PPU pre-purification unit  

PSA pressure swing adsorption  

PVTMS poly (vinyltrimethyl silane)  

RBM rectification body method  

RK4 4th-order Runge–Kutta numerical method  

RSM response surface method  

SELIC solid electrode ionic or mixed conductors  

SEM solid electrode membrane  

SF separation factor  

SNOPT sparse non-linear optimiser  

SQP sequential quadratic programming  

STP standard temperature and pressure  

SW spiral wound  

TMPC tetramethyl bisphenol-a polycarbonate  

TOMLAB modelling environment in MATLAB  

TSA temperature swing adsorption  

Ulthem
®

 trademark name for polyetherimide polymer  

Unisim process design and simulation software  

VBA visual basic for applications   

wt% weight percentage  

n/a not applicable  

 

Greek symbols 

𝜶i,j  selectivity: relative permeability of component 𝒊 (PMi
/ PMj

)   

𝛾Ar argon recovery from CAC  

𝛾GOX gaseous oxygen recovery rate from ASU  

𝜎AIRTOHP  vapour fraction of HPC feed stream (AIRTOHP)  

𝜑LIQAIR degree of sub-cooling of liquid air stream to LPC  

𝜔𝑖  split fraction of stream 𝑖 in a splitter  

𝜂 efficiency of refrigeration cycle in Carnot model  

𝜃  membrane stage cut  

 

Subscripts 

AIRFEED air stream entering ASU  

AIRTOHP HPC column feed stream  

amb ambient temperature  

AR argon product stream from CAC (i.e. CAC distillate)  

Ar argon  

CACF crude argon column feed stream  

CLOX crude liquid oxygen stream  

Comp membrane feed compressor  
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Cond CAC condenser / condenser in Carnot cycle  

Cool membrane feed cooler in CMS flowsheet  

Distillation distillation alone process  

Exp expansion turbine  

EXPAN–OUT expander outlet stream in ASU  

EXP–OUT 
 

expander outlet stream in hybrid process   

Hybrid hybrid membrane–distillation process   

LINREF liquid nitrogen reflux from HPC to LPC  

LIQAIR liquid air stream fed to LPC  

max maximum  

Mem membrane unit   

MEM–FEED 
 

side stream withdrawn from CAC and sent to the membrane  

min minimum  

O2 oxygen  

PERM membrane permeate stream in the hybrid process  

Reb reboiler  

RET membrane retentate stream in the hybrid process  

RET–MHX membrane retentate stream leaving MHX in the hybrid process  

stage theoretical stage   

TOEXPAN portion of air expanded to generate refrigeration  

𝑖 used for component and stream indication  

𝑗 used for component and stream indication  

𝑚 used for component indication; most permeable species  

𝑖-in inlet stream of equipment or process 𝑖  

𝑖-out outlet stream of equipment or process 𝑖  

𝑖-top top stage of the distillation column 𝑖  

 

Superscripts 

F 

 

membrane feed stream 

 

 

L lower bound for manipulated variable   

OPT optimal  

P 

 

membrane permeate stream  

R membrane retentate stream  

U upper bound for manipulated variable  

 

Units  

Å 
 

Ångström or Angstrom (1×10
–10 

m) 
 

 

Barrer permeability unit; 1×10
–10 

[cm
3 
(STP)•cm•sec

–1
•cm

–2
•cm(Hg)

 –1
]  

°C Celsius degree  

GPU permeance unit; 1×10
–6

[cm
3
(STP)•sec

–1
•cm

–2
•cm(Hg)

 –1
]  

Nm
3
/h normal cubic meter (molar volume at 1.01325 bar and 0ºC) per 

hour  
 

ppm parts per million  

scmh 
standard cubic meter per hour (Sm

3
/h)  

standard conditions (0 °C and 1.01325 bar). 
 

tpd tons per day  

𝜇𝑚 micrometre  

  



 

 

15 

 

                                          ABSTRACT  
Design and optimisation of membrane-assisted distillation processes for 

argon production from air 

Merve Ceylan 

A thesis submitted to The University of Manchester for the degree of 

Doctor of Philosophy, 2019 

Argon is a noble gas that has many diverse applications, including welding of metals, 
steelmaking and semiconductor manufacture. High-purity argon is conventionally 
produced as a co-product of cryogenic air separation units (ASUs) producing oxygen. 
In ASUs, argon is separated from oxygen at temperatures below –180 °C. Argon and 
oxygen have very similar boiling points and the required purity for argon is high; as a 
result, the conventional technology requires distillation columns with over 150 stages 
and reflux ratios as high as 30 to 40. This, together with the need for expensive low-
temperature refrigeration, results in high capital and operating costs. Membrane-
assisted distillation potentially represents an economically attractive alternative to 
conventional technology, possibly leading to significant reductions in capital and energy 
costs. Therefore, this project develops membrane-assisted cryogenic distillation 
processes to improve the energy efficiency of argon production from air.  

Novel process flowsheets for argon production are developed, screened and evaluated 
using process models. This thesis is the first comprehensive study, to the best of our 
knowledge, to investigate such synergy between the membrane and distillation units for 
argon production. Two types of membrane materials—polymeric and carbon molecular 
sieve membranes—are identified as promising candidates for the proposed process 
from the open literature. The novel hybrid configurations are evaluated systematically 
by simultaneous simulation and optimisation. The performance of hybrid flowsheets is 
evaluated in terms of compression power savings, per unit of argon produced, 
compared to that of conventional cryogenic distillation. The process configurations and 
operating conditions offering the highest energy savings are identified. 

Air separation units producing argon, and the membrane separations, are modelled in 
the commercial process simulator Aspen Plus. Air separation units co-producing argon 
are highly complex due to heat integration and coupling between the distillation 
columns, with stringent operational constraints. Therefore, an optimisation-based 
solution approach is proposed for modelling and simulation of air separation units to 
minimise the energy consumption (i.e. compressor power demand) of the process 
while satisfying the operational constraints. The SQP optimisation algorithm available 
in Aspen Plus is used to optimise operating conditions. The multicomponent membrane 
model developed by Shindo et al. (1985) is used for modelling of polymer and CMS 
membranes. A robust solution technique that guarantees fast and stable convergence 
is proposed. The membrane model is incorporated within Aspen Plus via a Fortran 
subroutine. The process models are used to identify important degrees of freedom. 
Decision variables, including the membrane feed flow rate, stage cut, locations of 
column feed, side-feeds and side-draws and reflux ratio are optimised to give the 
highest energy savings.  

The results show that the synergy between distillation and membranes can reduce 
energy consumption per unit of argon produced. The optimum location for the 
membrane side-draw is close to the feed stage of the column. Polymeric membranes 
can give 12% power savings and a 32% reduction could be achieved with a carbon 
molecular sieve membrane operating at low temperatures (–110 °C). However, the 
latter membranes have not yet been commercialised due to poor stability and high cost. 
Overall, the results suggest that the proposed hybrid process has a high potential for 
industrial implementation; development of the advanced membrane materials is key to 
success. 
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LAY ABSTRACT 
 

Air contains oxygen, nitrogen and argon—gases that are widely used in the industry. 

These gases are conventionally separated from air by distillation, which requires 

atmospheric air to be liquefied. The liquefied air is then separated into almost pure 

oxygen, nitrogen and argon. 

Air liquefies at extremely low temperatures that are significantly expensive to obtain. 

Separation of oxygen and argon from air is particularly more difficult and energy 

intensive. Thus, there is a need for energy efficient solutions for air separation, in 

particular, oxygen–argon separation. This research combines another separation 

technology, membrane separation, to aid distillation in order to reduce the energy 

required to separate argon from air. 

These two separation technologies can be combined in numerous configurations. 

Therefore, to find the most energy efficient alternative, we systematically evaluated 

various combinations of the membrane unit and distillation column. The evaluation was 

based on the results obtained through computational experiments (i.e. simulations) that 

applied mathematical models to represent the behaviour of real processes. 

This study shows that the energy demand for argon separation can be reduced 

considerably if a membrane unit is combined with a distillation column. We found the 

best location of the membrane along with the optimum design of the process. Naturally, 

the membrane type and properties affect the performance of the process significantly. 

Membrane materials with better separation properties can double the energy savings, 

compared to distillation-only systems. However, suitable membranes are still under 

development; therefore, further research in this area is highly encouraged by the author 

of this thesis. 
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1 INTRODUCTION  

1.1 Introduction and background 

This study is driven by the need for the development of alternative argon production 

processes from air that are capable of competing successfully with the conventional 

cryogenic air separation, a highly-energy intensive separation process (Häring, 2008). 

Membrane-assisted distillation is recognised as one of the most promising and 

innovative process alternatives to conventional distillation, in particular for low-

temperature systems like cryogenic air separation (Kookos, 2003).  

To date, there has been limited research pertaining to membrane-assisted 

distillation processes for argon production, the most recent dating back to the mid-90s. 

Moreover, the last decades have seen considerable progress in the development of 

enhanced materials for membrane gas separation. Therefore, the focus of this study is 

to investigate comprehensively the full potential of membrane-assisted distillation for 

cost-savings compared to conventional technology, considering both novel and state-

of-the-art membrane materials available today. In this context, this chapter first 

presents essential background information and then discusses the motivation, aim and 

objectives of this research. 

1.1.1 Argon – a noble gas 

Argon (Ar), due to its lack of chemical reactivity, is extensively used as an inert gas 

in such applications as welding of metals, in semiconductor manufacturing and as a 

filler gas in light bulbs (Häring, 2008). The rising demand from existing manufacturing 

segments has increased the need for argon in the last two decades; the market for 

argon gas is expected to grow at a compound annual growth rate of around 5% 

between the years of 2015 and 2020 (Marketsandmarkets, 2015). 
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Argon is the third most abundant gas in air. It is conventionally produced by 

fractional distillation of air at cryogenic temperatures. Argon is the by-product of 

cryogenic air separation units (often referred to as ‘ASUs’) that are primarily built for 

oxygen production or simultaneous production of oxygen and nitrogen (Castle, 2002). 

An alternative source for argon production is by recovery from the purge gas of 

ammonia synthesis processes. However, argon recovery from ammonia synthesis 

plant is less economically viable compared to cryogenic distillation (Thorogood et al., 

1989). 

1.1.2 Argon production from cryogenic air separation units 

In cryogenic air separation processes, the air feed (78 mol% nitrogen, 21 mol% 

oxygen and 1 mol% argon) is first compressed, cooled and partially liquefied and then 

sent to a double-column distillation system to achieve the separation of oxygen and 

nitrogen (Figure 1.1). The double-column arrangement comprises two distillation 

columns stacked together: the lower column operates at high pressure (HPC) and 

separates the feed air into an oxygen-enriched stream and a pure nitrogen stream, 

while the upper column operates at low pressure. The low-pressure column (LPC), 

which is placed on top of the HPC, further separates the oxygen-enriched stream and 

produces high purity oxygen and nitrogen from the bottom and top, respectively.  

 

Figure 1.1 Simplified process flow diagram for argon production via cryogenic air 
separation showing alternative technology routes for argon purification. 

The concentration of intermediate-boiling argon (the boiling points of oxygen, argon 

and nitrogen at atmospheric pressure are –183 °C, –186 °C and –196 °C, respectively) 

peaks at an intermediate location in the LPC. A part of the argon-enriched vapour—

which typically contains 10 mol% argon, 90 mol% oxygen and ppm levels of nitrogen—

is withdrawn a few stages below that location and further fractionated in a side-rectifier 

to recover argon; this column is known as the crude argon column (CAC). In the CAC, 

argon concentrates at the top of the column, while oxygen concentrates in the bottom 
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product. The most volatile nitrogen remains with argon in the distillate. Nitrogen in 

argon is reduced to ppm level by subsequent distillation. 

Most applications of argon require ultra-high purity argon (< 1 ppm oxygen). There 

is only 3 °C difference between the normal boiling points of oxygen and argon; hence, 

in order to reduce the oxygen concentration to the desired level by distillation, a large 

number of theoretical stages and a high reflux ratio are required (Jin et al., 2006). 

However, the CAC employed in ASUs is a side rectifier that receives its feed from LPC 

of the double-column system. Also, the CAC is thermally linked to the double-column 

as the reflux is provided by condensing the argon at the top, where cooling is provided 

by the vaporisation of the oxygen-enriched liquid stream leaving the bottom of HPC.  

The thermal and material coupling between the double-column system and side-

rectifier (i.e. CAC) dictates the maximum pressure drop (i.e. the maximum number of 

stages that can be accommodated) within the side-rectifier. Due to this limitation, it is 

practically infeasible to obtain high-purity argon and high argon recovery with trayed 

columns, given the similar volatilities of oxygen and argon. As a result, often, the top 

product of CAC, which is referred to as the ‘crude argon’ stream, contains varying 

amounts of oxygen—the amount of which depends on the choice of purification 

technology used for removal of oxygen from the crude argon.  

Currently, there are three types of industrial purification processes for removal of 

oxygen (to < 1 ppm) in the crude argon stream: (i) catalytic hydrogenation, (ii) 

distillation and (iii) getter purification. 

Catalytic hydrogenation is the oldest technology employed for purification of argon. 

Crude argon obtained from a trayed CAC (typically containing 2 mol% oxygen) is fed to 

a catalytic unit filled with a metal catalyst; the undesired oxygen reacts with hydrogen 

to form water at about 400 C. The second alternative, distillation-only process, 

became economically viable and practically possible with the use of high-efficiency 

structured packings in crude argon columns in the mid-1980s. Structured packings with 

low-pressure drop allowed more theoretical stages to be used in the CAC, yielding high 

purity argon from the CAC at a higher recovery, compared to trayed columns, 

eliminating the need for catalytic hydrogenation. 

The most recent alternative, getter purification has come into use following the 

introduction of packed columns around the early 1990s. First, crude argon with < 1 

mol% oxygen produced in a packed CAC; then the undesired oxygen is nearly 100% 

removed by reaction with a getter metal (e.g. copper) in a two-bed batch system 

operating at ambient temperature (Hopkins et al., 1991). 
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The major drawback of catalytic hydrogenation technology stems from the need for 

hydrogen. Hydrogen supply and storage is costly and its use brings a potential safety 

hazard to the process (Nguyen et al., 1998; Agrawal et al., 1989). On the other hand, in 

distillation-only and getter purification technologies, the cost of the packed columns 

contributes a significant portion to total production cost, because of the large number of 

stages required to achieve high recovery and purity. In addition, the reaction inside the 

getter chambers is difficult to control (Golden, 2015). All three technologies are being 

employed in ASUs worldwide; the argon production route varies depending on the age 

and geographic location of the ASU and the product slate (e.g. purity, quantity and the 

number of products). However, the majority of newly-built ASUs produce argon using 

means of distillation-only (Linde Engineering, n.d.; Moll, 2014). Therefore, getter 

purification and catalytic hydrogenation processes are out of scope in this study. 

1.1.3 Energy demand and cost of argon production 

Whilst cryogenic air separation has a high degree of technological maturity, high 

capital and operating costs remain the major barriers of development (Aneke and 

Wang, 2015). The high energy demand of air separation plants mainly derives from the 

need for low-temperature cooling (typical temperatures are about –190 °C); and the 

fact that the separation of air by distillation is difficult due to the small differences in 

relative volatilities of oxygen, nitrogen and argon. Due to close relative volatility, air 

separation units, besides demanding high energy consumption, utilise tall cryogenic 

distillation columns (trayed or packed) up to 40 m tall (Häring, 2008) containing over 

140 theoretical stages. It has been reported that the capital cost associated with ASU 

has almost an equal share (nearly 50%) in the total operating cost of the plant as the 

energy cost, especially in small plants (Castle, 2002).  

In particular, the relative volatility of oxygen and argon is extremely close to unity, 

thus the capital investment associated with argon column(s) is relatively high 

(McGuinness and Kleinberg, 1998) and argon separation requires very large reflux 

ratios which is associated with a considerable cooling demand. Although the amount of 

argon produced from an ASU is significantly less than oxygen, the argon production 

cost can significantly impact the overall process economics because of the premium 

value of argon, compared to that of nitrogen and oxygen (Thorogood, 1991).  

ASUs employ a self-cooling, fully heat integrated process configuration. All of the 

required sub-ambient cooling is generated by pressure reduction (Joule–Thompson 

effect) of internal process streams. The heating duties in the columns, on the other 

hand, are provided by heat exchange between suitable process streams. The main air 

compressor (MAC), which is often electrically driven, compresses the incoming air and 
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provides the required pressure elevation for the process streams. Therefore, the cost of 

feed air compression is the main operating cost in ASUs (Burdyny and Struchtrup, 

2010).  

The outlet pressure of MAC is dictated by the operating pressure of the distillation 

columns and the pressure drops in the columns and other equipment and also by the 

self-cooling requirements. Therefore, the need for columns with a large number of 

stages to yield high purity gases does not only have capital cost implications but also 

operating cost implications. The pressure drop in the columns, even with the structured 

packings that has relatively low-pressure drop per stage, is high, leading to increased 

power consumption. In ASUs producing products at atmospheric pressure, typical MAC 

outlet pressure is between 5.5 and 6.9 bar, depending on the ASU configuration and 

economic factors related to the plant operation (McGuinness and Kleinberg, 1998).  

Given the high cost of air separation and argon production, it is of critical 

importance to reduce power consumption and capital costs. In particular, growing 

concerns about environmental issues as well as the rise in energy costs and market 

fluctuations, oblige producers to take action to decrease energy consumption. To this 

end, several promising approaches have been proposed in the open and patent 

literature concerning cryogenic distillation. The vast majority of the strategies involve 

structural changes to ASU process configurations such as complex column 

configurations and advanced mass and energy integration schemes (e.g. Fu and 

Gundersen, 2012; Van der Ham, 2012). The other approaches investigated in depth 

are the development of better heat (e.g. Castle, 2002) and mass transfer (e.g. 

Thorogood et al., 1989) equipment or machinery—compressors and expanders—(e.g. 

Castle, 2007), in order to increase the thermodynamic efficiency and hence reduce the 

energy consumption. Many of the above strategies, directly or indirectly, promote lower 

energy and investment costs associated with argon production. 

Overall, the majority of the above approaches have already been realised and 

implemented in industry, leading to significant economic benefits (e.g. Thorogood et al., 

1989). Hence future developments in the above-mentioned areas might not result in 

large-scale cost reductions. Therefore, this work considers the use of a different 

separation technology to substitute for or augment cryogenic distillation, with the aim of 

lowering investment cost and energy consumption. In particular, membrane separation 

represents one such promising alternative. 

1.1.4 Membrane gas separation – an alternative technology 

Recent years have seen an increasing interest in membrane-based gas separations 

as a cost-effective alternative to traditional energy-intensive processes such as 
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cryogenic air separation (Lutze and Gorak, 2013; Belaissaoui et al., 2014). Membranes 

exhibit many advantages, including simple operation, compact design, low capital cost 

and above all, low energy consumption owing to a gas-phase operation that is, 

avoidance of condensation (Murali et al., 2013).  

Membrane technology has already become the conventional process in a few 

important gas processing industries, such as hydrogen recovery from refinery gases 

replacing conventional methods, and its use is likely to be more widespread in the 

future (Koros et al., 2009). The industrial success of membrane technology has 

facilitated research for the development of high-performance materials aiming to 

improve the economics of membrane-based separations (Servel et al., 2014). 

Despite their advantages, however, membrane separations have some inherent 

limitations which render their applications for large-scale production of high purity 

gases practically infeasible and economically unviable (Agrawal et al., 1990; Wankat 

and Kostroski, 2011). These inherent limitations have hampered the use of membranes 

as a substitute for less energy-efficient conventional processes. This applies to argon 

production from air; for instance, membrane separation is not feasible for commercial 

grade argon (> 99.9 mol%) production since the required purity cannot be obtained 

with the commercially available membrane materials, which show a rather small O2/Ar 

selectivity (around 2.5) (Haraya and Hwang, 1992). 

On the other hand, membrane separation is used to produce 99.5 mol% pure 

nitrogen (Koros and Mahajan, 2000) and medium purity oxygen (25–40 mol%) 

production from air for small production scales (Belaissaoui et al., 2014). Industrial 

membrane air separation is dominated by polymer-based membranes with selectivity 

ranging between 6 and 8 (Murali et al., 2013). With recent significant efforts directed to 

membrane development, novel membrane materials that have considerably increased 

selectivity and permeability compared to commercial polymeric membranes have been 

synthesised recently (Campo et al, 2010). These advanced materials include carbon 

molecular sieve membranes, mixed matrix membranes and novel polymeric structures 

such as PIMs (polymers of intrinsic microporosity) (Murali et al., 2013).  

Some of these materials are also shown to have better properties than commercial 

polymeric membranes for oxygen–argon separations. Although these advances are 

promising, given the purity specifications and feed conditions, it is not likely that 

membranes will become good enough to replace distillation entirely in the near future 

for argon separation. However, a hybrid of the two technologies can offer advantages. 

These processes are known as hybrid membrane–distillation or membrane-assisted 

distillation processes; the terms are used interchangeably. 
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1.1.5 Hybrid membrane–distillation – an emerging process 

Hybrid membrane–distillation processes combine the distillation column with a 

membrane separation unit. The hybrid arrangement represents a promising alternative 

as it can exploit the advantages of distillation and membrane technologies while 

overcoming the limitations of each (Skiborowski et al., 2014). Over the last two 

decades, the economic benefits of hybrid membrane–distillation separation as an 

alternative to distillation for separation of close-boiling mixtures have been 

demonstrated in many simulation studies e.g. Kookos (2003); Caballero et al. (2009); 

Benali and Aydin (2010). There also have been a few practical applications of hybrid 

membrane–distillation systems (Kreis and Górak, 2006). Being a very energy-intensive 

separation of close-boiling components, air separation is a suitable candidate for hybrid 

membrane–distillation separation.  

1.1.6 Previous work and motivation 

A limited number of hybrid membrane–distillation applications within air separation 

units can be found in patents and research publications; a few focus on argon 

production, for example, Agrawal et al. (1989); Agrawal et al. (1990); Thorogood et al. 

(1991). In these simulation studies, hybrid membrane–distillation separation systems 

for argon production, which are the main focus of the present study, have been found 

to reduce energy consumption and improve the product purity and recovery compared 

to conventional distillation systems. The economic analyses indicate that the hybrid 

system also offers the potential for capital and operating cost savings, compared to the 

conventional process. Moreover, the findings suggest that membranes with better 

transport properties could increase the savings substantially, in agreement with many 

studies on hybrid membrane–distillation systems (e.g. Ploegmakers et al., 2013; Servel 

et al., 2014). Hence, it was inferred that the future prospects of hybrid systems depend 

on continued progress in the development of high-performance membranes tailored to 

suit specific process needs. 

The main focus of past studies on argon production using a membrane-assisted 

distillation was on increasing argon recovery and purity from the air separation units 

(Agrawal et al., 1990; Chen and Cook, 1991; Prasad and Bonaquist, 1996). This was 

because, before the introduction of packed columns, it was not economically feasible to 

directly produce high purity argon via distillation in ASUs. These past studies solely 

investigated the ‘top’ hybrid configuration, where final purification of argon is 

accomplished by the membrane unit. 

In addition, the performance of the hybrid system (often from an energetic point of 

view) was evaluated in comparison to the sole alternative available at that time, namely, 
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deoxo purification. Today, to maximise the cost and energy reductions with the hybrid 

system, it is necessary that the full benefits of the hybrid system in comparison to the 

predominant technology, distillation-only, are captured. Moreover, the location of the 

membrane unit along the column has a high impact on the process economics, as 

shown by, for example, Stephan et al. (1995); Pettersen et al. (1996). Therefore, there 

is a need for an evaluation of alternative configurations other than the ‘top’ 

configuration (i.e. parallel configuration) that ensure that the greatest benefit from the 

hybrid system is obtained.  

The need for membranes with better properties was a common conclusion from 

previous studies. As mentioned in Section 1.1.4, membrane materials have improved 

since 2010; and it is likely that such progress will continue to be made. For example, 

polymeric PIM membranes, molecular sieving carbon and zeolite membranes or blends 

of these materials have been shown to possess better separation properties than the 

commercially available membranes (Belaissaoui et al., 2014). These advancements in 

membrane materials and technology are the main motivation and driving factor for 

revisiting this research area—which has been inactive since the late 1990s.  

In addition to that, previous studies (Agrawal et al., 1989; Agrawal et al., 1990; 

Thorogood et al., 1991; Chen and Cook, 1991) tested only two types of membrane 

materials—polymer- and ceramic-based membranes—ignoring a promising class of 

materials with properties more suitable for hybrid systems, carbon-based membranes 

that can also function at low temperatures (Soffer et al., 1997). These materials show 

higher selectivity than any other materials and their selectivity increases with 

decreasing the operating temperature to near-cryogenic temperatures. Therefore, CMS 

offer good potential for use in membrane oxygen–argon separations and their potential 

within membrane-assisted distillation configurations should be evaluated.  

1.2 Research aims and objectives 

Overall, as demonstrated in the literature, combining distillation columns with 

membranes to enhance argon separation from ASUs is a relatively old but promising 

concept but its current potential has not been fully explored. Clearly, there is a need for 

up-to-date comparative studies analysing the strengths and weaknesses of membrane-

assisted distillation using currently available membrane materials in comparison to 

conventional distillation.  

The design and analysis of hybrid membrane–distillation systems for argon 

production is a challenging task but still can be accomplished effectively through 

modelling and simulation. Motivated by the need to address the gaps identified in 
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Section 1.1.6 (which will be discussed in more detail in Section 2.9 in Chapter 2), this 

research aims to… 

…shed light on the current and potential benefits of hybrid membrane–distillation 

systems for argon production from air through modelling and simulation.  

The main challenges in modelling and simulation of membrane-assisted distillation 

systems come from the high number of degrees of freedom (operational and structural) 

and the complex trade-offs between the membrane and distillation units. The system of 

interest, cryogenic air separation, is itself a highly complex process, with thermal and 

material integration between different process streams and units. In that regard, a 

robust and accurate modelling and simulation methodology that can cope with the 

challenges relating to the complexity of the processes is required. 

This research uses the Aspen Plus software for modelling and simulation of 

technologies of interest. A user-defined Fortran subroutine of a gas separation unit is 

developed in order to allow modelling and simulation of hybrid flowsheets in Aspen 

Plus. Optimisation methods are used in order to systematically assess the performance 

of the candidate hybrid structures when arriving at an optimal design. The novel 

processes will be evaluated in terms of power consumption and the cost of distillation 

and membrane modules (the required membrane area) aimed at determining the most 

economically attractive hybrid flowsheet. A range of membrane materials at various 

levels of technical maturity will be considered to identify which materials would be most 

effective from an energetic point of view.  

The overall aim will be addressed by pursuing the following objectives: 

I. Set up and apply models for design and evaluation of membrane 

separation processes.  

II. Establish a process flowsheet for conventional air separation process (i.e. 

the benchmark process) in Aspen Plus. Develop a robust modelling and 

solution approach that ensures the energy-optimum operation. 

II. Use these rigorous models to develop hybrid–cryogenic distillation 

processes and evaluate various design options (e.g. operating conditions, 

flowsheet configurations, membrane materials) in terms of overall power 

consumption.  

IV. Perform optimisation to identify the flowsheet structure, operating 

conditions and membrane materials offering the highest savings compared 

to the conventional process. Perform a sensitivity analysis to understand 

the range of applicability of the results.  
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1.3 Thesis outline and contributions 

A short summary of thesis chapters is provided in this section, with particular 

emphasis on the contributions of this work: 

Chapter 2 Literature review 

A detailed literature review of relevant knowledge and research methods—on 

cryogenic air separation with a special focus on argon production, membrane 

separations and membrane-assisted distillation—is carried out with the intent of 

understanding, presenting and critically evaluating the existing knowledge in order to 

identify and highlight the research needs, gaps and challenges faced by hybrid 

membrane–distillation systems for argon production. Particular attention is paid to 

recent and ongoing advances in the membrane field and materials. In addition, 

methodologies adopted for modelling of hybrid membrane–distillation systems are 

discussed in relation to their suitability to the process of interest.  

Chapter 3 and 4: Modelling of membrane separations of air and air separation units 

(Objectives 1 and 2)  

These two chapters provide the process models that are used throughout this 

study. Chapter 3 firstly selects the promising membrane materials for oxygen–argon 

separation and the membrane models that can be applied to such materials. Solution 

methods for the models are then presented and exemplified. The procedure for 

interfacing the selected membrane model with Aspen Plus is also fully described. 

Chapter 4 describes the design and modelling of cryogenic air separation units co-

producing argon in Aspen Plus and presents the optimisation-based solution approach 

ensuring energy-efficient operation while meeting product purity and thermal-coupling 

constraints. 

Chapter 5: Hybrid membrane–distillation systems for argon production (Objective 3 

and 4) 

This chapter represents an important portion of the core work of this study; using 

the developed models, hybrid membrane–distillation process flowsheets suitable for 

selected membranes of interest are developed. Hybrid flowsheet configurations, as well 

as standalone membrane separations and distillation configurations for argon 

production from air are screened and evaluated systematically. The influence of key 

decision variables, which are later optimised to find the optimal design for the desired 

product, is investigated through sensitivity analysis. The final part of Chapter 5 

describes the optimisation procedure—which uses the deterministic SQP method 

available in Aspen Plus—applied to select the process structure, operating conditions 
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and the membrane materials that correspond to the minimum required energy for the 

separation. 

Finally, Chapter 6 draws general conclusions, discusses the limitations of the 

current study and highlights several directions for future research. 

 APPENDICES  

In Appendix A, the full list of membrane materials that have been tested for the 

separation of oxygen–argon mixtures is provided. The Fortran code for the numerical 

implementation of the custom membrane model implemented in Aspen Plus is 

documented in Appendix B. Appendix C and Appendix D contain the two published 

conference proceeding that disseminates some parts of the findings of this study. Then, 

Appendix E provides results from two additional tests regarding the numerical stability 

and validation of the membrane models. Next, Appendix F presents the study 

conducted to identify the most suitable property method for modelling of 

thermophysical properties of air components. And finally, in Appendix G, stream results 

of the simulations studies conducted in Chapter 4 and Chapter 5 are presented. 
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2 LITERATURE REVIEW 

2.1 Introduction  

This chapter presents relevant background information and a critical review of 

previous work on separation technologies related to this study. First, detailed 

information about air separation processes for argon production is presented, with a 

particular focus on cryogenic distillation. Thereafter, membrane materials for oxygen–

argon separation reported in the academic and patent literature are reviewed. Key 

features, limitations and advantages of candidate materials are also discussed. Then, 

modelling aspects of membrane separation, from modelling of gas transport across the 

membrane materials to design of a complete membrane module is considered. After, a 

critical review of relevant literature on hybrid membrane–cryogenic distillation 

processes for argon production is presented to point out the shortcomings of the 

published work. Lastly, methods employed for design and optimisation of membrane-

assisted distillation processes are reviewed.  

2.2 Argon gas; its uses and market 

Argon is a colourless, nontoxic noble gas with atomic number 18. It is the third most 

abundant gas present in the air, at around 1 mol% and the most abundant noble gas in 

the earth’s atmosphere (Häring, 2008). Argon does not undergo chemical reactions 

with other gases and therefore it is commonly used as a shielding gas in metal 

processing, such as welding and stainless steel manufacture (Flynn, 2004). It is also 

used as a filler gas in incandescent light bulbs and fluorescent tubes (Häring, 2008). 

Another use of argon is in electronics; argon, mixed with methane, is used as an inert 

gas in the production of silicon and germanium crystals that are used for the 

manufacture of semiconductors (Universal Industrial Gases, 2016). Liquid argon is 
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used in cryosurgery, which is a type of surgery that involves removing diseased tissue 

by applying extreme cold (Universal Industrial Gases, 2016). Argon has lower thermal 

conductivity than air, and for this reason, is used in double-glazed windows as an 

insulator gas (Häring, 2008). 

Argon is mainly obtained as a by-product of air separation units (ASUs) producing 

oxygen (O2). The major producers of argon are Praxair, Inc., Air Liquide, Air Products 

and Chemicals, Inc. and The Linde Group (Garvey, 2014). An alternative source of 

argon is the purge gas from the ammonia synthesis process; however, this method of 

argon recovery is more capital and energy intensive than air separation (Thorogood et 

al., 1989). Given that argon is a by-product, its production economics are highly linked 

to that for oxygen. However, demand for oxygen has declined since 2007 due to the 

recession in the global economy (Garvey, 2014). Yet, unlike oxygen, argon demand 

has exceeded supply in the period of 2011 to 2014 with the revival of stainless steel, 

metalworking and electronics market (Garvey, 2014). Demand for argon used for 

lighting purposes is likely to grow due to rapid industrialization and urbanization in 

developing economies in South America, Africa (Transparency Market Research, 

2015), China and India (Grand View Research, 2018). The global argon market is 

estimated to reach US $363 million by 2020 with a compound annual growth rate of 5% 

from 2015 to 2020 (Marketsandmarkets, 2015). Consequently, to address the need for 

argon, manufacturers have been investing in research and development for reliable 

and cost-effective technologies that can improve the process efficiency and maximize 

argon production capacity from air separation units (Welding & Gases Today, 2006). 

2.3 Argon production from air  

Atmospheric dry air contains 78.12 mol% nitrogen, 20.95 mol% oxygen, 0.93 mol% 

argon and ppm levels of other inert gases such as neon and helium (Agrawal and 

Herron, 2000). Oxygen, nitrogen and argon have many applications in medicine, in 

chemical, food, paper and metal manufacturing, in electronics and power generation 

industries (Moll, 2014). Air separation processes can be broadly classified into 

cryogenic and non-cryogenic processes. Non-cryogenic processes include adsorption, 

chemical separation and membrane separations. Cryogenic processes involve 

separation of compressed air into oxygen, nitrogen and argon by means of cryogenic 

distillation. Cryogenic distillation is well-developed and established as the technology of 

choice for the production of large quantities of high purity products of air (Häring, 2008). 

Non-cryogenic processes are only economically viable for the small to medium-sized 

on-site supply of low purity nitrogen and oxygen (Moll, 2014). Table 2.1 compares air 

separation technologies for oxygen and nitrogen production in terms of attainable purity, 
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economical capacity range and by-product capability and summarises the main 

advantages of each technology. 

Among all these technologies shown in Table 2.1, argon co-production is only 

economically viable via cryogenic air separation. Given the greater value of argon, 

even though it constitutes only 1 mol% of air, argon co-production in ASU’s is quite 

economically attractive (McGuinness and Kleinberg, 1998). ‘Cryogenic’ is a term that is 

widely used to describe temperatures lower than –150 °C (Radebaugh, 2007). In 

cryogenic air separation units (ASU), liquefied air is separated into oxygen, nitrogen 

and argon by fractional distillation at cryogenic temperatures. Cryogenic air separation 

units can have numerous configurations—which will be referred to thereafter as 

cycles—depending on the number, purity, phase, quantity and pressure of the products 

being produced. 

Table 2.1 Current technologies for air separation for oxygen and nitrogen production 
(Smith and Klosek, 2001; Campestrini, 2014). 

 

In a typical ASU, liquefied air is first separated into its main constituents; oxygen 

and nitrogen in a cryogenic distillation column. As the normal boiling points of nitrogen, 

argon and oxygen are –196 °C, –186 °C and –183 °C, respectively, argon is distributed 

between nitrogen and oxygen product streams. Having a boiling point only 3 °C higher 

than that of oxygen, argon mostly tends to stay with oxygen, reaching a maximum level 

at an intermediate location close to the bottom of the column. An argon-enriched side 

stream, withdrawn near that location, is separated further to obtain nearly pure argon. If 

argon is not recovered, not only is a valuable product lost, but also the purity of the 

oxygen product from the ASU is limited. 

All types of commercial argon production technologies from air have the same basic 

steps; they only differ by the unit operation employed for the purification of the argon-

enriched side stream taken from the main distillation column of the ASU. These 

common steps, illustrated in Figure 2.1, are described in Section 2.3.1 while Sections 

2.3.2 to 2.3.4 focus on different processes employed for purification of the argon-

enriched stream.   
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2.3.1 Basic steps in cryogenic air separation 

The five basic steps in cryogenic air separation are (Castle, 2002):  

1. Air compression and cooling. 

2. Pre-purification of incoming air to remove water, carbon dioxide and other 

impurities. 

3. Heat exchange and refrigeration to liquefy air and to warm up gaseous 

products leaving the distillation columns. 

4. Distillation to separate air to its enriched products, i.e., oxygen, nitrogen and 

argon. 

5. Product storage, delivery and compression, if required. 

 

Figure 2.1 Basic unit operations in a cryogenic air separation unit (Agrawal and Herron, 
2000; Smith and Klosek, 2001). 

In a typical ASU, as depicted in Figure 2.2, after being filtered, ambient air (stream 

1 in Figure 2.2), is first compressed in the Main Air Compressor (MAC) to about 5.5 to 

6.9 bar, depending on the ASU configuration and economic factors related to the plant 

operation (McGuinness and Kleinberg, 1998). Multistage centrifugal compressors with 

interstage cooling are primarily used (Agrawal and Herron, 2000). Compressed air 

leaving the last stage of the MAC at 100 °C, is cooled to near ambient temperature by 

cooling water and by chilled water in a direct-contact after-cooler (Häring, 2008). Then 

contaminants and fouling agents present in air are removed in the Pre-Purification Unit 

(PPU). Coolers and PPU are not shown in Figure 2.2. 

Water has the highest concentration (approximately 10,000 ppm) among the 

impurities present in the air followed by carbon dioxide (400 ppm) and some light and 

heavy hydrocarbons such as methane (10 ppm) and acetylene (1.0 ppm) (Schmidt et 

al., 2000). The removal of contaminants present in air before it can be distilled is critical. 

For instance, water and CO2 freeze at cryogenic temperatures and cause blockages in 
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process equipment, resulting in process operability issues. A typical PPU contains two 

identical adsorbent beds; one is on-line purifying the air, the other is off-line being 

regenerated at high temperatures, i.e. temperature swing adsorption (TSA). The waste 

nitrogen stream from the cryogenic distillation is used as regeneration gas in the 

desorption step. The PPU completely removes water and CO2 and effectively 

decreases the concentration of heavy and unsaturated carbons to acceptable levels, i.e. 

concentrations well below the explosion limit (Moll, 2014). Molecular sieving zeolites 

have been the most prominently used adsorbents (McGuinness and Kleinberg, 1998; 

Häring, 2008). 

In the following step, the clean air stream (2) is cooled to near its dew point against 

product streams in a countercurrent multi-stream heat exchanger (MHEX). The 

gaseous product streams leaving the distillation columns (streams 8 and 10) at 

cryogenic temperatures are re-warmed to the ambient temperature before being sent to 

product delivery systems. Plate-fin heat exchangers are the typical choice of multi-

stream heat exchanger for air separation plants as they provide relatively high surface 

area for heat exchange and can accommodate multiple hot and cold streams (Agrawal 

and Herron, 2000). 

The final step is the fractional distillation of air, which is the core process of the air 

separation unit. Separation of air by distillation requires a large amount of cooling as 

temperatures lower than –180 °C is required to liquefy air. An established and widely 

used heat-integrated column configuration, a double-effect distillation, is employed in 

all ASUs producing pure argon. The double-column is a two-column system with a 

Low-Pressure column (LPC) placed on top of a High-Pressure column (HPC), where 

the two columns share a combined condenser/reboiler, as illustrated in Figure 2.2. The 

condenser/reboiler recovers latent heat from pure nitrogen being condensed at the top 

of HPC to vaporise pure oxygen in the LPC bottom, resulting in no external utility 

(refrigeration or heating) requirements. The heat recovery between condenser and 

reboiler decreases the overall cooling and heating requirements of the process. 

The condenser/reboiler operates with the smallest possible temperature difference 

(around 1–2 °C) to maximise the heat recovery (Moll, 2014). The operating pressures 

of the columns are adjusted in such a way that pure nitrogen in the HPC condenser 

can boil pure oxygen in the LPC reboiler. To allow heat exchange, the feed air should 

be compressed to at least to 5.5 bar. Thus, the MAC compressing the feed air indirectly 

provides the power to generate the required refrigeration for the distillation. Since no 

external utilities are required, the compression power demand of MAC represents the 

overall energy demand of the ASU. 
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The operating cost of the ASU is relatively high due to the high compression power 

demand of the MAC that is typically powered electrically. Still, heat integration allows 

substantial energy reductions: it is theoretically possible to save up to 50% of heating 

and cooling utilities with a double-effect distillation, compared to conventional 

distillation; however, the system operation is more difficult to control (Pribic et al., 2006). 

Air at its dew point (stream 3) is first fed to the bottom of the HPC and separated 

into high-purity nitrogen and an oxygen-enriched liquid stream. Gaseous nitrogen 

(stream 4), at the top of the HPC, is condensed against liquid oxygen (LOX) in the LPC 

sump. A portion of the condensed nitrogen (5) is returned to the top of HPC as liquid 

reflux; the rest (6) is sent to the top of the LPC. The bottom product (7), often referred 

to as crude liquid oxygen stream (CLOX), is expanded in a valve and sent to an 

intermediate location in the LPC. 

In the LPC, the oxygen-enriched liquid is separated into high-purity gaseous oxygen 

(GOX) and gaseous nitrogen (GAN) at just above atmospheric pressure. Liquid oxygen 

in the column sump is vaporised in the condenser/reboiler and split into two parts; the 

main portion provides boil-up for the LPC, while the remainder is recovered as gaseous 

oxygen product (8). Being less volatile than oxygen, hydrocarbons, e.g. acetylene, 

accumulate in the LPC reboiler. It is important to keep the hydrocarbon concentration in 

pure oxygen at acceptable levels to avoid ignition (Schmidt et al., 2000). Therefore, a 

small portion of the liquid in the LPC sump (9) is continuously purged (McGuinness and 

Kleinberg, 1998). For a typical double-column process, oxygen purity greater than 

99.5% can be achieved with concurrent production of gaseous nitrogen (10) from the 

top of the LPC (Agrawal and Herron, 2000). 

ASUs that produce argon are designed for oxygen production, but they often co-

produce gaseous or liquid nitrogen. Nitrogen recovery is economically attractive 

because a nitrogen-enriched stream (1–5 mol% oxygen)—which is, if not recovered, 

discharged to atmosphere as waste—is freely available and its production requires 

relatively little capital investment and compression cost (Smith and Klosek, 2001). Pure 

nitrogen can be produced either in the HPC at high pressure or in the LPC at 

atmospheric pressure, the choice of which depends on process economics and 

required product pressures and quantities (Dawson et al., 2004). Nitrogen recovery of 

about 45% and 65% of the airflow to the plant are quite common in “pumped” LOX 

(PLOX) cycles and low-pressure (LP) cycles, respectively (McGuinness and Kleinberg, 

1998). 

The cryogenic equipment, including the multi-stream heat exchanger, is housed in a 

well-insulated structure called a “cold box” (Moll, 2014). However, the insulation is not 
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perfect and heat is gained from the ambient surroundings (Agrawal and Herron, 2000). 

Besides heat ingress, there are other thermodynamic inefficiencies known as 

refrigeration losses in the ASU resulting from imperfect heat transfer equipment, i.e. 

cold losses due to the warm-end temperature difference in MHEX. Moreover, if ASU 

produces liquid products, additional refrigeration is required to compensate for the 

liquid production, since the enthalpy of liquid streams significantly less than incoming 

air and gaseous product streams.  

Turboexpanders are used to remove the heat from the cold box (as mechanical 

energy) to keep the equipment at cryogenic temperatures and to produce liquid 

products (Dawson, 2014). Generally, a portion of high-pressure air (11) is taken from 

an intermediate location in the MHEX and expanded to the LPC pressure (12) to offset 

refrigeration losses in the ASU. The required expander flow significantly affects the 

distillation performance and the energy consumption of the process; e.g. the higher the 

expander flow, the more feed air bypasses the HPC, leaving less reflux and boil-up in 

the LPC resulting in reduced overall product recovery. Liquid production considerably 

increases the expander flowrate (McGuinness and Kleinberg, 1998). For example, for 

small quantities of liquid products, the required expander flow is less than 7% of the air 

flow to the plant; however, when 13% of the oxygen in the air is produced as LOX, the 

required expander flow increases to 30% of the air flow (McGuinness and Kleinberg, 

1998). In such cases, the desired oxygen purity can only be maintained at the expense 

of reduced oxygen recovery. 

Argon constitutes only 1 mol% of air and its purification from oxygen is challenging. 

Most of the argon in the feed air enters the LPC via the CLOX feed stream (7, or 18 

and 19). In the upper sections of the LPC, ternary oxygen–nitrogen–argon separation 

takes place; vapour ascending is enriched in nitrogen while oxygen and argon are 

recovered to the bottom product with the help of the pure nitrogen reflux. A few stages 

below the CLOX feed, nitrogen in the descending liquid is almost completely removed. 

Below this point, the separation transforms into binary oxygen–argon separation. In this 

section, the relative volatility of argon to oxygen is about 1.5 (Agrawal, 1995). 

Due to the relatively low volatility of argon relative to oxygen, almost half of the 

theoretical stages in the LPC (i.e. about 35–40) are required for stripping argon from 

oxygen (McGuinness and Kleinberg, 1998; Häring, 2008). The argon composition 

reaches a maximum of around 7–12 mol% at the top of the argon stripping section 

(Moll, 2014). A vapour side draw (13) from this particular location (typically containing 

around 10 mol% argon, 90 mol% oxygen and, a few parts per million of nitrogen) is 

withdrawn and fed to the bottom of a side-rectifier, often referred to as crude argon 
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column (CAC) or argon side-arm column, for bulk recovery of argon (Agrawal and 

Herron, 2000; Moll, 2014). 

Now that the steps that are common to all argon production processes have been 

covered, we will pay attention to the steps after the oxygen-rich stream containing 10 

mol% argon is withdrawn from the LPC and sent to the CAC. There are three types of 

argon purification technologies in industrial use, which will be described in 

chronological order of their use in argon purification: (1) catalytic hydrogenation, (2) 

distillation-only and (3) getter purification. 

2.3.2 Catalytic hydrogenation  

In the crude argon column, the vapour leaving the top of the column is enriched in 

argon while an oxygen-rich liquid bottoms product is obtained at the column sump. The 

overhead argon vapour is condensed by partially vaporising the oxygen-enriched liquid 

stream (CLOX) from the HPC sump in the CAC condenser. The oxygen-rich liquid (16) 

from the bottom is returned to the same location as the side-stream draw in the LPC. 

The resulting liquid (18) and vapour (19) streams are fed to suitable locations in the 

LPC. Most of the vapour (14) at the top (i.e. the liquid to vapour molar ratio (L/V) is 

0.96–0.98) is routed back to the column as reflux after being condensed, while the 

remainder vapour is recovered as argon product (15) (Agrawal and Herron, 2000). 

The CAC bottom pressure is equal to the stage pressure from which the argon-

enriched side stream is withdrawn. The pressure limit for the top of the argon side-arm 

column, i.e. the condenser pressure, is set by two main factors (Agrawal et al., 1993): 

the lowest possible condensing temperature of argon, which is determined by the 

pressure and composition of the cooling medium, i.e. the crude liquid oxygen (CLOX) 

stream, and the fact that the delivery pressure of the argon product should be above 

atmospheric pressure, e.g. ~ 1.14 bar (Agrawal et al., 1993). These two factors 

combined determine the pressure drop available in the argon side-arm column, i.e. the 

maximum number of stages that can be utilised for oxygen–argon separation. 

To remove oxygen completely, i.e. to 1–5 ppm, about 150–200 theoretical stages 

are required (Bernstein, 1999). However, with the maximum allowable pressure drop, 

about 40–60 sieve trays can be accommodated in the crude argon column (CAC), 

which limits the economically viable product purity to 97.5–99 mol% argon by 

distillation utilising sieve trays (Bernstein, 1999). In addition, argon recovery drops 

drastically at purities higher than 96 mol% (Agrawal et al., 1990). Most applications 

require commercial grade argon that has ppm level concentrations of both nitrogen and 

oxygen (McGuinness and Kleinberg, 1998). Therefore, ASUs utilising sieve-tray 

columns produce argon with about 2 mol% oxygen impurity, which is further reduced to 
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ppm levels in a downstream catalytic hydrogenation purification system (not shown in 

Figure 2.2). 

Catalytic hydrogenation, which is also referred to as the ‘deoxo’ process, is a 

purification system used for removal of oxygen from oxygen-lean mixtures. Crude 

argon with about 2 mol% oxygen is first mixed with a stoichiometric amount of 

hydrogen with respect to oxygen and then the mixture is compressed and heated to 

approximately 400 C (Bernstein, 1999). Next, it is passed through a catalytic bed filled 

with a metal catalyst such as platinum (Pt) or palladium (Pd) to burn the oxygen with 

the hydrogen (Timmerhaus and Flynn, 1989). 

After the removal of water by an alumina adsorbent dryer, the remaining nitrogen 

and hydrogen are removed by distillation in a pure argon column (PARC). Although 

oxygen is present in small quantities in the crude argon, its removal in the deoxo 

process adds considerable cost and complexity to the operation of the ASU. Some of 

the drawbacks of the deoxo process are: hydrogen and its storage are expensive, a 

hydrogen supply is not always available in all geographic regions (Rohde and Corduan, 

1991), the capital cost and operational complexity associated with the two cyclic 

operating alumina adsorbent dryers are quite high (Prasad and Bonaquist, 1996), high-

temperature operation and an additional cryogenic column or more trays in PARC are 

required for excess hydrogen removal (Chen and Cook, 1991). Furthermore, the use of 

hydrogen introduces safety hazards to the process; as a result, the process requires 

operational attention (Bernstein, 1999). 

Due to the mentioned drawbacks, it is desirable to remove oxygen by distillation. 

Yet, this was not possible until the development of structured packings with good liquid 

distribution in the late 1980s. 

2.3.3 All-distillation 

The development of high-performance, often proprietary, structured packing 

materials, such as corrugated sheets of metal or wire mesh, which maintain good liquid 

distribution with low pressure drop even in large diameter columns, has allowed the 

recovery of argon solely by cryogenic distillation (McGuinness and Kleinberg, 1998). 

The pressure drop over a theoretical stage of a packed column is around one-fifth of 

pressure drop over sieve trays (Häring, 2008). 

A typical all-distillation argon production process can be seen in Figure 2.2. The 

oxygen concentration can be reduced easily to less than 1 ppm in packed crude argon 

columns by using a suitable number of stages. The main disadvantage of packed 

columns is associated with their physical height. The packed columns with around 
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150–200 theoretical stages are quite tall, about 40 m (excluding the height of liquid 

collectors and distributors), and therefore they are usually split into two columns placed 

side by side to allow the inclusion of the equipment in the cold box (Häring, 2008). The 

liquid (17) is transferred between the twin-column system via a liquid pump. 

Any nitrogen entering the crude argon column accumulates in the condenser on the 

top. For example, if a feed containing 0.1 mol% nitrogen is separated in a CAC 

operating with a 0.96 L/V ratio, the argon product (15) would contain 2.5 mol% nitrogen. 

The accumulation of nitrogen above a certain threshold causes the column condenser 

to malfunction. Since the vapour at the condenser is condensed by vaporising CLOX 

from HPC, there is a lowest possible condenser temperature at which the required 

temperature difference for condensation is not violated. Nitrogen concentrations above 

a certain level result in condenser temperatures lower than that minimum possible 

temperature; hence the nitrogen in the column feed has to be kept below a certain limit. 

Therefore, the CAC feed (13) is withdrawn from a few stages below the maximum of 

argon concentration in the LPC to ensure that the nitrogen concentration is within the 

acceptable limits, typically around 10–100 ppm N2 (Moll, 2014). Nonetheless nitrogen in 

argon (15) reaches concentrations much greater than a suitable level for commercial 

grade argon, e.g. 0.1–1 mol% (Moll, 1997); thus argon is further purified in a much 

smaller distillation column, which is referred to as the pure argon (PAR) column. 

Condensing and boiling duties for pure argon column are relatively low and can be 

provided simply by process streams such as crude liquid oxygen (7) leaving from the 

bottom of the HPC. Pure liquid argon (LAR) (20) is withdrawn from the bottom of the 

column and stored in cryogenic tanks for later delivery. 

Following the introduction of structured packings to cryogenic air separation, all-

distillation technology has become the preferred route for commercial argon production. 

Although it has a higher capital cost than the deoxo process, it is more profitable when 

the cost associated with hydrogen supply is taken into account (McGuinness and 

Kleinberg, 1998), particularly for large capacity plants (Castle, 2002). Apart from 

enabling argon production solely by means of distillation, the use of structured 

packings partly in the LPC decrease the overall power consumption of the ASU, by 

about 3% (Agrawal and Herron, 2000; Castle, 2007). 

2.3.4 Getter purification  

Another technology that became economically feasible with the use of structured 

packings in the crude argon column is ‘getter’ purification. A ‘getter’ is a material that 

has a large active surface area and high chemical affinity for gases (Timmerhaus and 

Flynn, 1989), hence can be used to remove unwanted impurities in process streams. 
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This technology utilises structured packings only in some sections of the argon 

column. The argon concentration of the product stream withdrawn from the top of the 

column is typically higher than 99.2 mol% (Hopkins et al., 1991). The remaining oxygen 

in the argon is removed by a getter system, which consists of two beds running in 

batch mode. Oxygen is selectively adsorbed by a metallic getter such as copper (Cu) 

and nickel (Ni), by chemisorption at ambient temperature (Kovak et al., 1992). Two 

beds operate in a cyclic mode; regeneration is accomplished by reacting adsorbed 

oxygen with hydrogen. Impurities other than oxygen are removed by distillation in the 

PARC. The overall argon recovery from the process can be as high as 90% (Hopkins 

et al., 1991). Some advantages of getter purification over the deoxo process include 

fewer and cheaper equipment items, reaction at ambient temperature and no additional 

compression requirements. However, the reaction inside the getter is hard to control 

and process control is more difficult due to the batch operation of getter beds (Golden, 

2015). As the scope of this thesis primarily to investigate membrane-assisted 

distillation, getter purification is not considered. 

2.3.5 Other argon purification technologies 

In addition to commercial methods, the patent literature discloses several other 

processes for argon purification from cryogenically-produced oxygen-enriched streams. 

Adsorption and membrane separations are by far the most studied technologies. In 

most adsorption studies (Bligh and Godber, 1980; Kovak et al., 1992), first, an argon 

stream with varying O2 composition from 2 to 0.8 mol% and N2 composition at about 

0.5 mol% is recovered from the crude argon column of a typical ASU. Then the 

impurities are removed by pressure swing adsorption (PSA) at cryogenic temperatures. 

First, nitrogen is preferentially adsorbed a molecular sieve zeolite e.g. 5A or 13X, then 

the residual oxygen is removed by contacting oxygen with different adsorbent e.g. 4A 

zeolite (Bligh and Godber, 1980; Kovak et al., 1992). A relatively recent study 

describes a two-bed PSA system for purification of cryogenically produced argon 

stream with about 10 mol% oxygen impurity (Nguyen et al., 1998). Carbon molecular 

sieves or type A zeolites are used as oxygen selective adsorbents. Argon purification 

with adsorption eliminates the need for the deoxo process, the disadvantages of which 

are discussed in Section 2.3.2. However, the open literature does not clarify whether its 

industrial implementation is successful. Membrane-based purification studies are 

described in Section 2.8.2 in detail after presenting relevant literature on membrane 

separations in Section 2.6. 



44  

 

2.4 Air separation unit configurations 

In industry, one can find a wide variety of cryogenic ASU configurations, i.e. cycles. 

All alternatives share similar basic steps shown in Figure 2.1 but differ in terms of the 

cycle operating pressure, the way of pressurising the final products and the method for 

producing the necessary refrigeration. A broad classification of ASU cycles based on 

the former two criteria can be seen in Figure 2.3. The desired cycle configuration for a 

specific application depends many factors such as product slate (i.e. either or both 

nitrogen and oxygen or nitrogen, oxygen and argon), plant capacity, and product 

specifications (delivery pressure, purity and/or phase: gas and/or liquid) (Smith and 

Klosek, 2001; Schaub et al., 2007). The criteria for which cycle is most suitable depend 

on the project needs and constraints; for example, some cycles are designed to 

minimise specific power consumption while others aim to maximise the yield or 

operational flexibility. 

 

Figure 2.3 Types of air separation cycles (Smith and Klosek, 2001). 

A low-pressure (LP) cycle with product compression is described in Section 2.3.1 

and illustrated in Figure 2.2. In low-pressure cycles, the LPC produces nitrogen and 

oxygen at just above atmospheric pressure. The feed air pressure is increased to about 

4.5–6.8 bar only to provide a suitable temperature driving force in the 

condenser/reboiler of the double-column distillation system. Industrial applications 

often require gaseous oxygen and nitrogen at elevated pressures. There are two 

methods for pressuring the gaseous products.  

The conventional method is to externally compress the gaseous products to the 

delivery pressure after the products leave the cold box; these cycles are called 

compression or external compression cycles. GOX compressors require expensive 

materials of construction because of safety-related problems (Dawson et al., 2004; 

Agrawal and Herron, 2000)—non-combustible materials and seal systems that prevent 

migration of pure oxygen to rotating parts of compressor (e.g. bearings) are required to 

prevent a potential oxygen ignition (Schmidt et al., 2001). In addition, the efficiency of 

oxygen compressors is lower than that of nitrogen and air compressors. 
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of equivalent capacity (Jones et al., 2011). Even so, LP cycles are more energy 

efficient when the product delivery pressures are slightly above atmospheric pressure 

(Jones et al., 2011). 

More recently (Agrawal and Herron, 2000) a new method has become established, 

which is referred to as pumped liquid oxygen (PLOX) or internal compression cycle. 

The PLOX configuration for the ASU described previously can be seen in Figure 2.4. In 

contrast to the external compression cycle, the products are withdrawn as liquids and 

pumped to the delivery pressure and then vaporised in a MHEX before leaving the cold 

box. Another stream has to be liquefied in the MHEX in order to vaporise the pumped 

liquid products; therefore a portion of feed air (22) or pure nitrogen stream from the 

process (Jones et al., 2011) is compressed to a suitable pressure in Booster Air 

Compressor (BAC) which allows heat rejection to high-pressure liquid oxygen. 

In some PLOX cycles, products are pumped to an intermediate pressure and then 

compressed to product delivery pressure by external compressors; these are called 

partially pumped liquid oxygen cycles (P-PLOX). The PLOX arrangement can offer 

lower power consumption than the compression cycle, particularly when products are 

required at high pressure (Aneke and Wang, 2015). Hence, they are the typical choice 

for integrated gasification combined cycles (IGCC) applications with high gasifier 

pressure (Smith and Klosek, 2001). The primary advantage of PLOX cycles lies in the 

possibility of eliminating the oxygen compressor or decreasing its size (Jones et al., 

2011). PLOX cycles, therefore, can provide a higher level of plant safety, and have 

lower investment costs. Additional advantages of PLOX cycles are that there is no 

need for a liquid oxygen purge from the LP sump (McGuinness and Kleinberg, 1998) 

and additional degrees of freedom, such as the choice of high-pressure stream, e.g. a 

portion of feed air or pure nitrogen from the LPC or both, and its (their) distribution 

between the HPC and LPCs, in optimising the process. 

As the name suggests, in elevated-pressure (EP) cycles, columns operate at well 

above atmospheric pressures and high-pressure gaseous products are obtained 

directly from the distillation columns. The thermal link between the LPC and HPC (i.e. 

the condenser/reboiler) results in the HPC pressure being two to three times higher 

than the LPC pressure (Agrawal and Herron, 2000). Considering that the HPC 

pressure is limited by the critical pressure of air, it is not possible to produce GOX at 

pressures greater than 8 bar with an EP cycle. In general, the HPC of an EP cycle 

operates at about 10 to 14 bar (Fu et al., 2016b). Due to the high-pressure operation, 

EP cycles require relatively smaller and more compact equipment, reducing the size of 

the cold box. However, separation is more difficult due to the reduced relative 

volatilities at high pressures. EP cycles are commonly selected where a GAN by-
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product is desired at high pressure, such as in IGCC applications, where pressurized 

nitrogen is injected to the gas turbine in order to increase power output (Smith and 

Klosek, 2001). 

Some industrial applications only require gaseous nitrogen. There are two types of 

separation units designed solely for nitrogen production: single column and double 

column nitrogen generators. The former cycle uses a single column, which is a rectifier, 

to produce high purity nitrogen. This scheme has a limited nitrogen recovery (about 50 

to 63% of the nitrogen in feed air) and is therefore used mainly for small-scale plants. 

The latter cycle uses a double-effect distillation in the oxygen producing cycle, with 

nitrogen recovery in excess of 90%; this cycle is preferred for plants with a high 

production capacity (Agrawal and Herron, 2000; Castle, 2002). 

ASU cycle configurations also differ depending on the method of supplying 

refrigeration. For example, the ASUs shown in Figure 2.2 and Figure 2.4 generate 

cooling by reducing the pressure of a portion of high-pressure inlet air in a turbo-

expander. The high-pressure air is generally expanded to the LPC. However, when the 

refrigeration demand of ASU is large, the portion of air being expanded to LPC is so 

high that the desired oxygen recovery cannot be maintained, because increasing 

expander flow reduces the high-pressure airflow to HPC and hence reduces the boil-up 

in the LPC. As a result of decreased boil-up in LPC, oxygen recovery decreases for 

fixed purity. In such a case, high-pressure air (2) is further compressed (23) to the BAC 

outlet pressure or to an intermediate pressure and fed to the HPC (24) after being 

expanded. Alternative streams, such as high-pressure nitrogen or waste gas from the 

process, are also expanded instead of air in some ASU cycles.  

Turbo-expanders reject energy from the cold box as mechanical energy, producing 

cooling to satisfy the refrigeration requirements of an ASU. In cycles with a large 

refrigeration load, the expander shaft is directly coupled with a compressor, known as a 

“compander” arrangement, to recover the work generated (Agrawal and Herron, 2000). 

The compander arrangement requires less expander flow compared to generator-

loaded expanders and decreases the specific power consumption of the process 

(Dawson et al., 2004). Liquid nitrogen (LIN) is also utilised as a refrigeration supply in 

small capacity ASUs. In so-called LIN assist cycles, external liquid nitrogen is injected 

into the distillation columns to provide refrigeration, eliminating the need for an 

expander and simplifying the plant design (Universal Industrial Gases Inc., 2017). The 

method for providing cooling in ASUs is an important degree of freedom. The best 

configuration depends on the total quantity of refrigeration and the required flow rate of 

liquid products and to a lesser extent, the amount and the pressure of gaseous 

products (Dawson et al., 2004). 
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2.5 Technological developments in air separation units 

Improvement of cryogenic air separation process has been an active research field 

driven by the primary goal of lowering energy and capital cost (Zhu et al., 2011). 

Research activity can be understood from the number of patents granted for air 

separation processes; a quick search of the patent literature reveals that about 50 

patents have been issued over the last past five years—12 of which focus exclusively 

on the improvement of argon production from air separation units. This research 

activity may be surprising for a process considered mature many years ago 

(Thorogood, 1991); nevertheless, many advances have been made to achieve this goal. 

Recent rises in energy prices and the growing concern about global warming have also 

prompted the acceleration of research on ASUs. A brief overview of important recent 

and prospective developments as follows: 

Strategies implemented to lower capital and operating cost and power consumption 

of ASUs can be categorised as those that modify the ASU with and without changing 

the cycle configuration. Typical examples for proven strategies for the latter category 

are: a) use of heat transfer equipment with higher efficiency (Castle, 2002) (e.g. novel 

condenser/reboiler designs with lower approach temperatures); b) use of structured 

packings with lower pressure drop and higher mass transfer area per unit volume than 

sieve trays (Thorogood et al., 1989; Agrawal et al., 1993); c) fabrication of better 

vapour and liquid distributors that maximise the column performance especially for use 

in packed columns (Weaver, 2008); d) development of compressors and expanders 

with greater efficiency and flexibility (Castle, 2007); e) use of dynamic process control 

systems, along with  robust operational optimisation methods and tools (Dawson et al., 

2004; Zhu et al., 2011). For example, the replacement of sieve trays in LPC of an ASU 

with structured packings resulted in power savings greater than 3% (Agrawal and 

Herron, 2000). Down-flow condenser/reboilers, which can operate with 0.4 °C 

temperature approach, also led to a similar reduction in power demand (Castle, 2002).  

Strategies that include structural changes are: a) using distributed reboiling, i.e. 

adding intermediate reboilers to columns to reduce reflux ratio, i.e. the energy required 

for the distillation (Erickson, 1987; Agrawal and Woodward, 1992; Fu and Gundersen, 

2012; Fu and Gundersen, 2013); b) applying complex column arrangements such as 

HIDiC (heat-integrated distillation column) or diabatic distillation columns (in which heat 

transfer takes place in the column tray, together with the condenser and reboiler) for 

further intensification of heat integration in ASUs (Van der Ham and Kjelstrup, 2011; 

Chang et al., 2012; Van der Ham, 2012); c) applying heat pump that increases the 

pressure and hence the temperature of the vapour at the top of the column so that it 

can be used to vaporise the bottoms liquid in the reboiler (Agrawal et al., 1994; Cheung, 
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1991) or recuperative heat pump that also recovers sensible heat as well as latent heat 

as oppose to classical heat pump (Kansha et al., 2011; Fu et al., 2016a; Fu et al., 

2016b); hence reducing power consumption; d) recovering waste heat from the 

compressor as electricity via an organic Rankine cycle, as so called “direct binary heat 

engine” (Aneke and Wang, 2015); e) optimising the energy (heat and work) integration 

between ASUs and other elements in oxy-combustion and oxy-fuel processes, such as 

high-pressure nitrogen injection to gas turbine (Smith and Klosek, 2001; Higginbotham 

et al., 2011). Advances in process design, modelling and optimisation methods and 

computational tools have enormously contributed to the realisation of the above 

improvements (Castle, 2007; Fu et al., 2015). It is important to note here that argon 

production from ASUs, at least in part, directly or indirectly, has been improved by 

many of the above contributions.  

Another strategy, with proven success for reducing the costs associated with the 

distillation of close-boiling mixtures, is membrane-assisted distillation.  Several studies 

in the literature, including membrane-assisted air separation studies, have shown that 

the integrated arrangement can save considerable energy and capital cost compared 

to conventional distillation. This study aims to contribute to the limited body of 

knowledge on argon production by membrane-assisted distillation by pursuing the 

objectives stated in Section 1.2. Here, we first present the literature and background 

information on membrane separations to allow a better understanding of the concept, 

before reviewing the relevant background on membrane-assisted distillation and 

pointing out the gaps and limitations in the existing literature. 

2.6 Membrane separation — overview and definitions  

Membranes are defined as a ‘’selective barrier between two phases’’ (Mulder, 

2012). A semipermeable membrane separates molecules with different size, shape or 

some other chemical or physical properties (Geankoplis, 2003). Membranes can be 

fabricated in many forms and structures from a large number of materials. They can be 

porous or dense solid films of organic or inorganic materials such as polymers, 

ceramics and metals or thin liquid films or gels of ionic liquids or combinations of these 

phases and materials (Seader et al., 1998). 

Membrane processes can be classified into three main categories according to 

phases to be separated: i) solid-liquid separation ii) liquid-liquid separation and iii) gas 

separation. Technologies for the first category, such as dialysis, reverse osmosis and 

ultrafiltration are well established and widely used in industry for the separation of solid 

particles from liquids (Marriott, 2001). Pervaporation is the only commercial membrane 

process used for liquid-liquid separations; applications of which include: ethanol 
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dehydration and removal of organics from wastewater (Seader et al., 1998). The last 

category, gas separation, has been effectively used for separation of gas mixtures 

since the early 1980s, with large scale applications such as hydrogen recovery from 

methane, nitrogen production from air, oxygen enrichment of air and helium removal 

(Koros and Mahajan, 2000). This thesis is only concerned with the membrane 

separation of air components. Thus, hereinafter detailed background information on 

membrane gas separation is presented. First, technical terms and parameters that are 

required to understand the fundamentals of membrane gas separation and the material 

in this thesis are defined.  

Definitions  

A schematic diagram of a simple membrane process can be seen in Figure 2.5. In 

membrane separations, the feed is split into two streams by the membrane: permeate 

(the fraction of the feed that passes through the membrane) and retentate (the fraction 

of the feed that is rejected by the membrane). Synthetic membranes are classified as 

symmetric and asymmetric based on their morphology. Symmetric membranes have a 

uniform structure (e.g. dense homogenous or porous with uniform pore shape and 

sizes) of 30–500 𝜇𝑚 thickness (Ladewig and Al-Shaeli, 2017).  

 

Figure 2.5 Schematic illustration of membrane separation ( adopted from Murali et al., 
2013) and types of membranes. 

Asymmetric membranes consist of two layers with different structures: an ultrathin 

selective layer (thickness smaller than 5 𝜇𝑚) and a nanoporous support layer that 

serves to provide mechanical strength. The support layer does not contribute to the 

separation and has a negligible effect on mass transfer in the membrane. The thin skin 

on top is responsible for the selective transport of gases. Symmetric membranes are 
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hardly used in gas membrane separations; asymmetric membranes are the preferred 

choice for commercial applications due to their better mechanical properties.  

In membrane gas separations, the driving force for gas transportation is the 

chemical potential gradient that is generated by a partial pressure difference across the 

membrane (Ismail et al., 2015). The driving force can be created in four different ways: 

feed compression, vacuum pumping of the permeate, a combination of feed 

compression and vacuum pumping, and use of ‘sweep gas’ in the permeate side. The 

most common method is feed compression and it is usually employed with a retentate 

energy recovery system. 

The flux (Ji) of species 𝑖 through a membrane can be written as Eq. (2.1): 

 
 

(2.1) 

where PMi
 is the permeability of species 𝑖, lM is the membrane thickness and P̅Mi

 

and p
i
 are the permeance and partial pressure of species 𝑖, respectively. Permeability 

is an intrinsic property of a component passing through a specific membrane that 

shows the ability of the membrane to allow the permeation of gas molecules. 

Permeance is the ratio of permeability to the membrane thickness, it is defined as the 

flux of given species per unit driving force (i.e. partial pressure) (Seader et al., 1998). 

GPU is the unit for membrane gas permeance (1 GPU = 10–6 [cm3(STP)•sec–1•cm–

2•cm(Hg)–1]). Theoretical prediction of gas permeabilities is not usually possible and 

experimental characterisation is required. Permeability is often reported in barrer units 

(1 barrer =  10–10 [cm3(STP)•cm•sec–1•cm–2•cm(Hg)–1]) which allows comparison of 

performances of different membrane materials. Separation performance of a 

membrane is mainly characterised by its permeability and permeability ratio for the 

species to be separated. The latter is referred to as selectivity or ideal separation factor 

that shows the ability of the membrane to distinguish between two permeating species 

(Marriott, 2001). The selectivity (αi,j ) is defined as:  

  

(2.2) 

where PMi
 and PMj  are the permeabilities of the more permeable species 𝑖 and the 

less permeable species 𝑗. For an effective gas separation, membranes that have high 

selectivity and high permeability are required (Freeman, 1999). The amount of 

separation achieved increases with membrane selectivity and therefore, a smaller 

driving force (i.e. lower operating cost) is required to obtain the desired products. 

Higher permeability results in smaller membrane areas, i.e. lower capital cost for the 

membrane unit. Another key parameter influencing the membrane performance is the 

Flux (𝐽𝑖) =  
𝑃𝑀𝑖

𝑙𝑀
  (∆𝑝𝑖) =  𝑃 𝑀𝑖 (∆𝑝𝑖) 

𝛼𝑖,𝑗 =
𝑃𝑀𝑖

𝑃𝑀𝑗
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stage cut, 𝜃, defined as the ratio of the fraction of the feed that permeates through the 

membrane to the total feed, as given:  

 𝜽 = stage cut = 
  FP  

  FF  
 (2.3) 

where  FP  and  FF  refer, respectively, to the molar or volumetric flow rates of the 

permeate and feed streams. The pressure ratio, 𝑟 i.e. the ratio of feed-side pressure 

 PP  to permeate-side pressure PF, is also considered an important parameter, defined 

as: 

 
 

(2.4) 

2.6.1 O2–Ar membrane separation 

Today, the membrane separation of air competes economically with other 

separation technologies for the production of nitrogen with up to 99.5% purity. 

Membrane separation of air serves many industrial and commercial applications, 

accounting for nearly 30% of total gaseous nitrogen production (Koros and Mahajan, 

2000). Current membranes are also able to serve applications that require oxygen-

enriched air, such as oxy-combustion processes, coal gasification and medical uses 

(Murali et al., 2013). However, membranes cannot be used to recover argon 

economically from air or from oxygen–argon mixtures that are produced by the 

cryogenic distillation or pressure swing adsorption. The primary factors yielding this 

conclusion are the poor separation characteristics of existing membranes and the low 

argon concentration in the air (~ 1 mol%) and in the oxygen-enriched streams (< 5 

mol%). 

Polymeric membranes are dominant in membrane air separation, permeation rates 

of air components through a membrane are ranked oxygen > argon > nitrogen for all 

types of materials (Haraya and Hwang, 1992). As a result, when a stand-alone 

membrane is used for O2–Ar separation, the membrane would separate the high-

pressure feed to an oxygen-enriched permeate stream and argon-enriched retentate 

stream, as shown in Figure 2.6. Commercially-available membranes show low 

selectivity for the oxygen–argon pair due to the very similar physical properties (e.g. 

solubility, molecular size) of oxygen and argon molecules (Haraya and Hwang, 1992). 

Available membranes would be capable of producing argon at a comparable recovery 

with distillation-only if complex membrane cascades were used; however, membrane 

cascades have a high power requirement due to many recycling streams and additional 

compression equipment (Agrawal et al., 1990). 

𝑟 =
 𝑃𝐹   

𝑃𝑃
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Figure 2.6 A schematic of membrane separation of oxygen and argon mixture. 

The lack of commercial applications for argon production using membranes has led 

to little research and academic interest; therefore only a limited amount of information 

is available on the practical aspects of membrane separation of argon from air with 

membranes. 

Nevertheless, oxygen, nitrogen and argon are structurally and physically similar 

molecules; therefore the information in the open literature on the production of nitrogen 

and oxygen using membranes, which sets a good example for argon separation with 

membranes, is used to complement and enhance the understanding of oxygen–argon 

separation with membranes in this thesis.  

2.6.1.1 Types of membrane materials  

Selection of potentially useful membrane materials for a specific application is a 

crucial but difficult task since no systematic selection procedure is available and 

membranes are often selected based on database search or expert assistance (Babi 

and Gani, 2014). Clearly, the two most important requirements that should be taken 

into account when selecting material for membrane applications are selectivity and 

permeability. Some of the other key requirements membranes are long-term thermal 

and chemical stability, material compatibility, mechanical strength and low susceptibility 

to contamination (Koros and Mahajan, 2000). It is critical to examine the importance of 

each of these requirements for a specific application when balancing the requirements 

against the cost (Koros and Mahajan, 2000). 

This section reviews the membrane materials for oxygen–argon separation based 

on the information available in academic and patent literature. The open literature and 

patents report intrinsic oxygen and argon permeation properties of a wide range of 

materials, including polymers, carbon-based and ion conducting materials, as 

summarised in Table 2.2. The full list of membrane materials and their separation 
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properties can be found in Table A–1 in Appendix A. These materials are often tested 

at lab scale and rarely at pilot scale. They can be broadly classified into three 

subgroups on the basis of their operating temperature: i. ambient-temperature ii. sub-

ambient temperature and iii. high-temperature membranes. 

Table 2.2 Separation performance of selected materials for oxygen–argon separation. 

   

The ‘ambient-temperature’ materials for O2–Ar separation are mostly polymers. 

Haraya and Hwang (1992) provided an overview of previously tested polymeric 

materials for oxygen, argon and nitrogen separation and further examined 19 different 

polymers that are commercially available to identify materials that may be used for O2–

Ar separation. The two best performing materials in terms of selectivity and 

Membrane 
type/material 

T 
(°C) 

Selectivity (α) 
PO2 

(Barrers) Reference O2/Ar O2/N2 

      

Ambient-temperature membranes 

PMs      

Cellulose nitrate 25 17.7 16.8 1.95 Hsieh (1963)  

Ethyl cellulose 25 1.40 3.32 14.7 Hsieh (1963) 

PVTMS   25 1.33 4.00 44.0 Teplyakov and Meares (1990) 

Polyisoprene 25 1.00 2.30 23.0 Teplyakov and Meares (1990) 

PPO 25 2.28 5.02 11.4 Haraya and Hwang (1992) 

TMPC 25 2.43 5.59 3.98 Haraya and Hwang (1992) 

PIMs      

PIM-1 30 1.85 4.02 370 Budd et al. (2005) 

PIM-7 30 1.90 4.52 190 Budd et al. (2005) 

Zeolites      

DD3R 30 1.77 2.17 58.2 Van den Bergh et al. (2008) 

MMMs      

PES 13X 25 2.68 4.25 0.51 Süer et al. (1994) 

PES 4A 25 3.14 4.40 1.10 Süer et al. (1994) 

CMSMs      

Nanoporous carbon 25 3.26 4.30 0.58 Strano and Foley (2002) 

Membrane A 35 3.25 4.33 3.88 Merritt (2007) 

Membrane B 35 2.50 3.00 4.48 Merritt (2007) 

Cello550 30 6.50 13.1 4.33 Campo et al. (2010) 

      

Low-temperature membranes 

CMSMs      

CMSM-1 –169 50.3 n/a 64.2 Soffer et al. (1997) 

CMSM-1 –96 16.4 n/a 132 Soffer et al. (1997) 

CMSM-1 28 5.50 n/a 182 Soffer et al. (1997) 

CMSM-2 –160 3.40 n/a 198 Soffer et al. (1997) 

CMSM-2 –150 3.00 n/a 264 Soffer et al. (1997) 

      

High-temperature membranes 

Ceramics membrane 800 infinite infinite – Hashim et al. (2010) 

PMs: polymeric membranes; PIMs: polymers of intrinsic microporosity; MMMs: mixed matrix 
membranes; CMSMs: carbon molecular sieve membranes; PO2: oxygen permeability. 
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permeability were PPO (poly (2,6-dimethyl-1, 4-phenylene oxide)) and TMPC 

(tetramethyl bisphenol-A polycarbonate). Both materials have relatively low selectivity 

(around 2.5) for O2–Ar pair. It was also noted that these materials have other desirable 

features such as mechanical strength, ease of processability and low dependency of 

gas permeability on temperature and pressure. 

More recently, there has been a great amount of academic and industrial research 

activity on development and synthesis of novel structures or blends of existing 

materials to overcome the limitations faced by current membrane technologies. 

However, a limited number of studies report separation properties of these advanced 

materials for argon along with oxygen and nitrogen. Synthesis of a new family of 

polymers termed as polymers of intrinsic microporosity, PIM, is showing some promise 

as they possess higher selectivity than any other high permeability polymers for 

commercially important gas pairs such as oxygen and nitrogen (Robeson, 2008). PIMs 

possess quite low O2/Ar selectivity but they show oxygen permeability well above that 

of other polymeric materials with similar selectivities (Budd et al., 2005). 

Another class of materials that has attracted considerable interest for membrane 

gas separation was inorganic zeolite membranes (Caro and Noack, 2008). Zeolites are 

nanoporous molecular sieving materials with favourable properties such as size 

selectivity, well-defined pore structure and good mechanical strength (Tavolaro and 

Drioli, 1999). DD3R (decadodesil 3R) membrane are the only type zeolites that have 

their argon permeation properties reported in the literature. It was observed that DD3R 

zeolite membranes exhibit low selectivity (~ 1.8) and quite high permeability (~ 58 

barrer) compared to existing polymeric materials (Van den Bergh et al., 2008). 

Alternatively, molecular sieving zeolites were incorporated into the polymer matrix 

of state-of-the-art non-porous polymeric membranes to enhance transport properties 

(Tavolaro and Drioli, 1999). These hybrid structures, often referred to as mixed matrix 

membranes (MMMs), have already been shown to increase both permeability and 

selectivity of polymeric membranes that are currently used for gas separation, for 

example, embedding zeolite 5A into Matrimid® polymer—a commercial polyamide 

widely used for nitrogen enrichment applications—increases the O2/N2 selectivity 

nearly four-fold (Murali et al., 2013). Süer et al. (1994) measured permeation rates of 

industrial gases, including argon, though MMMs of polyethersulfone (PES) with two 

different zeolite loadings (zeolite 13X and 4A) to examine the effects of zeolite type and 

content on the permeability of gases. At 50 wt% loading of Zeolite 4A, O2/Ar selectivity 

of PES improved slightly compared to pure PES, though the oxygen permeability is 

enhanced from 0.52 barrers to 1.1 barrers. In brief, polymer–zeolite mixed matrix 
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membranes appear to be highly promising to enhance the separation properties of 

current materials, in particularly O2/Ar selectivity. Unfortunately, studies investigating 

permeation of argon through MMMs are scarce. There is, therefore, a need for 

experimental research in this area to support synthesis, development and structural 

optimisation of MMMs with different state-of-the-art polymers and zeolites that are 

primarily tailored for oxygen–argon separation. 

Carbon membranes (often referred to as 'carbon molecular sieve (CMS) 

membranes' are another class of developing materials that show promising potential 

for industrial implementation of gas separation (Koros and Mahajan, 2000). A CMS is a 

nanoporous solid that is mainly derived from a polymer precursor via pyrolysis. A CMS 

can effectively separate molecules of similar size through selective diffusion of the 

molecules that are smaller than the size of the narrow constrictions in the carbon matrix 

(Williams and Koros, 2008). Separation of argon from oxygen with pressure swing 

adsorption using CMS as the adsorbent has been studied extensively (Hayashi et al., 

1985; Rege and Yang, 2000; Jin et al., 2006). These studies have shown that, in spite 

of their similar properties, the diffusivity of oxygen in CMS is much greater than that of 

argon, allowing their kinetically controlled adsorption, i.e. selective adsorption of 

molecules due to differences in their size and shape. Their ability to selectively 

transport certain molecules makes CMS highly promising for membrane applications. 

Yet, there have been limited studies investigating argon separation with nanoporous 

CMS membranes (Strano and Foley, 2002; Merritt, 2007; Campo et al., 2010). Carbon-

based membranes reported in those studies exhibit oxygen permeability and O2/Ar 

selectivity (𝛼 = 3–6.5), which are higher than that of many of the polymeric materials. 

The majority of the experimental and theoretical studies on the permeation 

properties of membrane materials in the literature, including the studies in this section, 

have been carried out at ambient temperatures ranging from 25 to 35 °C. Cryogenic air 

separation, however, involves very low temperatures. Investigation of the thermal 

stability and permeation properties of these materials at low temperatures is essential, 

in particular for this study and other low-temperature membrane applications such as 

separation of nitrogen from natural gas (Rowe et al., 2010). The separation 

performance of polymeric membranes is strongly influenced by the operating 

temperature. Most of the polymers thermally degrade or deform at temperatures above 

100 °C (Park and Lee, 2008). 

Yet, few studies have considered the influence of low temperatures on the 

performance of membrane materials. Moll et al. (1998) reported the permeation 

properties of several glassy polymers for oxygen–nitrogen separation at sub-ambient 

temperatures and showed that glassy polymers exhibit higher selectivity at low 
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temperatures, but the permeability drastically decreases as the temperature decreases. 

For example, the permeability of PBOA (polybenzoxazole) membrane decreased from 

24 to 2.6 barrers and the O2/N2 selectivity increased from 5.2 to 20 with a decrease in 

temperature from 30 °C to –81 °C. The polymer chains freeze at low temperatures; 

therefore, activated diffusion of gas molecules through free volumes is hindered. 

Unfortunately, the authors did not test the permeation of argon in this study. 

On the other hand, molecular sieving zeolites and carbons (CMS) have higher 

thermal stability than polymers i.e., can be used at extreme temperatures. Soffer et al. 

(1997) studied the separation of oxygen and argon at cryogenic temperatures by two 

different CMS membranes. One of these patented CMSs (CMSM-1 in Table 2.2), in 

contrast to polymeric membranes, exhibited an appreciable rise in selectivity, while 

retaining a reasonable permeability when working at low temperatures. The O2/Ar 

selectivity increased from around 5 at 28 °C to 50 at –169 °C, while permeability 

decreased from around 182 barrers to 64 barrers. As for the second CMS membrane, 

which was synthesised with a slightly different procedure, showed an increase in 

permeability with negligible change in O2/Ar selectivity when lowering the temperature. 

It is important to recognize that both CMS membranes discussed here have better 

separation properties than any other materials tested for oxygen–argon separation.  

Recently, Ye et al. (2014; 2015; 2016) developed ultrathin mordenite framework 

inverted (MFI) zeolite membranes for air separation and tested, for the first time, the 

operation of zeolite membranes at cryogenic temperatures. Their results are promising 

for the low-temperature application of zeolite membranes. They observed that below –

183 °C, the membrane selectivity rapidly increased reaching a maximum O2/N2 

selectivity of 6.3 at –206 °C (Ye et al., 2015). It was also pointed out that these novel 

membranes are 100 times more permeable (e.g. oxygen permeance was 1025 barrers) 

to oxygen than polymeric membranes available. Although these promising studies only 

considered binary oxygen–nitrogen mixture (synthetic air), a similar trend can be 

expected in membrane performance for oxygen–argon separation with zeolite 

membranes working at cryogenic temperatures.  

The last group of materials that can be considered for oxygen–argon separation is 

high-temperature ion-conducting ceramics. In the literature, several terms are used to 

refer high-temperature ceramic membranes, including SELIC (solid electrode ionic or 

mixed conductors), MIEC (mixed ionic-electronic conducting), ITM and OTM (ionic and 

oxygen transport membranes). These membranes are only permeable to oxygen ions, 

i.e. have infinite selectivity for oxygen, and operate at temperatures typically higher 

than 700 °C (Bose, 2008). Owing to their exceptionally high oxygen selectivity, 

ceramic-based membranes have remarkable potential for industrial implementation, 
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especially for the production of oxygen from air to use in power generation and fuel 

production processes (Smith and Klosek, 2001). These dense membranes are 

primarily synthesised from perovskite derivatives (with generic formula ABO3) and can 

be divided into two groups, mixed ionic-electronic conductors (MIEC) and pure oxygen 

conductors (Hashim et al., 2010). The former can maintain charge neutrality by 

conducting both oxygen ions and electrons, while the latter can only conduct oxygen 

ions and therefore needs an external circuit for electron flow. Ceramic-based 

membrane technology is at a relatively embryonic stage (Da Costa et al., 2013) with 

only pilot scale applications to date. Proper sealing of the membrane at high 

temperatures and long-term mechanical and chemical stability of the membranes are 

critical issues that need to be resolved for the adoption of ceramic membranes on a 

larger scale.  

2.6.1.2 Key features and current status of membrane materials 

The merits and shortcomings of each group of membrane materials (presented in 

Section 2.6.1.1) are discussed below. Methods reported in the open literature to 

enhance the performance of these materials are also explained.  

Polymers are the most commonly-used materials for membrane gas separations 

owing to the many advantages they provide, such as relatively low cost, ease of 

preparation, modular and flexible design and low energy requirements (Baker, 2004). 

The primary limitation of polymeric membranes is related to the lack of polymers that 

have high selectivity as well as high permeability. There is, unfortunately, a clear trade-

off between these properties: more selective polymers are less permeable and vice-

versa. This trade-off for polymeric materials was first demonstrated by Robeson (1991). 

In order to visualise the relationship between permeability and selectivity for polymeric 

membranes, Robeson (1991) generated plots, now known as Robeson plots, for 

industrially important gas pairs using literature data. The distinct trade-off for polymeric 

membranes with an upper limit, known as the “Robeson upper bound”, is evident in the 

Robeson plot for O2–N2 separation (Figure 2.7). A Robeson plot for the O2–Ar gas pair 

is not available in the open literature but a similar relationship between permeability 

and selectivity for this gas pair can be seen from the properties of polymers listed in 

Table 2.2 and Table A–1 in Appendix A. The Robeson plot for O2/Ar pair—including all 

of the membrane materials listed in the open literature—can also be found in Appendix 

A (Figure A–1). 

Much research has been devoted to developing polymers with properties exceeding 

the Robeson upper bound. Initial attempts, which mainly focused on structural 

modification of available polymeric membranes for enhancement of gas separation 
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properties, were deemed unsuccessful as the properties of the resultant polymers sit 

on, not above, Robeson’s upper bound line (Chung et al., 2007). More recently, two 

emerging polymeric morphologies have aroused considerable scientific interest due to 

their separation properties exceeding upper bound line for commercial polymeric 

membranes: mixed matrix membranes (MMMs) and polymers of intrinsic microporosity 

(PIMs)—unshaded diamonds above the Robeson upper bound for O2–N2 pair in Figure 

2.7(b).  

 

Figure 2.7 Robeson plots showing trade-off relationship between O2/N2 selectivity and 
O2 permeability: (a) performance of polymeric membranes and carbon 
molecular sieves (Chung et al., 2007); (b) performance of polymeric 
membranes and other advanced materials, such as carbon molecular 
sieves and facilitated transport membranes (Belaissaoui et al., 2014). 

MMMs, however, although attractive, with their properties lying far beyond the 

upper bound, face severe challenges that hinder their application in industrial 

processes. The key issue with mixed matrix membranes arises from their rigid structure. 

They cannot be easily spun into commercial membrane configurations such as thin 

fibres (Mahajan et al., 1999). Moreover, due to poor adhesion between polymer and 

inorganic phases, it is difficult to control the free volume in MMMs, i.e. the size 

selectivity of the membrane (McKeown, 2012). Physical ageing (i.e., loss of 

permeability over time) is the most significant barrier to the commercialisation of PIMs 

(Swaidan et al., 2015). Another serious drawback of polymeric materials is the low 

resistance to aggressive feeds, e.g. susceptibility to plasticization. However, this 

phenomenon does not occur in membrane systems where the gases have low 

solubility in the polymer, such as oxygen and argon (Suleman et al., 2016). 
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Carbon molecular sieves are promising alternatives to polymeric membranes—

performing above the Robeson upper bound for O2–N2 separation and exhibiting 

highest selectivity for O2–Ar separation (Table 2.2)—but they are not yet used 

industrially for gas separation. In addition to their attractive separation properties, CMS 

membranes have other important advantages over polymeric materials such as ease of 

formation and chemical stability at extreme pressure and temperature (Williams and 

Koros, 2008). Although CMS membranes are clearly superior to commercial polymers 

in many aspects, they are expensive to fabricate, and therefore not economically 

competitive for large-scale applications (Koros and Mahajan, 2000). CMSs have poor 

mechanical properties; therefore fabrication of industrial-scale large-surface-area 

membrane modules is difficult and costly. The first and only company to produce CMS 

membrane modules commercially was Carbon Membranes Ltd., which closed in 2001. 

Few studies can be found in the open literature describing the production of industrial-

scale CMS membrane modules. Lagorsse et al. (2004; 2005) reported a hollow-fibre 

and a honeycomb membrane module with 2000 m2/m3 and 2500 m2/m3 packing density, 

respectively. Other processing challenges hindering the practical use of CMS 

membranes are the low reproducibility of separation properties during fabrication and 

the high sensitivity of separation properties to organic exposure and oxygen 

chemisorption (Williams and Koros, 2008).  

CMS membranes have great potential in the future to become alternatives to 

polymer membranes. However, the issues mentioned above—particularly, industrial-

scale module production—are still in need of academic and technical investigation. 

Zeolite membranes have also been shown to have permeability and selectivities 

beyond the Robeson upper bound for O2–N2 separation and properties higher than 

most of the commercial polymeric materials for O2–Ar separation (Table 2.2). However, 

they suffer from similar drawbacks as CMS membranes both in terms of their inability 

to be easily processed and cost.  

Moreover, despite the numerous studies on high-performance zeolite membranes 

for air separation, scarce attention has been paid to the separation of oxygen–argon 

mixtures with zeolite membranes. It is clear that novel materials (i.e. CMS, zeolites, 

PIMs and, MMMs) can open up exciting opportunities for oxygen–argon separation and 

for other gas separations, if existing technical barriers can be overcome. The difference 

between the 1991 and 2008 Robeson upper bound in Figure 2.7 shows that the upper 

bound limit faced by membrane separations “should not be looked on as the ‘beginning 

of the end’ but should be thought as ‘end of the beginning’.” as Koros and Mahajan 

(2000) put it two decades ago. The present study considers polymeric and carbon 
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molecular sieve membranes only. Practical and conceptual reasons for their selection 

are presented in Chapter 3 in Section 3.2.  

2.6.2 Gas transport mechanism in membranes 

An accurate description of permeation through a membrane is crucial when 

designing and modelling a membrane separation system. Therefore, the theoretical 

aspects of gas transport mechanisms of the membrane materials considered in this 

work are addressed in detail in this section. The transport rate of gases through a 

membrane is a function of physical and chemical properties of permeant molecules 

(e.g. such as polarity, molecular size and shape) and membrane (e.g. pore size, free 

volume, and tortuosity) and permeant–membrane interactions. Various mechanisms 

have been proposed to describe gas transport through membranes (Stern, 1994; Baker, 

2004; Lakshmi et al., 2017); these mechanisms vary considerably depending on the 

presence or absence of pores, and the size of permeants relative to membrane pore 

size. Hence transport mechanisms for dense and porous membranes are now 

described separately. 

Dense membranes: The simplest and most commonly used mechanism for 

describing gas transport through non-porous membranes is the solution-diffusion 

mechanism as illustrated in Figure 2.8(a). It describes the molecular transport in three 

stages: i) gas molecules dissolve into the membrane material in the upstream side; ii) 

these molecules diffuse through the membrane; iii) the gas molecules desorb in the 

downstream side. Transport through polymeric membranes is widely described through 

the solution-diffusion mechanism (Seader et al., 1998; Lakshmi et al., 2017).  

 

Figure 2.8 Transport mechanisms for permeation of gas molecules through (a) dense 
membranes, e.g. polymeric membranes; (b) porous membranes, e.g. 
carbon molecular sieve and zeolite membranes (Ismail et al., 2011). 
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segmental motion of the polymer chain (Baker, 2004). Diffusion is driven by a 

concentration gradient and Fick’s first law can be used to describe steady-state flux 

(Maier, 1998): 

  
(2.5) 

where Di  is the diffusivity coefficient of species 𝑖 , and ci
M  is the concentration of 

species 𝑖 in the membrane phase. Assuming a linear change of concentration across 

the membrane and no external gas–film resistances i.e. the concentration ci
M is the 

same as in the bulk gas which is just adjacent to the membrane (ci
M = ci

F) (Seader et 

al., 1998), Eq. (2.5) reduces to 

  
(2.6) 

where superscripts F   and P  represents the feed and permeate side of the 

membrane, respectively. Assuming the gas–membrane interfaces are in 

thermodynamic equilibrium and applying Henry’s law, the concentrations can be 

expressed as partial pressures: 

  (2.7) 

where Si is the solubility coefficient and p is the partial pressure. Substituting Eq. 

(2.7) into Eq. (2.6) and assuming that the solubility coefficient is independent of total 

pressure and membrane operates isothermally, so that Si
F=Si

P=Si: 

  

(2.8) 

The product DiSi  is defined as the permeability coefficient, PMi
. That is, dense 

membranes are able to separate gases based on differences in the permeants’ 

diffusivity and solubility.  

The gas solubility depends primarily on the condensability of gas molecules and the 

similarity of the gas and membrane chemical structures (e.g. polarity) (Sanders et al., 

2013). The gas diffusivity, on the other hand, is strongly linked to the size and shape of 

the permeant molecules. Generally, the higher the molecular size of the permeant, the 

higher the solubility and the lower the diffusivity. This inverse relation between solubility 

and diffusivity makes it difficult to obtain high selectivity (Seader et al., 1998). Sorption 

(solution) in the membrane does not always obey Henry’s law, particularly in glassy 

polymers. The most prominent alternative to Henry’s law for an accurate description of 

sorption in glassy polymers is the dual-mode sorption model proposed by Baker et al. 
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(1958); this widely-accepted hybrid model describes dissolution in polymer chains by 

Henry’s law and sorption in polymer microvoids and cavities by Langmuir’s adsorption 

law (Ismail et al., 2011). Then, in the case of negligible downstream pressure, the gas 

permeability in the polymer can be given as: 

  
(2.9) 

where the second term is for Langmuir sorption, Di
L is the diffusion coefficient 

associated with Langmuir-sorbed permeants, P is the gas pressure, and  𝑎 and 𝑏 are 

Langmuir saturation and affinity constants, respectively. 

Porous membranes: Unlike dense membranes, which have molecular mobility, 

porous membranes have immobile free-volume elements (i.e. pores) of relatively larger 

size that are connected to each other as shown in Figure 2.8(b). The transport 

mechanism in porous materials (e.g. carbon molecular sieves and zeolites) differs 

radically depending on the pore size and to a lesser extent, the surface properties of 

pores. There are four main idealized transport mechanisms for carbon membranes: 

Knudsen diffusion, selective condensation-diffusion, surface selective flow and 

molecular sieving (Williams and Koros, 2008). Molecular sieving is the primary 

transport mechanism for the materials used in this study and therefore is the only 

mechanism described here. 

Carbon molecular sieves are ultra-microporous and have pores of an irregular 

shape with constrictions (typically < 5 Å) (Soffer et al., 1987) of similar size to the 

permeant molecules. Gas molecules are first absorbed to the openings of the 

micropores and then diffuse through the micropores. Molecular sieving is achieved by 

favoured diffusion of smaller molecules that are of similar size to the constrictions. 

Diffusion through constrictions only takes place provided that molecules attained the 

activation energy required to overcome resistance from the walls of the constricted 

region. Smaller molecules have a smaller activation energy than larger molecules and 

can easily pass through constrictions. Diffusion of larger molecules is either obstructed 

or decelerated due to repulsion forces from the pore walls. Therefore, the diffusion rate 

of gases in carbon molecular sieves is highly related to the dimensions and surface 

properties of the pores and may change significantly depending on the molecular 

dimensions of the gas molecules (Ismail et al., 2011).  

The transport mechanism in carbon membranes is also called sorption-diffusion 

mechanism. The membrane permeability is the product of diffusivity and adsorption 

and Eq. (2.8) can be modified to describe steady-state flux through molecular sieving 

carbon as:  

𝑃𝑖 = 𝐷𝑖𝑆𝑖 +
𝐷𝑖

𝐿𝑎𝑏

   1 + 𝑏P   
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(2.10) 

where Ki  is the adsorption coefficient (sorptivity) of species 𝑖. The permeability 

coefficient PMi
 is equal to DiKi. Singh and Koros (1996) conducted a theoretical and 

experimental study to investigate the superior permeation characteristics of carbon 

membranes over polymers. Experimental results for a large number of membranes on 

O2–N2 separation showed that the contribution of diffusion selectivity to membrane 

permeability was quite significant compared to that of sorption selectivity. Further 

investigation showed that entropic selectivity, which is a result of differences in 

molecular dimensions of O2 and N2 molecules, accounts for the different rates of 

diffusion in micropores. As can be seen in Figure 2.9 if the dimension of micropore is < 

3.8 Å, the flow of N2 molecules is restricted because N2 loses its rotational freedom, 

while O2 molecules can rotate freely. A more detailed analysis on molecular sieving 

mechanism and entropic selectivity can be found in Singh and Koros (1996) and (Singh, 

1997). 

The flux in both models above is described by Fick’s law. There are also more 

theoretical models to describe flux through dense and porous media, such as the dusty 

gas and the frictional model. In comparison to Fick’s law, these models are able to 

predict the combined effects of different diffusion mechanisms. They require at least 

four experimentally obtained model parameters (Marriott, 2001) and therefore are not 

very useful for conceptual design and hence are not considered in this study. 

2.6.3 Flow patterns and module configurations 

Membranes can be manufactured in different shapes and forms, such as flat sheets, 

or long small-diameter fibres. Commercial applications require membranes to be tightly 

assembled into modular forms that maximize the mass transfer driving forces and have 

a high area-to-volume ratio. Commonly-used configurations include plate-and-frame, 

spiral-wound, hollow-fibre, tubular and monolithic modules. It is well known that the 
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flow pattern in a membrane module has a substantial influence on the separation 

performance (Wankat, 2006). 

There are four idealized module flow patterns: (a) perfect mixing; (b) cross flow; (c) 

co-current; and (d) counter-current. In perfect mixing (Figure 2.10), both sides of the 

membrane are well mixed, which means that the compositions on both sides of the 

membrane are constant. In crossflow, also known as cross-plug flow, the feed flows 

parallel to the membrane, while the permeate travels perpendicular to the membrane. 

In counter and co-current flow arrangements, the feed and permeate always flow in 

parallel across the membrane; in the former flow is in the opposite direction while in the 

latter it is in the same direction. 

 

Figure 2.10 Idealized flow patterns in membrane separations. 

Countercurrent flow is the most efficient flow pattern in terms of product recovery 

and purity, followed by crossflow (Shindo et al., 1985). Countercurrent operation leads 

to the lowest required membrane area because a partial pressure driving force (i.e. the 

difference between permeate and feed side) can be maintained along the length of the 

membrane.  

Typically, the flow pattern in a membrane module depends on the module 

configuration. Hollow-fibre and spiral-wound are the two main types of membrane 

modules employed for commercial applications of air separation owing to their high 

packing density and low operating cost (Murali et al., 2013). A hollow-fibre module 

(shown in Figure 2.11(b–c)) consists of more than a million fibres (≈ 200 𝜇𝑚 diameter) 

bundled into the module shell. The feed is supplied on either bore or shell side, the 

choice of which is a design consideration. Gas molecules pass through the fibre walls 

and are collected in the central channels or in the module shell depending on the mode 

of operation (Seader et al., 1998). The feed flow can be countercurrent or co-current 

with respect to permeate flow (Feng et al., 1999). 
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Spiral-wound modules in Figure 2.11(a) consist of flat membrane sheets and 

spacers between the sheets that are wound around a central collection tube. The 

spacers create channels for permeate and feed flow. The feed flows inside these 

channels in the axial direction and gas molecules travel through the membrane in the 

radial direction; the flow pattern is strictly crossflow. 

 

Figure 2.11 Schematics of (a) spiral-wound module (Scholz et al., 2011); (b) hollow-
fibre module; (c) a hollow fibre (Seader et al., 1998). 

The choice of module type for a gas separation application is dictated by factors 

such as susceptibility to fouling or concentration polarisation, limitation to certain types 

of materials, ease of cleaning and cost (Baker, 2004; Seader et al., 1998). A typical 

hollow-fibre module has a considerably higher surface-to-volume ratio (up to 9000 

m2/m3) than a spiral-wound module (up to 800 m2/m3) (Marriott, 2001). Hollow-fibre 

modules have lower costs, given their extremely high surface-to-volume ratio, but they 

are highly prone to concentration polarisation: the concentration of retained species 

near the membrane creates resistance to flow through the membrane, affecting the 
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separation performance severely. Therefore, spiral-wound modules are very popular 

where concentration polarisation effects are expected to be significant. 

This work considers only hollow-fibre and spiral-wound modules due to their 

extensive use in industrial applications of membrane gas separations. The following 

section provides a detailed literature review on modelling aspects of hollow-fibre and 

spiral-wound membrane modules. First, mathematical models of these modules and 

general modelling issues are presented. Then, numerical and analytical solution 

techniques that have been applied in previous studies are outlined. 

2.7 Modelling of membrane separation 

Detailed mathematical models are required for evaluation, design and optimisation 

of a membrane separation process. Widely accepted mathematical models are 

available in the literature for different types of module configurations and flow patterns. 

These models are based on mass balance and transport equations, applying 

assumptions relating to non-idealities such as pressure change on each the side of the 

membrane and concentration polarisation. 

Binary and multicomponent mixture separations: Early studies deal mostly with 

binary mixtures (Walawender and Stern, 1972; Pan, 1983; Chern et al., 1985). For 

instance, Walawender and Stern (1972) developed membrane models for four different 

flow patterns, which are suitable for computer simulations of binary membrane 

separations. Extension of binary models to multicomponent mixtures is not always 

straightforward and demands considerably greater computational effort and time. Yet 

the majority of industrial membrane applications deal with multicomponent mixtures. 

One of the earliest studies to extend binary membrane models to multicomponent 

mixtures was conducted by Shindo et al. (1985). This study provides models for 

membranes operating with five different kinds of flow patterns, which can be applied to 

mixtures with any number of components. Much of the current literature on membrane 

modelling and simulation considers multicomponent mixtures (Kundu et al., 2013; 

Khalilpour et al., 2013; Binns et al., 2016). 

Flow patterns and mode of permeation: Most studies in the field of membrane 

modelling focus on crossflow, countercurrent and co-current flow patterns due to their 

industrial importance. For hollow-fibre modules, detailed membrane models for both 

bore-side and shell-side feed with countercurrent and co-current operation are 

available from many authors (Pan, 1983; 1986; Chern et al., 1985; Giglia et al., 1991; 

Coker et al., 1998; Feng et al., 1999; Marriott, 2001). Crossflow (Pan, 1983; Marriott, 

2001) and radial crossflow (Thundyil and Koros, 1997) models are available for spiral-
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wound modules. There are also general models that apply to both spiral-wound and 

hollow-fibre membrane modules (Walawender and Stern, 1972; Shindo et al., 1985).  

A widely-used mathematical membrane model for permeation through high-flux 

asymmetric hollow-fibre membranes was developed by Pan (1983; 1986). This model 

assumes crossflow operation on the permeate side; the operating mode of the module 

can either be countercurrent or co-current with respect to the membrane. Pan (1983; 

1986) argues that the local permeate composition in the membrane skin is not equal to 

that in the bulk when an asymmetric membrane with a permselective thin skin and the 

much thicker porous layer is used. In such a case, Pan (1983; 1986) claims that the 

gases in the feed pass through the thin skin of membrane and do not mix with the bulk 

permeate fluxes on the permeate side of the membrane. Therefore, the flow pattern 

reduces to crossflow, regardless of the actual module flow pattern. This phenomenon is 

also referred to as crossflow permeation. Pan (1983; 1986) validated the model and the 

crossflow permeation assumption with experimental studies on hydrogen separation 

from ammonia plant purge gas with a hollow-fibre membrane module. 

Other researchers (Kaldis et al., 2000; Chowdhury et al., 2005; Kundu et al., 2012; 

2013) also made this assumption and used the crossflow model to describe permeation 

behaviour of counter- and co-current hollow-fibre modules. Attempts also have been 

made to simplify Pan’s (1983; 1986) original model formulation to improve solution 

stability (Kaldis et al., 2000) and to save computational time (Chowdhury et al., 2005).  

Almost all work subsequent to Pan (1983; 1986) has raised questions about the 

validity of the crossflow permeation assumption (Chern et al., 1985; Sidhoum et al., 

1988; Giglia et al., 1991; Singh et al., 1995). Sidhoum et al. (1988) experimentally 

addressed radial mixing effects in the membrane thin skin. In order to better 

understand how well-mixed local and bulk permeate fluxes are, driving forces were 

increased by employing a ‘sweep’ gas. Then, the experimental data were compared 

with the predictions of Pan’s (1983; 1986) crossflow permeation model and 

countercurrent model. Contrary to expectations, this study did not find a significant 

difference between the accuracy of the predictions obtained with countercurrent and 

crossflow permeation models. It was also noted that the countercurrent model fits 

slightly better to experimental data, but it always over predicts the permeate mole 

fraction of the most permeable component. Still, the authors interpreted the findings 

with caution because it is hard to generalise over these observations about various 

kinds of asymmetric membranes and operating conditions.  

Giglia et al. (1991) performed a series of experiments in order to verify the 

crossflow permeation hypothesis, over a wide range of operating conditions, and for 
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countercurrent and co-current operation for different gas mixtures in hollow-fibre 

membranes. Their results were similar to those of Sidhoum et al. (1988); the actual 

data fall between the predictions of countercurrent and crossflow permeation models, 

and therefore the ambiguity about the significance of radial mixing effects on 

permeation remained. Surprisingly, co-current model predictions were in excellent 

agreement with actual data, which renders the crossflow permeation hypothesis invalid 

for co-current operation. The authors argued that in both countercurrent and co-current 

operation, the permeate is radially mixed and the discrepancy between the actual data 

and countercurrent model predictions is due to feed-side flow imperfections rather than 

permeate radial mixing effects (i.e. crossflow permeation). 

Likewise, according to Feng et al. (1999), the crossflow assumption is found not to 

be applicable to cases such as air separation, where the permeability of the most 

permeating species and the operating pressures are relatively low. Feng et al. (1999) 

conducted experiments on air separation with an industrial-scale hollow-fibre module. 

Their experiments showed that countercurrent operation is always superior in terms of 

purity and recovery when operating at high stage cuts and led to the conclusion that 

Pan’s (1983; 1986) assumption is not valid. Together these studies provide important 

insights into the modelling of asymmetric membranes; the accumulated evidence is, 

however, inconclusive as to whether asymmetric membranes can be modelled using 

the crossflow model. 

The studies presented above deal with the rating (i.e. simulation) problem of 

existing membrane modules with known characteristics such as the length, number 

and diameter of fibres. These models can be formulated as design problems or can be 

solved to determine the required membrane area to meet given product specifications 

by trial-and-error (Chowdhury et al., 2005). Still, information on the membrane 

geometry is required. Therefore, for conceptual or initial design, more general models, 

such as that of Shindo et al. (1985) are more useful. These models can apply to any 

type of membrane module because the equations derived consider only normalized 

flow rates and do not require module geometries to be specified. 

General assumptions and non-idealities: Membrane models are developed based 

on certain assumptions regarding non-idealities in the process in order to simplify the 

model. These non-idealities may arise from the permeation process, membrane and 

module structure and operating conditions (Hosseini et al., 2015a). Under certain 

circumstances, such non-ideal effects can influence the performance of the membrane 

separation considerably. For more accurate prediction of membrane performance, one 

needs a more comprehensive model that takes non-ideal effects into consideration. 
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Several studies have incorporated one or two non-idealities to the membrane models 

to allow better predictions. 

However, few attempts have been made to investigate the significance of non-ideal 

effects on module performance (Hosseini et al., 2015a; 2015b). Experimental studies 

have shown that considerable pressure changes can occur in narrow channels and 

fibres of spiral-wound and hollow-fibre modules (Pan, 1983). Therefore, the most 

widely considered non-ideality in membrane modelling studies is pressure variations in 

the fibres due to permeation. The Hagen-Poiseuille equation, which is shown to be 

applicable for the pore size range of hollow fibres, is consistently used to describe the 

pressure build-up in the fibres (Berman, 1953; Pan, 1983). However, including this 

additional equation increases model complexity, and computation time and effort 

required for the solution. In addition, module and fibre characteristics are required to 

predict pressure variations, but may not be available at the conceptual design stage.  

Other non-idealities affecting membrane performance that have been considered in 

membrane modelling studies include: real gas behaviour (Coker et al., 1998; Marriott et 

al., 2001; Hosseini et al., 2015b), concentration polarisation (Sidhoum et al., 1988; 

Feng et al., 1999), Joule–Thompson effects, i.e. temperature change due to 

permeation from high-pressure side of the membrane to low-pressure side (Coker et al., 

1998; Marriott et al., 2001), temperature, pressure and concentration-dependent 

permeability (Sidhoum et al., 1988; Thundyil and Koros, 1997) and viscosity (Kaldis et 

al., 2000; Hosseini et al., 2015b), and non-ideal mixing effects (Marriott, 2001). 

Detailed theoretical analysis of the individual effects of these non-idealities on module 

performance can be found in Hosseini et al. (2015b). It is important to note that all of 

the models mentioned above reduce to the same formulation when the non-ideal 

effects are eliminated. 

Modelling of gas transport through a membrane: All of the membrane models 

mentioned in this section use the solution-diffusion model (see Section 2.6.2) to 

describe the flux through the membrane except for the Chern et al. (1985) who use the 

dual-sorption model. If required, however, different transport models can be 

incorporated into the membrane model. 

Solution strategies: Membrane models comprise non-linear differential and 

algebraic equations (DAEs). The complexity of the model equations depends on factors 

such as the number of components in the feed, the flow pattern, and the absence or 

presence of non-idealities. The methods proposed to solve the membrane model 

equations can be divided into two main groups: approximate and exact solution 

methods.  
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Exact solutions of membrane models require computationally intensive numerical 

methods, such as the Runge–Kutta method. Therefore, several approximate solution 

methods, also referred to as approximate models, that are less computationally 

demanding, have been proposed to allow the rapid solution of models during the early 

stages of design. Under certain simplifying assumptions, the differential equations can 

be transformed into non-linear algebraic equations. Assumptions commonly made in 

the literature include constant separation factor (Naylor and Backer, 1955), constant 

component partial pressure in the permeate stream (Rautenbach and Dahm, 1986; 

Smith et al., 1996) or linear or quadratic variation of the permeate composition with 

feed composition (Krovvidi et al., 1992). 

In highly simplified cases, the model equations yield to analytical expressions, 

which can be solved easily (Smith et al., 1996; Coker et al., 1998). In more complex 

cases, the set of non-linear algebraic equations can be solved with Newton-type 

methods (Boucif et al., 1984; 1986). Approximate solutions, being relatively 

straightforward and computationally inexpensive, can be extremely useful for quick 

screening of design alternatives or for providing initial estimates for exact solutions. 

However, they have been shown to be in good agreement with more sophisticated 

solution strategies in a limited range of operating conditions and selectivities. For 

example, Boucif et al. (1984) reported that their approximate solution based on series 

approximation performed well only at stage cuts below 0.3. Similarly, Rao et al. (1994) 

found that their approximate solution for multicomponent mixtures, assuming quadratic 

variation of the driving force, was only valid at low stage cuts. Moreover, these 

approaches often cannot be extended to multicomponent mixtures and flow patterns of 

industrial membrane processes. An excellent review of earlier work in this field can be 

found in Kovvali et al. (1994). 

 In the absence of analytical solutions, exact solutions can be developed by 

integrating the differential equations using suitable numerical methods. The model 

equations seldom form initial value problems (IVP) that are easy to solve numerically. 

For example, in the case of negligible pressure drop on both sides of the membrane, 

the equations used to describe the crossflow and cocurrent flow yield an initial value 

problem that can be solved directly by integrating the differential equations using an 

appropriate numerical method. Some examples of numerical methods used to solve 

non-linear differential equations of IVPs are 4th-order Runge–Kutta (Pan, 1983; 1986; 

Feng et al., 1999), Runge–Kutta–Gill (Shindo et al., 1985) and Adam Molton’s method 

(Chowdhury et al., 2005; Kundu et al., 2012; 2013). 

However, the countercurrent model and the models considering pressure drop and 

non-idealities form two-point boundary value problems (BVP) i.e. a set of differential 
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equations with constraints at the boundaries. The solution of boundary value problems 

is complex and computationally demanding. Two main approaches have been used to 

solve boundary value membrane models. Earlier studies use a trial-and-error method 

(so-called shooting method) (Pan, 1983; 1986), this method reduces the BVP to an IVP 

by eliminating boundary conditions and solves the IVP iteratively until satisfying the 

conditions at the boundaries. For example, Pan (1983; 1986) describes a solution 

method for boundary value countercurrent flow problems where the trial-and-error 

procedure starts with guessing the permeate pressure and solving the BVP as an IVP 

to estimate the stream compositions and flows. Then, the permeate pressure is 

updated by using the calculated flow and composition profiles. Iteration continues until 

the convergence criteria for permeate pressure are met. The trial-and-error procedure 

can be automated by employing a numerical method such as Powell’s nonlinear 

optimisation (Shindo et al., 1985) or the Secant method (Chowdhury et al., 2005).  

Drawbacks of shooting methods include their high sensitivity to the initial guess for 

the unspecified boundary conditions, convergence problems due to stiff equations 

(Tessendorf et al., 1999) and instability at high recoveries (Coker et al., 1998). 

Moreover, non-ideal effects, such as temperature and pressure dependent permeability, 

are not easily incorporated into the model when using a shooting method. 

An alternate approach is to use more sophisticated methods such as the finite 

difference method (Chern et al., 1985; Sidhoum et al., 1988; Thundyil and Koros, 1997; 

Coker et al., 1998; Makaruk and Harasek, 2009; Binns et al., 2016), and the orthogonal 

collocation method (Tessendorf et al., 1999; Kaldis et al., 2000; Marriott, 2001) to 

tackle BVPs directly. All of these methods discretize the domain (e.g. membrane area) 

into a number of equal intervals, over which individual balances can be written as non-

linear algebraic equations. Thus the overall model yields a set of non-linear algebraic 

equivalents of differential equations that can be conveniently solved with a Newton-

type method (Tessendorf et al., 1999). The accuracy of these methods depends 

strongly on the number of intervals. Compared with the finite difference method, the 

orthogonal collocation method provides equally accurate solutions with fewer algebraic 

equations, reducing the computational time (Marriott et al., 2001). In addition, fine-

tuning of the model equations to incorporate non-idealities is much easier than 

shooting methods when using finite differences and orthogonal collocations (Thundyil 

and Koros, 1997). 

2.8 Hybrid membrane–distillation systems 

Lipnizki et al. (1999) define a hybrid process as “a process package consisting of 

generally different unit operations, which are interlinked and optimised to achieve a 
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predefined task”. The increasing application of membranes in industry and recent 

enhancements in materials triggered considerable interest in the hybrid membrane–

distillation processes (Harvianto et al., 2016). Several studies have shown that the 

combination of membrane and distillation is often superior to individual processes 

(Skiborowski et al., 2014), suggesting that hybrid arrangement can play an important 

role for energy minimisation and capital and/or operating cost reductions.  

Hybrid membrane–distillation arrangements are found to be beneficial especially for 

separation of azeotropic and close-boiling mixtures (Babi and Gani, 2014). So what 

accounts for the superiority of the hybrid process? Why do they have lower operating 

and investment costs, and/or have higher yield and energy efficiency than single-

technology options? The answer is that co-operation of the two separation methods 

that are based on different physical principles widens the operating window of the 

individual units, enabling the use of each unit operation in the region where they are 

more effective (Pressly and Ng, 1998; Lutze and Gorak, 2013). Some other attractive 

features of hybrid arrangements are (Matsukata et al., 2011): 1. High-performance 

membranes may not be required; a process can be tailored to fit best with the 

properties of existing membranes; 2. The membrane unit can be easily integrated with 

an existing distillation column; 3. Membrane technology is relatively immature; 

therefore the performance of hybrid processes could be further enhanced when 

membranes with better properties become available.  

Despite these potential benefits, there have been few industrial applications of 

hybrid membrane–distillation systems, primarily owing to the lack of reliable membrane 

materials with long-term stability (Kreis and Górak, 2006) and with high selectivity 

(Servel et al., 2014). Nevertheless, the scientific community argues that hybrids are 

very likely to gain escalating industrial significance in the future (Kreis and Górak, 

2006; Servel et al., 2014). The complexity of the design of hybrid systems is another 

factor that impedes industrial implementation (Skiborowski et al., 2014). The design 

space extends dramatically compared to stand-alone process, given several new 

degrees of freedom (e.g. a large number of possible membrane locations along the 

column). 

Four hybrid configurations are focused on in the literature; these are shown in 

Figure 2.12. Although the literature presents a variety of design heuristics, models and 

methodologies with different levels of sophistication, the optimum flowsheet structure 

and operating conditions largely depends on process-specific factors. Therefore, in 

order to design and investigate hybrid membrane–distillation processes that are 

appropriate to a specific case, a novel evaluation framework and analysis is essential 

(Lipnizki et al., 1999). 
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This section describes the main membrane–distillation process configurations and 

presents a thorough review of the literature on air separation with hybrid membrane–

distillation process. Later, methodologies that have been applied for design, evaluation 

and analysis of hybrid processes, including studies on industrial processes other than 

air separation, are critically reviewed. 

2.8.1 Hybrid membrane–distillation configurations 

Membrane and distillation units can be combined in numerous ways. Figure 2.12 

represents the main hybrid configurations, which are named according to the relative 

position of the membrane—sequential, top, bottom and parallel configurations—

(Stephan et al., 1995; Pettersen et al., 1996). 

As shown in Figure 2.12(a), the membrane unit is placed before the distillation in 

the ‘sequential’ hybrid process. Enriched retentate and permeate streams are fed to the 

column for final purification. In the ‘top’ configuration shown in Figure 2.12(b) the 

membrane is located at the top of the column. The overhead product feeds the 

membrane that carries out the final product purification. In this case, if the membrane 

selectively permeates the more volatile component, the retentate stream is routed back 

to the column; otherwise the permeate stream is routed back to the column or 

discarded as waste. The membrane can also be placed at the bottom of the column, as 

in Figure 2.12(c), where membrane separation is the final polishing step in which the 

desired bottom product purity is achieved. As in the top configuration, depending on the 

membrane relative permeabilities, the retentate or permeate stream is recycled back to 

the column. Lastly, in the ‘parallel’ configuration, Figure 2.12(d), a side-stream from the 

column feeds the membrane unit and the retentate and permeate streams are returned 

to appropriate locations in the column. 

 

Figure 2.12 Hybrid membrane–distillation configurations: (a) sequential; (b) top; (c) 
bottom; and (d) parallel configurations (adopted from Etoumi, 2014). 

a) Sequential b) Top c) Bottom d) Parallel
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2.8.2 Studies on hybrid membrane–distillation air separation 
processes 

There has been limited research in the open literature on the application of hybrid 

membrane–cryogenic distillation systems to air separation. These studies can be 

classified into two principal groups depending on whether the ASU configurations 

considered in the study co-produce argon or not. The hybrid process configurations 

investigated and key findings in the relevant patents and research papers are 

summarised in Table 2.3 and Table 2.4 for those co-producing argon and for those only 

producing oxygen and nitrogen, respectively. 

The majority of the studies, especially those focusing on argon production, are 

patented. Air Products developed of a number of hybrid processes using this concept 

(Agrawal et al., 1989; Agrawal et al., 1990; Thorogood et al., 1991; Chen and Cook, 

1991), and Praxair Technology, Inc., extended one of these processes (Prasad and 

Bonaquist, 1996). Among these studies, only Thorogood et al. (1991) considered an air 

separation cycle that produces only nitrogen, i.e. a nitrogen generator, while the rest of 

the studies explored oxygen-producing ASU configurations. Studies on argon 

production cycles (Agrawal et al., 1989; Agrawal et al., 1990; Chen and Cook, 1991; 

Prasad and Bonaquist, 1996) exclusively investigated the ‘top’ hybrid arrangement. 

Gaseous or liquid argon from the top is passed through a membrane unit to produce an 

argon-rich retentate. The vapour-phase distillate, i.e. the membrane feed, is 

compressed before being heated or cooled to the membrane operating temperature. 

While the focus of earlier studies (Agrawal et al., 1989; Agrawal et al., 1990; Chen and 

Cook, 1991) lies mainly on increasing argon recovery and purity at the same time, the 

most recent study (Prasad and Bonaquist, 1996) investigated possible reductions in 

number of stages in the CAC, translating to height of the column. 

Two types of membrane materials were considered: polysulphone polymeric 

membranes, which were then the state-of-the-art materials, and novel ceramic solid 

electrode membranes (SEM). Process configurations for the two types of membranes 

considered vary only by the presence or absence of a heater before the membrane 

(when SEMs are used) and a permeate recycle stream from the membrane to the 

column (when polymeric membranes are used). When polymeric membranes are used, 

higher argon purity and recovery are realised compared to a standalone distillation. 

Therefore, the hybrid arrangement can bring a slight economic advantage, (the extent 

of which depends on the final argon purity (98–99%); as a smaller deoxo purification 

unit is required to achieve desired argon purity. A common view that has been reached 

through the studies with polymeric membranes is that greater cost savings could be 

realised with the development of membranes with higher fluxes and selectivities. 
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On the other hand, a hybrid process using a solid electrode membrane is able to 

completely eliminate the downstream purification (e.g. deoxo process). This is because 

the SEMs only permeate oxygen (if operated at temperatures about 800 °C); therefore 

they produce argon-rich retentate with oxygen levels less than 1 ppm. Oxygen-free 

retentate cooled and distilled in pure argon column to remove nitrogen. Chen and Cook 

(1991) reported that a hybrid process with a SEM that is used for a grassroots design 

leads to more than 10% capital cost savings compared to the traditional ASU with 

deoxo purification. 

However, it has to be emphasized here that since the development of structured 

packings, deoxo units are rarely employed for argon purification in ASUs producing 

argon and there is no evidence to support the cost-effectiveness of the top hybrid 

arrangement with SEM compared to distillation-only. Further research is required 

therefore to assess the potential benefits in the current context. 

Not long after structured packings came into use, Praxair Technology Inc. further 

improved the SEM–cryogenic distillation hybrid (Prasad and Bonaquist, 1996). The 

column height, which can be problematic when packed columns are used, as explained 

in Section 2.3.3, is reduced by carrying out the argon polishing step in a SEM with a 

small area. These authors, however, did not provide quantitative cost or energy 

comparisons for the hybrid and benchmark processes. Air Products also patented a 

hybrid process in order to co-produce low purity argon (around 80–85 mol%) from a 

single-column nitrogen generator that normally does not produce argon (Thorogood et 

al., 1991). An air feed, mixed with the oxygen-enriched bottom product of the column, 

fed a two-stage polymeric membrane unit to remove the oxygen from the process. An 

argon-enriched stream from an intermediate stage of the main column is sent to a side-

stripper. Membranes that were available in 1991 were not sufficiently selective to yield 

argon purities in excess of 80% without increasing the power requirements relative to 

that of the benchmark process. 

Hybrid air separation processes that do not produce argon have also been 

addressed in several patents and research papers, as seen in Table 2.4. Two more 

patents were issued for a membrane-assisted single-column nitrogen generator 

(Agrawal and Auvil, 1986; Soffer and Gilron, 1994). The membrane unit is integrated 

into the cycle, in order to increase the nitrogen recovery above the practical limit of 

64%. Nitrogen is lost via the oxygen-enriched bottom product, thus a membrane is 

placed at the bottom of the column, i.e. bottom hybrid configuration. The 1986-hybrid 

process, which integrates polymeric membranes, successfully increased the recovery 

(about 87% of the nitrogen in the inlet air) at lower power consumption than the 

cryogenic process alone. 
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The 1994-hybrid process replaced the polymeric membranes with low-temperature 

CMS membranes—so-called ‘cryomembranes’—developed by the authors themselves 

and resulted in further energy and capital cost savings. More recently, research has 

examined the potential benefits of a sequential configuration with polymeric 

membranes in ASUs producing oxygen and nitrogen (without co-generation of argon). 

An initial study on a sequential hybrid process (Wankat and Kostroski, 2011) concluded 

that there is a need for membranes with superior selectivity and permeability to make a 

hybrid process capital and operating cost competitive with cryogenic distillation. 

Interestingly, subsequent studies, which focused on ASUs that are integrated with 

oxy-fuel and oxy-combustion, have reached contradictory results (Burdyny and 

Struchtrup, 2010; Berdowska and Skorek-Osikowska, 2012; Skorek-Osikowska et al., 

2015; Janusz-Szymańska and Dryjańska, 2015).  All of these studies arrived at similar 

conclusions; the hybrid promises considerable energy (about 12–14%) and capital cost 

reductions compared to atmospheric air supplied ASU. However, the findings from 

these studies should be interpreted with caution as they use vacuum pumping to create 

the driving force for the membrane. Vacuum pumping is preferred to feed compression 

because it uses significantly less energy (Burdyny and Struchtrup, 2010). However, at 

the same time, this arrangement, having a low feed pressure than the feed 

compression, requires considerably higher membrane area and therefore has practical 

limitations. For example, Skorek-Osikowska et al. (2015) report that 1.76 million m2 

membrane area is required for the hybrid process: such large area requirements are 

rarely encountered in membrane settings, especially for gas separation. Nevertheless, 

overall the literature discussed above shows that hybrid membrane–cryogenic 

distillation is a good alternative for argon production from air, as it requires less energy 

and/or capital costs than conventional distillation. Unfortunately, no information has 

been found in the literature about whether these patented hybrid arrangements have 

been applied in the pilot- or large-scale settings. 

The studies applying hybrid membrane–distillation systems for argon production fail 

to provide information about the models and methodologies used for the analysis of the 

hybrid system. The majority of the studies merely state the benefits of the hybrid 

arrangement, together with the findings from one or two simulation-based case studies 

to provide evidence. Some more recent studies on hybrid processes focusing on ASUs 

(without argon co-production); Soffer and Gilron (1994) and Burdyny and Struchtrup 

(2010) assess the feasibility of hybrid air separation units merely by comparative 

thermodynamic analyses. In sequential hybrid studies (e.g. Burdyny and Struchtrup, 

2010 and Wankat and Kostroski, 2011) the membrane is decoupled from the ASU. 

However, as the units in an ASU are tightly integrated, any changes in process 
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structure or feed stream might change optimum operating conditions or require some 

further modifications to ensure energy-efficient operation of a hybrid ASU. Yet, the 

possible impact of enriched air on the energy integration scheme of ASU in those 

studies is not captured due to the decoupling of the ASU. 

2.9 Research questions 

The literature review has demonstrated that using hybrid membrane–distillation 

systems for argon production from air could potentially be a good approach to reduce 

the energy requirements and/or capital costs of argon production. Although research 

points out the benefits of the membrane-assisted air separation units, it fails to answer 

the following important questions: 

1. Previous studies only explored a ‘top’ hybrid arrangement and do not provide a 

comprehensive analysis of the benefits and limitations of different hybrid arrangements. 

It is known that there is an optimal membrane position for given process specifications, 

needs and economics. Where is the best location for the membrane relative to the 

distillation column for the maximum cost/yield benefit?  

2. Investigations on membrane-assisted argon production aim to increase argon 

throughput and purity at the same time. This focus stems from the historical limitations 

of sieve-trayed columns, meaning it was only possible to produce oxygen-free argon at 

the expense of considerable argon recovery loss. Consequently, the industry was 

seeking ways to produce higher purity argon from a crude argon column by exploiting 

hybrid arrangements, in order to eliminate cost-intensive downstream purification units, 

i.e. the deoxo process. As a result of this, the economic feasibility of hybrid processes 

was evaluated considering the deoxo process. Hence, there is a need to understand 

the benefits of hybrid systems compared to new ASUs utilising packed-columns for 

argon production where the deoxo process is not utilised. Is the hybrid arrangement 

competitive in terms of energy and yield for ASUs with packed crude argon columns?  

3. The impact of operating conditions—e.g. membrane feed and permeate 

pressure, stage cut and feed flow rate—on the performance of the hybrid process has 

not been thoroughly investigated. How sensitive is the performance of the hybrid 

process to its operating conditions? What are the optimal operating conditions for 

energy- and/or cost-efficient operation? 

4. Past studies did not attempt to screen available or novel membrane materials 

for oxygen–argon separation. Only polymeric membranes and SEMs were tested, 

overlooking some promising membrane materials such as low-temperature carbon 

molecular sieves. In addition, new materials have been developed and the 

performances of existing materials have been improved since the publication of these 
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studies. Which of current materials are suitable for the hybrid? What are the merits and 

limitations of such materials if used for membrane-assisted distillation for argon 

production from air? 

5. Developments in membrane materials are expected to continue as 

demonstrated in Section 2.6.1.2. With the materials available today, hybrid processes 

may or may not be economically competitive with the benchmark process; however, 

better membranes are very likely to become available in the future. Therefore, it might 

be useful to identify the targets for membrane properties (i.e. selectivity, permeability or 

operating temperature) to guide future research and development on membrane 

materials. What could potentially be achieved with hybrid systems for future membrane 

scenarios? What may be expected regarding the future scenario for hybrid processes? 

What are the desired targets for membrane properties for membranes used in hybrid 

systems?  

6. The membrane unit and related auxiliary equipment (e.g. heat exchangers) 

might be included in the heat integration scheme of ASU for more energy-efficient 

operation. If such heat integration is possible, how is the integration of auxiliary 

equipment (e.g. heat exchangers) with the ASU best accomplished? 

7. What generic lessons can be learned from this study about low-temperature 

membrane–distillation hybrid systems for close-boiling mixtures? Can this knowledge 

and understanding gained by using the models and methods be used to inform 

development and optimisation of hybrid arrangement to other units of ASUs (e.g. the 

double-distillation column system) and other difficult low-temperature separations?  

 The present study aims to answer the above research questions in a systematic 

way through mathematical modelling and simulation. To fulfil the aim, a robust and 

reliable modelling methodology that is suitable for the processes producing argon via 

cryogenic air separation, need to be developed. A brief overview of the models and 

methodologies used in the literature to design and analyse hybrid membrane–

distillation system is presented in the following section. 

2.10 Design and optimisation of hybrid membrane–distillation 
 systems 

Design methods for hybrid membrane–distillation systems can be broadly divided 

into two categories: simulation-based and optimisation-based approaches. The review 

herein is confined to studies where a pervaporation, vapour or gas permeation 

membrane assists the distillation. Different shortcut, rigorous or rate-based (i.e. 

equilibrium and non-equilibrium) distillation and membrane process models are used in 

these studies. 
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The pioneering studies to systematically evaluate the performance of membrane-

aided distillation processes applied shortcut distillation methods (Moganti et al., 1994; 

Stephan et al., 1995; Pettersen et al., 1996). The models were restricted to binary 

mixtures—close-boiling propane–propylene was used as the model system. For 

example, Moganti et al. (1994) used Smoker’s equation (an analytical formula to 

estimate the number of theoretical stages in the column for binary systems) and a 

“minimum area method”, which was developed by the authors themselves, to estimate 

the minimum number of trays required in the membrane-assisted column and to find 

the optimal tray for the membrane feed stream in parallel hybrid configuration. Stephan 

et al. (1995), complementing the work of Moganti et al. (1994), investigated other 

configurations than the parallel arrangement and a used McCabe–Thiele-based 

approach to calculate the number of stages in the column. Pettersen et al. (1996) 

adopted the same methodology in order to identify general trends that may provide 

useful insights into the hybrid membrane–distillation systems. 

All of these studies used a sequential approach, where the membrane unit is first 

solved before the column design is carried out for the main feed and side-feed streams 

from the membrane using the shortcut methods mentioned above. A theoretical 

comparison of the top, bottom and parallel configurations showed that the parallel 

hybrid process outperforms the other configurations, as it requires the lowest 

compression power and smallest membrane area. 

Later, more sophisticated shortcut methods such as the rectification body method 

(RBM) that can be applied to non-ideal mixtures with any number of components 

(Bausa and Marquardt, 2000) or a thermodynamically-based “power-of-separation” 

shortcut method that can predict the minimum work demand of the column based the 

change in exergy of the process (Ayotte-Sauvé et al., 2010), are used for analysis and 

optimisation of membrane-assisted distillation systems. 

Simulation-based hybrid studies (e.g. Buchaly et al., 2007; Verhoef et al., 2008; 

Benali and Aydin, 2010; Motelica et al., 2012; Ploegmakers et al., 2013; Servel et al., 

2014) are conducted using rigorous models available in commercial simulators (e.g. 

Aspen Plus, UniSim.Design and CHEMCAD). Hybrid alternatives are considered 

independently and analysed by repetitive simulation runs; promising alternatives were 

then manually optimised. For example, Benali and Aydin (2010) performed a rigorous 

simulation study on CHEMCAD to evaluate the technical feasibility of a number of 

hybrid process configurations for propane-propylene and ethane-ethylene separation.  

Motelica et al. (2012) and Ploegmakers et al. (2013) conducted an economic 

evaluation of retrofitted hybrid membrane–distillation systems using rigorous models 

and utilised discrete optimisation (i.e. optimisation by evaluating all combinations) to 
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find the optimum stage position and operating parameters such as stage cut, 

membrane permeability and selectivity (Motelica et al., 2012), permeate pressure and 

membrane area (Ploegmakers et al., 2013). Recently, Harvianto et al. (2016) utilised a 

more systematic optimisation approach for the parametric optimisation of vapour 

permeation–distillation hybrid systems. Hybrid alternatives are developed in Aspen 

Plus and key operational parameters are optimised using response surface 

methodology (RSM), a simplified (regressed) model, with an economic objective 

function. 

Optimisation-based conceptual design methods involve simultaneous determination 

of the optimal hybrid configuration (i.e. interconnectivity of the distillation and 

membrane units), distillation and membrane unit design and operating conditions. 

Typically, total annualized cost or total operating cost of the process is chosen as the 

objective function. Hybrid superstructures that incorporate all possible alternatives are 

used in order to formulate mathematical optimisation problems. Kookos (2003) was the 

first to attempt superstructure optimisation of top, bottom and parallel hybrid 

arrangements for separation of a close-boiling propane-propylene mixture. A 

superstructure representation of rigorous distillation columns—which is developed by 

Viswanathan and Grossmann (1990)—is extended to account for alternative hybrid 

process structures to allow simultaneous optimisation of operating parameters and 

structure of the hybrid process. The resulting MINLP (mixed integer non-linear 

programming) problem is solved using a discrete and continuous optimisation 

(DICOPT) solver in GAMS. 

In the following years, several published studies used similar methods for hybrid 

process design based on MINLP or NLP (non-linear programming) optimisation. In 

these studies, the superstructures that are implemented in commercial software such 

as GAMS, Matlab and Aspen Custom Modeller are solved using different MINLP 

optimisation solvers. For example, Barakat and Sørensen (2008) coded the mixed-

integer optimisation problem of batch and continuous pervaporation–distillation system 

in C++ and used a genetic algorithm for the solution of the MINLP. Skiborowski et al. 

(2014), on the other hand, applied the deterministic SNOPT solver in GAMS for 

superstructure optimisation of membrane-assisted distillation processes. More recently, 

Etoumi et al. (2014) presented an optimisation-based approach for the design of heat-

integrated hybrid membrane–distillation systems for ethane-ethylene separation. A 

superstructure using the Fenske-Underwood-Gilliland shortcut method for distillation is 

constructed and resulting nonlinear programming problem is solved in MATLAB using a 

deterministic gradient-free ‘pattern search’ method. More detailed superstructures 

based on non-equilibrium distillation models are also used (e.g., Koch et al., 2013; 
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Skiborowski et al., 2014). Some studies also included the optimal design of the 

membrane network in the optimisation problem: Lelkes et al. (2000) and Szitkai et al. 

(2002) proposed MINLP-based methods for the optimal design of a top hybrid 

configuration with vapour permeation membrane network. 

A few attempts have been made to systematically address the conceptual and 

detailed design of hybrid processes. Marquardt et al. (2008) proposed stepwise design 

procedures, starting with shortcut evaluation of hybrid alternatives, followed by rigorous 

optimisation of a few promising alternatives to identify the best structure as well as the 

operating conditions. Similarly, Caballero et al. (2009) used the Underwood method for 

shortcut evaluation of hybrid alternatives and then performed superstructure 

optimisation of the parallel hybrid process via UniSim.Design. The process simulator is 

interfaced with MATLAB, and the TOMLAB optimisation environment is used for 

superstructure optimisation. In addition, the work by Caballero et al. (2009) is the only 

attempt identified that implements the hybrid superstructure in a commercial process 

simulator using the built-in rigorous distillation model. 

Several membrane models with different levels of complexity are used in the 

studies described above. In general, earlier studies used simple perfect mixing models 

(e.g., Moganti et al., 1994; Stephan et al., 1995), whereas later studies used more 

detailed countercurrent (e.g., Kookos, 2003) and crossflow (e.g., Caballero et al., 2009; 

Benali and Aydin, 2010; Etoumi et al., 2014) membrane models. The models typically 

deal with binary mixtures and pressure variations in the membrane are assumed to be 

negligible. Because commercial simulators do not have built-in membrane models, 

studies conducted using process simulators employed different approaches to 

implement customised membrane models. Models are coded in MATLAB, Excel VBA 

and Fortran and implemented in or linked to process simulators such as Aspen Plus, 

Aspen Hysys, CHEMCAD and UniSim.Design to facilitate simulation or optimisation of 

hybrid membrane–distillation systems. 

Each of the design methods discussed above has its advantages and limits that 

make it suited for certain stages of process design. Shortcut methods are useful for 

initial ranking of hybrid alternatives as they are substantially faster and numerically 

more robust compared to rigorous models (Bausa and Marquardt, 2000; Marquardt et 

al., 2008) but they are mostly only applicable to binary mixtures and often more 

detailed models are required for the accurate process and equipment design. 

Optimisation-based approaches using rigorous models, on the other hand, promise 

more accurate and detailed results; however the construction of a superstructure is 

very time consuming and the solution of the resulting MINLP is often computationally 

challenging, given the size and the complexity of the problem (Ayotte-Sauvé et al., 
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2010). Simulation-based design using commercial process simulators is the most 

widely used approach in industry and academia (Marquardt et al., 2008). Detailed 

process models and reliable thermodynamic models and property databases are 

readily available in the process simulators, allowing rapid and convenient modelling 

and analysis of chemical processes. Despite these advantages, screening of a large 

number of design alternatives by simulation can be tedious and time consuming 

(Marquardt et al., 2008). In addition, when units are designed sequentially, the most 

promising candidates could be easily missed. 

In the above studies, hybrid systems are designed and analysed for two main 

purposes. Gas permeation studies investigated the benefits of hybrid membrane–

distillation systems for the separation of close-boiling mixtures, especially low-boiling 

mixtures such as ethane-ethylene and propane-propylene. Such systems are highly 

energy intensive, thus the objective was usually to minimise the utility cost. A general 

conclusion from the above studies is that the parallel arrangement is often superior to 

other configurations in terms of operating and capital cost (e.g., Stephan et al.,1995; 

Motelica et al., 2012; Etoumi et al., 2014). For example, Kookos (2003) showed that 

the parallel hybrid has a 17.1% lower total annual cost, compared to standalone 

distillation. Caballero et al. (2009) similarly reported that it is possible to save about 

20% of the total annualised cost by coupling an existing column in parallel with a 

membrane. Another common finding of these studies was that the optimal position of 

the membrane feed stream (i.e. the column side-draw) is near the column feed stage 

for the parallel configuration (Stephan et al., 1995; Kookos, 2003; Caballero et al., 

2009; Motelica et al., 2012). In contrast, pervaporation– and vapour permeation–

distillation studies mostly investigated the ‘top’ hybrid configuration aiming to break the 

thermodynamic limitations (i.e. the azeotrope) in separation systems used for de-

watering of alcohols such as ethanol (Szitkai et al., 2002; Skiborowski et al., 2014) and 

isopropanol (Harvianto et al., 2016). 

A major challenge in the design, analysis and optimisation of hybrid membrane–

distillation ASUs relates to the complexity of the process. The complexity of hybrid 

processes (comprising a single column and a membrane unit) and difficulty of the 

design task is acknowledged by many (e.g. Kreis and Górak, 2006; Skiborowski et al., 

2014). Cryogenic air separation itself is already a highly complex process due to strong 

material and energy interactions, including the thermal coupling between the units. 

Integrating a membrane unit to an ASU adds to its complexity—considering additional 

recycle streams—and thus to the difficulty of the design and analysis of the process. 

Moreover, such interactions between the units demand simultaneous determination of 
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the optimal process configuration, its design and operating conditions for a fair 

comparison of hybrid variants. 

Approaches for designing membrane-assisted distillation systems are summarised 

above. Shortcut methods, despite their useful features, do not provide a distinctive 

understanding of the process and they are not easily extended to represent complex 

column configurations such as double-effect distillation. Superstructures based on 

rigorous models can be built for membrane-assisted ASUs. Yet given the size and the 

complexity of the problem, this alternative approach would be tedious and finding the 

solution of resultant MINLP would not be trivial. For these reasons, it was decided to 

select the simulation-based approach using rigorous process models in commercial 

simulators. 

Many commercial chemical process simulators are available today offering a wide 

range of rigorous process models as well as physical property methods. It is important 

to select appropriate software suited for the specific needs of the process of interest. 

Among the modular-based simulators that the University of Manchester has a license 

for, Aspen Plus is the only software that allows the creation of user-supplied models 

(e.g. custom membrane models) without requiring external software to facilitate the 

implementation in an Aspen Plus library. It is compatible with the Fortran programming 

language and allows users to customise built-in models or add new models through 

inserting in-line Fortran statements or external subroutines into flowsheet computations. 

In addition, Aspen Plus has a built-in optimisation tool; this feature is essential for the 

simulation and optimisation of processes with a large number of operational constraints 

(e.g. thermal coupling) such as cryogenic air separation, as will be demonstrated later.  

Accordingly, Aspen Plus is chosen as the process simulator for the present research. 

The following section, Section 2.11, describes the methods to implement membrane 

models in Aspen Plus to allow simulation of hybrid process flowsheets. 

2.11  Implementation of membrane models in Aspen Plus 

In this study, the performance of membrane separations and hybrid flowsheets are 

evaluated by performing rigorous simulations in Aspen Plus. However, neither Aspen 

Plus nor other process simulators available today possess built-in models of membrane 

modules. Still, there are several ways to implement custom models to commercial 

process simulators. Methods employed in the open literature to incorporate membrane 

process models into Aspen Plus are described in detail below. 

Rautenbach et al. (1996) were the first to demonstrate that a membrane module 

can be implemented in Aspen Plus as a user-defined unit. The user-defined unit is 

connected to a Fortran subroutine that consists of the model equations and numerical 
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solution method. Three case studies were conducted to demonstrate various 

applications of the custom membrane model. More importantly, a hybrid 

pervaporation–distillation process was simulated, which showed that rigorous 

simulation of the membrane process together with a built-in process model (e.g. 

distillation) already available in Aspen Plus is possible. Chowdhury et al. (2005) used 

the same approach to incorporate Pan (1983)’s widely-used membrane model to 

Aspen Plus. The author has formulated the model differently and developed a new 

numerical approach for easy incorporation into Aspen Plus. 

Verhoef et al. (2008) adopted an alternative method: a pervaporation membrane is 

coded in the Visual Basic for Applications (VBA) programming language in Excel and 

then linked to Aspen Plus to simulate an industrially relevant hybrid pervaporation–

distillation process. It is also possible to perform user-defined calculations in a Excel 

spreadsheet without using VBA (AspenTech, 2012). Cao and Mujtaba (2015) employed 

this approach to study a vacuum membrane distillation process. Excel user models are 

quicker to implement and therefore very useful for initial testing of new models. 

However, Excel unit operation models do not give the user full control over the data 

that is transferred back and forth between Aspen and Excel (AspenTech, 2012). 

Alternatively, it is possible to use custom membrane models in MATLAB within 

Aspen Plus (Fontalvo, 2014), using Excel as an interface between Aspen Plus and 

MATLAB. Sufficient information on how to achieve efficient data exchange between the 

software was not provided by the authors. Moreover, such data exchange between 

three different platforms might be computationally cumbersome especially when 

modelling complex flowsheets including the custom model. Because of its advantages 

over the other approaches described above, this study uses the Aspen Plus-Fortran 

user-defined unit model to allow modelling of membrane separations. 

In conclusion, this chapter has provided relevant background information on argon 

production from air by cryogenic distillation and membrane separations of oxygen–

argon mixtures and attempted to identify gaps in the literature on hybrid membrane–

cryogenic distillation processes for argon separation. This thesis aims to address the 

shortcomings of the previous work by performing systematic analysis and optimisation 

of novel hybrid membrane–distillation processes through the use of mathematical 

models in order to identify the potential of hybrid flowsheets as an alternative to 

conventional ASUs. Next, in Chapter 3, we introduce the methodology for the modelling 

of membrane separations of oxygen–argon mixtures. 
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3 MODELLING OF MEMBRANE 

SEPARATION OF AIR 

3.1 Introduction 

One of the objectives of this study is to design, simulate and evaluate membrane 

processes for air separation, in particular, oxygen–argon separation. When developing 

a membrane separation process, several design issues need to be considered. As 

discussed in Section 2.6.1.1, the first stage of the design is the selection of the 

membrane material. Following material selection, the type of membrane module (i.e. 

hollow-fibre, spiral-wound), the flow configuration, and the operating conditions should 

be selected. At this stage, detailed membrane models come into play. These models 

are based on the fundamental understanding of mass transport in the membrane and 

are used to explore the design options quantitatively. 

This chapter starts with a critical assessment and selection of the promising 

candidate membrane materials based on their maturity and separation properties. The 

remainder of the chapter introduces the methodology adopted for modelling membrane 

separations. First, the model assumptions and governing model equations are 

presented in detail. Following this, several solution methods to solve membrane model 

equations are presented and compared in terms of computational efficiency and 

stability for the flow configurations considered in the present study. Later, the adequacy 

of the models for describing the module behaviour is tested by comparing the model 

predictions with previously published experimental results. After that, the procedure of 

implementing the selected model in Aspen Plus is demonstrated. Finally, using the 

developed model, sensitivity analysis is performed to identify the effects of different 

parameters on the performance of membrane separations of oxygen–argon mixture. 
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3.2 Choice of membrane materials 

One of the key objectives of this research is the selection of promising membrane 

materials for oxygen–argon separation. As presented in Section 2.6.1.1, an extensive 

literature search (including the patent literature) has been carried out to identify 

materials that have been previously tested for the mixture of interest. Materials with any 

levels of technical maturity, including novel materials, were considered as long as 

sufficient data on membrane properties were readily available. A detailed list of 

membrane materials and relevant properties are provided in Table A–1 in Appendix A. 

Reported selectivity and permeability, operating temperature and technical maturity 

of the membrane materials were taken into consideration when assessing their 

potential for use in the membrane-assisted distillation process. As shown in Table 2.2, 

membrane materials that can be used for oxygen–argon separation can be divided into 

three groups based on their operating temperatures. The first group comprise materials 

that can operate at room temperatures, such as state-of-the-art polymers and 

advanced zeolites, carbon molecular sieves, polymers and their blends (i.e. mixed 

matrix membranes). Polymers are the only type of material that has found its way to 

large scale gas separation applications, such as hydrogen recovery and nitrogen 

production from air (Murali et al., 2013). While polymer gas separation technology is 

mature and well-developed, polymeric membranes exhibit moderate permeability and 

low selectivity, around 2.5 for oxygen–argon gas pair. Novel materials, on the other 

hand, show better separation characteristics, but there exist some technical barriers for 

their practical, industrial applications; which are highlighted in Section 2.6.1.2. Still, 

such developments point the way to wider applications of this group (including the 

state-of-the-art polymeric membranes) in the near future. 

From the first group, polymeric membranes are selected because of their 

established use in industry and their promising potential future prospects. A generic 

and non-conservative approach is adopted to fully investigate their potential. 

Investigations consider properties of currently available membranes as well as 

hypothetical membrane properties, in order to examine possible future scenarios and to 

inform future development of membrane materials. It is important to note that, the 

results obtained for prospective membranes are also applicable to novel materials in 

this group (such as MMMs, zeolites and carbon membranes) once they become 

available and their practical limitations are overcome. A disadvantage of using ambient 

temperature membranes is that process streams to and from the membrane require 

heating and recooling when coupled with a cryogenic distillation column. 
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Materials in the second group have significant advantages over other materials as 

they can operate at low temperatures and exhibit marginally better membrane 

selectivity and permeability than both state-of-the-art and novel materials in the first 

group. In particular, emerging CMS membranes have good potential to reduce energy 

consumption by the membrane-assisted process, as their selectivity improves at lower 

temperatures. It is apparent that zeolite membranes also have great potential for low-

temperature applications; but unfortunately, they are not known to have been tested for 

the oxygen–argon mixture (see Section 2.6.1.1). Therefore, from the second group, 

only CMS membranes will be evaluated. These novel membranes have never been 

investigated in the context of a hybrid membrane–distillation system for argon 

production. Although CMS membrane modules are not yet commercially available, 

experimental studies with pilot scale modules are reported in the literature as 

presented in Section 2.6.1.2. 

The last group, which comprise ceramic-based membranes that can function only at 

extremely high temperatures, is not taken into consideration. The main reason for their 

exclusion is that these membranes operate at 800–900 °C which is very likely to render 

their use in the context of cryogenic distillation impractical and energy-intensive. These 

membranes are particularly well suited to be integrated with power generation 

processes where oxygen is the central feedstock for fuel combustion and gasification. 

Such processes are most economic if the membrane operates at above 700 °C, 

facilitating heat and power integration within the process (Smith and Klosek, 2001; 

Smart et al., 2011). 

 The key features and current status of the selected membrane materials are 

described in detail in Section 2.6.1.2. Transport mechanisms for polymeric and carbon 

molecular sieve membranes are different, as shown in Section 2.6.2. However, for both 

types of materials gas permeation across the membrane can be described using the 

solution-diffusion model, i.e. Fick’s law. This is because this model does not account 

for the presence or absence of the pores in a membrane (Ismail et al., 2011). Next, a 

mathematical model that can accurately describe membrane separations of the 

materials of interest is built. Next, details on model selection and construction are 

described. 

3.3 Mathematical model for membrane separations 

In this study, an established membrane model is used together with other unit 

operation models to allow simulation and optimisation of complex process flowsheets. 

Therefore, the aim is to build an accurate but simple membrane model and to formulate 

a solution strategy with relatively low computational intensity. A comprehensive review 
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of the published membrane models and solution methods for the two modules of 

interest is presented in Section 2.6.3. Mathematical models with different levels of 

complexity are available for both types of membrane modules. Widely used models 

such as those of Pan (1983; 1986) are specific to module type and more suitable for 

rating problems as they require information on module geometry. 

This study, on the other hand, uses the generic membrane model developed by 

Shindo et al. (1985) for symmetric flat membranes. The model calculates the retentate 

and permeate compositions and dimensionless area as a function of membrane stage 

cut. Reasons for the selection of that particular model are three-fold. First, the model 

can be applied to hollow-fibre modules as well as spiral-wound modules because, in 

contrast to other models, the model equations are derived with respect to 

dimensionless feed flow rate instead of membrane length. Secondly, the model is 

convenient to use in design studies, with advantages of straightforwardness and not 

needing module characteristics such as number, diameter or length of the fibres to be 

specified. Module characteristics can be calculated from the dimensionless membrane 

area if these are required. Thirdly, it can be applied to mixtures with any number of 

components. Additionally, the model describes the mass transfer of gas molecules 

through the membrane by solution-diffusion mechanism; therefore it is relevant to the 

types of membranes of interest in this research without any modification. However, 

should another mechanism be involved, the model can easily be extended to 

incorporate the material-specific transport model. 

The key strength of the chosen model, its conceptual simplicity, is also a drawback: 

for example, the model does not take into consideration pressure variations on the 

feed- and permeate-side of the membrane. The pressure variation in spiral-wound 

modules and bore-side feed hollow-fibre modules is often assumed to be negligible. In 

shell-side feed hollow-fibre modules, however, the permeate flow can lead to 

considerable pressure build-up in the fibre lumen (i.e. the channels within the fibres), 

causing reduced driving forces across the membrane (Singh et al., 1995). The effects 

of permeate pressure build-up can only be neglected when permeate flow is relatively 

low or transmembrane pressure is high. The pressure profile in hollow fibres can be 

accurately described by the differential form of the Hagen–Poiseuille equation (Berman, 

1953; Pan, 1983). In the absence of information regarding the module geometry, it is 

not possible to incorporate this equation into a membrane model; this is the case in the 

present study. Yet, based on the model validation of Pan (1986) and Kaldis et al. 

(2000) and others, it is expected that the chosen model provides a good compromise 

between computational complexity and predictive accuracy. Further justification for this 

statement is provided in Sections 3.3.4 and 3.3.5. 
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Shindo et al. (1985) presented model equations for five different flow patterns. As 

explained in detail in Section 2.6.3, the flow arrangement in a spiral-wound module is 

crossflow; flow can be countercurrent or co-current in a hollow-fibre module. In the 

present study, only countercurrent and crossflow configurations are investigated. The 

co-current flow configuration for hollow-fibre modules is excluded because it has been 

shown to be nonadvantageous over countercurrent flow. After investigations on 

crossflow and countercurrent models in Section 3.3.5, one model is selected and 

explored further. 

In membrane modelling studies, spiral-wound modules are modelled assuming 

crossflow permeation with high confidence, but the academic discussions with regard 

to most relevant permeation model (crossflow or countercurrent permeation) to 

describe the transport across the thin skin of hollow fibres are inconclusive. This 

conundrum is discussed in Section 2.7. Therefore, the predictions of the models 

assuming countercurrent and crossflow permeation will be compared with experimental 

data to assess the predictive ability of the models in order to determine the most 

appropriate hollow-fibre model for use in this study. Note also that, with the assumption 

of negligible pressure variation in hollow fibres, the crossflow model presented by 

Shindo et al. (1985) is almost the same as the more detailed hollow-fibre module 

models based on crossflow permeation assumption, such as that of Pan (1986). 

The model assumptions, mathematical formulation and numerical methods used 

are presented in the following subsections. Some assumptions are made to reduce the 

complexity of the model, while others are made due to lack of available data. 

3.3.1 Model assumptions 

The membrane models used in this study are subject to the following assumptions: 

a. The local molar flux through the membrane obeys Fick’s law of diffusion 

(Walawender and Stern, 1972; Shindo et al., 1985; Giglia et al., 1991). 

b. Component permeabilities in the gas mixture are the same as those for pure 

gases (Pan, 1986; Kaldis et al., 2000; Chowdhury et al., 2005). This assumption 

was not made in order to simplify the modelling; it was made simply due to the 

lack of experimental mixture permeation data. Published membrane 

characterisation studies are generally based on single gas permeation 

experiments. Even though competition between the permeant molecules should 

be taken into account for more accurate performance evaluation, it is neglected 

due to the lack of proper experimental data. 

c. The membrane has a uniform thickness and the deformation of the membrane 

under pressure (Shindo et al., 1985; Pan, 1986) and fouling are negligible. 
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d. The feed- and permeate-side pressure variations are assumed to be negligible 

(Shindo et al., 1985; Tessendorf et al., 1999; Mourgues and Sanchez, 2005). 

e. The membrane module operates at isothermal conditions; the permeate, 

retentate, and feed temperatures are the same and constant (Thundyil and 

Koros, 1997; Lababidi, 2000; Ahmad et al., 2012). Real membrane separations 

involve temperature changes due to the expansion of gases from high to low 

pressure, i.e. Joule–Thompson effect. A theoretical study investigating the 

impact of expansion-driven temperature change has found that there is only a 

3 °C decrease in the membrane temperature for air separation due to 

expansion when operated at room temperature (Gorissen, 1987). Given that 

result, the isothermal operation is a reasonable assumption for the conditions 

used in the present study. 

f. There is no axial mixing on the feed- or permeate-side of the membrane in the 

direction of bulk flow, except for the permeate-side in crossflow membrane 

(Shindo et al., 1985; Coker et al., 1998; Lababidi, 2000). 

g. The membrane module operates at steady state; no changes in permeabilities, 

pressures and flux rate with time (Singh et al., 1995; Coker et al., 1998). 

h. The component permeabilities and selectivities are independent of pressure 

and feed concentration. Based on experimental studies on air separation 

(Sidhoum et al., 1988; Feng et al., 1999; Van den Bergh et al., 2008), the 

operating pressure does not affect the component permeabilities in dense and 

porous membranes over the pressure range of 0 kPa to 1000 kPa. Hence, it is 

reasonable to assume that selectivity and permeability are essentially constant 

under the process conditions investigated here. It is possible to include 

concentration dependency of permeability by using a dual-mode sub-transport 

model (Chern et al., 1985), yet such sophisticated models require 

experimentally obtained membrane parameters, while there is little or no 

available information on such parameters in the open literature. 

i. The effects of concentration polarisation are negligible. For membrane gas 

separations, it is widely acknowledged that concentration polarisation has a 

negligible impact on the process, mainly due to low permeation fluxes exhibited 

by existing materials. For example, experimental studies on air separation with 

commercial polymeric membranes revealed that concentration polarisation has 

an insignificant effect on module performance (Sidhoum et al., 1988; Feng et al., 

1999). Another study investigating the influence of concentration polarisation 

effects revealed that significant concentration polarisation was observed 

exclusively in membranes possessing selectivity and permeance exceeding 100 
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and 1000 GPU (1 GPU = 10–6 [cm3(STP)•sec–1•cm–2•cm(Hg)–1]), respectively 

(Mourgues and Sanchez, 2005). 

j. The gases behave as ideal gases under the membrane operating conditions 

used in this study. The validity of this assumption for air separation was 

confirmed by a recent modelling study Hosseini et al. (2015a). For the pressure 

range of 5 to 10 bar, these authors found no distinguishable difference between 

the results from a model taking into account the real gas behaviour of oxygen 

and nitrogen (i.e. component partial pressures are replaced with fugacity 

coefficients in model equations) and a model that assumes ideal gas behaviour. 

3.3.2 Membrane mathematical model (Shindo et al., 1985) 

The model describing the permeation of gas molecules through the membrane, 

developed by Shindo et al. (1985), consists of a set of nonlinear differential and 

algebraic equations. The overall and component material balance over the differential 

element dAM as illustrated in Figure 3.1 are formulated as: 
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where  FF  is the gas molar flowrate on the feed-side of the membrane; PF and 
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Solving Eq. (3.2) for dxi and substituting Eq. (3.1) yields 
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Figure 3.1 Operating modes of a single-stage gas separation membrane: (a) 
countercurrent flow; (b) crossflow. 

The flow and product compositions for a given membrane area can be calculated 

by solving Eq. (3.5) and Eq. (3.1) in conjunction with Eq. (3.3) and (3.4) with specific 

initial conditions for a given flow pattern. These equations can also be rearranged to 

give product flows, compositions and the membrane area as a function of stage cut: 

 

 

(3.6) 

 

 

 

(3.7) 

where the following definitions in the above equations are used to give the 

equations a dimensionless form: 
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 (3.10) 

 

 
(3.11) 

where PMm is the permeability of the most permeable component; 𝜃 is the stage cut; 

s is the dimensionless membrane area; FF  is the molar flowrate at the inlet of the 

membrane; 𝑟 is the pressure ratio; αi   is the ideal selectivity (defined as the ratio of 

permeability of component 𝑖 to that of the most permeable component 𝑚); AM is the 

membrane area and fd is the dimensionless flowrate on the feed-side of the membrane. 

The ratio of the permeate-side mole fractions of any two components within a 

differential element can be written as: 

 
 

(3.12) 

Solving Eq. (3.12) for y
i 
gives: 

 

 

(3.13) 

Substituting Eq. (3.12) into Eq. (3.4) yields: 

 
 

(3.14) 

For a known retentate composition xi, the local permeate mole fraction of the most 

permeating species, y
m

 can be determined by solving Eq. (3.14). Then, the permeate 

mole fractions of other components y
i
, can be estimated from Eq. (3.13). Note that Eq. 

(3.13) and Eq. (3.14) are only valid when there is no parallel flow to the membrane at 

the permeate-side of the membrane (i.e. only in crossflow arrangement). Apart from the 

equations above, material balance equations and initial conditions are required to form 

the complete models. The material balance equations depend on the mode of 

operation in the membrane module and hence are described separately for crossflow 

and countercurrent flow patterns in the following sections. 

a. Model for crossflow operation 

In crossflow operation, as illustrated in Figure 3.1(b), since permeate flow is not 

parallel to the membrane surface, the mole fractions of permeating species, y
i
 in a 

differential element do not depend on the molar composition in the previous differential 

element. That is, the permeate-side mole fraction of species 𝑖 in a differential element 

is equal to its local value (i.e. mole fraction of permeate leaving the membrane surface). 
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Therefore, for a known retentate composition, first, the permeate mole fraction of the 

most permeating species 𝑚, y
m
 can be determined by solving the algebraic equation 

Eq. (3.14). Then, the mole fractions of other components in permeate, y
i
, can be 

estimated from Eq. (3.13). 

Calculations for the crossflow model can be performed using Eqs. (3.3–4), (3.6–7) 

and (3.13–14). The retentate mole fractions and membrane area can be obtained by 

integrating the set of nonlinear differential equations, Eqs. (3.6–7) along with algebraic 

Eqs. (3.3–4) and (3.13–14), with the following initial conditions: 

 
 

 

where xi
F is the mole fraction of species 𝑖  in the feed stream. Finally, the bulk 

permeate mole fractions at the outlet of the membrane y
i
P, can be estimated from 

overall and component mole balances as:  

 
 

(3.15) 

where xi
R

 is the mole fraction of species 𝑖 at the retentate-end of the membrane as 

shown in Figure 3.1(b). 

b. Model for countercurrent operation 

In countercurrent operation, as illustrated in Figure 3.1(a), feed and permeate 

streams flow parallel to the membrane surface. Therefore, Eq. (3.13) and Eq. (13.14) 

are only valid at the first differential element with respect to the direction of the feed 

flow. In this case, permeate mole fraction in a differential element can be calculated 

from overall and component mole balances: 

 
 

(3.16) 

The governing model equations for countercurrent operation are Eqs. (3.3–4), (3.6–

7), (3.13–14) and (3.16). The final retentate and permeate mole fractions and 

membrane area can be found by carrying out the integration of the set of non-linear 

differential equations Eqs. (3.6–7) backward, together with algebraic equations Eqs. 

(3.3–4) and (3.13–14) and (3.16), with the initial conditions given below: 

 
 

 

The solution methods developed for crossflow and countercurrent membrane 

models are explained in detail in the following section. 
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3.3.3 Solution methods 

As described in Section 3.3.2, crossflow and countercurrent membrane models 

consist of nonlinear algebraic and differential equations. The set of equations for the 

crossflow model is an initial value problem and can be solved directly by integrating the 

differential equations using an appropriate numerical method, such as Runge–Kutta. 

However, for the countercurrent flow model, a more sophisticated solution method is 

required due to the nature of boundary conditions of the differential equations. 

Boundary value problems can be solved by using elaborate numerical approaches 

such as series approximation, orthogonal collocation, and trial-and-error shooting 

methods. Detailed information about these methods is presented in Section 2.7. 

The development or improvement of membrane models and numerical approaches 

for the solution of these models are outside the scope of this study; nevertheless, 

robust, computationally efficient solution methods for the selected models are needed. 

Therefore, the numerical methods used by Shindo et al. (1985) and Coker et al. (1998) 

were adopted and modified to overcome some inherent drawbacks associated with 

these methods. Preliminary evaluation of countercurrent and crossflow models was 

performed using Matlab R2017a software (The MathWorks, 2017). Solution methods 

were developed and tested initially in this programming environment due to its ease of 

use when developing algorithms; Matlab allows the user to modify algorithms without 

the need for recompilation, facilitating rapid algorithm development. Later, the selected 

model and solution method were coded in Fortran to allow the implementation of the 

model in Aspen Plus. Algorithms for membrane models and numerical methods used in 

both programming environments are described in the following sections. 

3.3.3.1 Solution method for crossflow model 

The flowchart for solving the crossflow membrane model is summarised in Figure 

3.2. For specified feed compositions and stage cut, the solution procedure for crossflow 

model starts with computing the local permeate mole fraction of the most permeating 

species, y
m

, at the feed end of the membrane using, Eq. (3.14). Then values of y
i
 for 

the rest of the components are calculated from Eq. (3.13). 

For a binary mixture, Eq. (3.14) is quadratic and can be solved by the conventional 

quadratic formula. Solving Eq. (3.14) for y
m

 gives: 
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Figure 3.2 Algorithm to solve the multicomponent crossflow membrane model. 
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The solution of Eq. (3.17) is quite straightforward and does not require numerical 

methods. On the other hand, in multicomponent systems, the order of Eq. (3.14) is 

equal to n, i.e. the number of species in the mixture (Kaldis et al., 2000). The resulting 

nth order nonlinear equation can be solved using Newton’s method to give the 

permeate compositions in any differential element in crossflow pattern and in the first 

differential element in countercurrent flow pattern (Shindo et al., 1985). 

Newton’s method is only guaranteed to converge if good initial estimates are 

provided (Binns et al., 2016). Shindo et al. (1985) attempted to discuss the significance 

of the initial guess for the convergence of Newton’s method, yet failed to propose an 

approach to provide a good initial guess to avoid divergent solutions and non-

convergence. The selection of realistic initial estimates for Newton’s method is not a 

trivial task for problems where the solution is required over wide ranges of parameters 

in the equation. The membrane models will be solved over wide ranges of the input 

parameters in this work. Therefore, this study adopts Coker et al. (1998) approach 

based on limiting cases of membrane gas separation to generate good initial estimate 

for the Newton’s method as described below: 

In membrane separation, there are two possible limiting cases. If the membrane 

selectivity is much smaller than the pressure ratio (𝛼i ≪ 𝑟), that is, the separation is 

“selectivity limited” and separation performance is independent of the pressure ratio. In 

this case, the maximum possible permeate mole fraction of most permeating species, 

𝑚 can be estimated from (Geankoplis, 2003): 

 

 

 

(3.18) 

When the membrane ideal selectivity is much greater than the pressure ratio 

(𝛼i ≫ 𝑟), the separation is “pressure ratio limited” and the maximum possible y
m can be 

calculated by (Geankoplis, 2003): 

 
 

(3.19) 

Following the computation of y
m from Eq. (3.18), the partial pressure of species 𝑚 in 

the feed and permeate is calculated. If the partial pressure of species 𝑚 in the feed is 

smaller than the partial pressure in the permeate, a new initial estimate is calculated 

from Eq. (3.19); otherwise, Newton’s method is initialised with the value obtained from 

Eq. (3.18). For all differential elements, apart from the first one (the feed-end of the 

membrane), the initial estimate of y
m  required by Newton’s method is set equal to 

permeate mole fractions calculated for the previous differential element. 
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Newton’s method starts with a specified initial value and searches for the root of the 

function iteratively until a termination criterion is met. In this study, the maximum 

number of iterations and tolerance are set to 100 and 10–10, respectively. When the 

termination criterion is met, the mole fractions of other components in the feed are 

calculated from Eq. (3.13). If all permeate mole fractions are between 0 and 1, the 

algorithm is terminated. The robustness of this approach was assessed by running a 

series of tests over a wide range of stage cuts and pressure ratios. Test run results 

confirmed that the proposed approach allows the calculations to converge for all stage 

cuts and pressure ratios. 

Once permeate mole fractions for the first differential element are calculated, the 

integration of Eq. (3.6) and Eq. (3.7) are applied, simultaneously. Note that during the 

numerical integration permeate mole fractions are recomputed using Eqs. (3.13–14) for 

each differential element during integration. After the computation of the retentate 

composition and area, the bulk permeate mole fractions, y
i
Pare found from Eq. (3.15). 

This work uses the stiff equation solver ODE15s in Matlab to solve the system of 

differential and algebraic equations (DAEs). This particular solver was chosen because 

it is the only solver in Matlab that can handle stiff DAEs (The MathWorks, 2017). ODE 

solvers, unfortunately, are not available in Fortran; therefore, the standard fourth-order 

Runge–Kutta method is used to solve differential equations in Fortran. RK4 method 

allows the approximate solution of differential equations. The independent variables are 

divided into equal increments; the number of increments has a significant effect on the 

accuracy of the method (Press et al., 1986). The step size is fixed in the RK4 method, 

whereas ODE15s is a multistep implicit method that manipulates the step size to 

increase the numerical stability of the solution. The robustness of these methods is 

discussed in Section 3.3.3 with the help of an illustrative example. 

3.3.3.2 Solution method for countercurrent model 

Solving the countercurrent model (summarised in Figure 3.3) is more complicated 

and demanding than solving the crossflow model. Countercurrent model yields a two-

point boundary value problem; and therefore, the numerical solution needs to satisfy 

both inlet and outlet boundary conditions. In the present study, the countercurrent 

model is solved by applying a trial-and-error shooting method. The BVP is transformed 

into an IVP by guessing the outlet retentate composition and carrying out the 

integration backwards, i.e. from the retentate-end to the feed-end of the membrane. 

While more sophisticated methods, such as orthogonal collocation and finite difference 

methods can be used, the shooting method was preferred as it is less complicated, 

less computationally intensive and requires fewer variables. 
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Figure 3.3 Algorithm to solve multicomponent countercurrent membrane model. 
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For binary mixtures, the procedure is relatively straightforward. Based on an 

arbitrarily assumed retentate mole fraction for the most permeable species (xi
R  in 

Figure 3.1(a)), y
m

 can be calculated from Eq. (3.17), which is based on the crossflow 

assumption in the first differential element. Following this, the integration of Eq. (3.6) 

and Eq. (3.7) is initiated from the retentate-end of the membrane. Now that the 

permeate flows parallel to the membrane surface, the local permeate mole fractions of 

species, y
i
 are calculated using Eq. (3.16) instead of Eq. (3.17) for all differential 

elements except the first one. The membrane area and stream compositions are 

calculated by integrating Eqs. (3.6–7) in conjunction with algebraic equation Eq. (3.16) 

to the feed-end of the membrane. The procedure is repeated until the calculated mole 

fractions in the retentate stream at the feed-end of the membrane match the mole 

fractions in the feed stream. The final permeate mole fractions are equal to their final 

local value as calculated from Eq. (3.16). 

When a multicomponent mixture is considered, the number of initial guesses 

required for retentate-end component mole fractions is equal to 𝑛 − 1. Consequently, 

an additional numerical method to facilitate the trial-and-error procedure is required. In 

this study, fmincon function in Matlab with Sequential Quadratic Programming (SQP)—

an iterative nonlinear constrained optimisation method—is used with the procedure 

described above to automate the trial-and-error procedure and solve the countercurrent 

model. The objective function defined as: 

 
 

(3.20) 

where  xi
F 

𝑐𝑎𝑙𝑐
 is the predicted feed mole fraction of species 𝑖 and xi

F is the feed 

mole fraction of species 𝑖. The optimisation is subject to the equality constraints given 

in Eq. (3.3) and Eq. (3.4) and the mole fractions are bounded between 0 and 1 as 

shown below: 

 
 

(3.21) 

The optimisation algorithm used here is sensitive to the initial guesses provided; the 

solution can vary considerably with different initial points. Initial guesses that are close 

to the exact solution are required to guarantee convergence and to reduce computation 

time. In this study, crossflow model results are supplied as initial points for the 

optimisation algorithm as the crossflow pattern has the most similar performance to 

that of the countercurrent flow pattern. The termination tolerance for the objective 

function is set to 10–10. The integration is carried out with the same method as in the 

crossflow model. For a given cut, the membrane area and component mole fractions in 
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the permeate and retentate streams are obtained by applying the procedure described 

above for countercurrent membrane model. 

3.3.3.3 Illustrative example: testing the stability of numerical solution methods 

In this section, the robustness of solution procedures proposed in Section 3.3.3 is 

tested. A case study presented by Shindo et al. (1985) for the ternary mixture of NH3, 

H2 and N2 is taken as an illustrative example. The feed mole fractions and 

permeabilities of gases are given in Table 3.1. This illustrative example serves to 

illustrate and compare the performances of different methods of solving the model 

equations. Moreover, the impact of step size on the accuracy of results obtained using 

the fourth-order Runge–Kutta (RK4) method is explored. 

Table 3.1 Feed composition and permeance of gases in the mixture. 

 

a. Crossflow model 

Table 3.2 compares the crossflow model results obtained by using fourth-order 

Runge–Kutta and ODE15s numerical methods with the simulation results reported by 

Shindo et al. (1985). Shindo et al. (1985) used a different fourth-order Runge–Kutta 

method (Runge–Kutta–Gill) but did not report the step size. Both numerical methods 

provide exactly the same results as those of Shindo et al. (1985). It is also clear that 

the step size specified for the RK4 method has an impact on the accuracy of the results 

and the speed of convergence. 

Table 3.2 Effect of RK4 step size on model predictions for Case 1a. 

 

Component Feed mole fraction Permeance 
(mol m

–2
 s

–1
 Pa

–1
) 

NH3 0.45 36.9 ×10
–15

 

H2 0.25 11.7 ×10
–15

 

N2 0.30 2.41 ×10
–15

 

 

 
Fourth Order Runge-Kutta ODE15s 

Runge-Kutta-Gill 
Shindo et al. (1985) 

Step size 10–2 10–3 10–4 10–5 – – 

No of increments 5x101 5x102 5x103 5x104 – – 

Components Permeate mole fractions & membrane area  

NH3 0.6983 0.7001 0.7003 0.7003 0.7003 0.7003 

H2 0.2241 0.2241 0.2241 0.2241 0.2241 0.2241 

N2 0.0776 0.0758 0.0756 0.0756 0.0756 0.0756 

Area 1.4828 1.4749 1.4741 1.4740 1.4740 1.4740 

Elapsed time, (s) 0.045 0.055 0.073 0.28 0.23 – 
a
Run conditions: stage cut, 𝜃 = 0.5 and pressure ratio  𝑟 = 7.7. Feed composition and permeances as 

given in Table 3.1. 
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For the problem considered in Table 3.2, step sizes smaller than 10–3 can provide 

accurate predictions and reducing the step size further does not markedly improve the 

results. The elapsed simulation time for each run is also presented in Table 3.2; 

evidently, the speed of convergence depends on the step size—small values improves 

the accuracy at the cost of increases computation time. Simulation times for RK4 with 

the lowest step size (10–5) and ODE15s were comparable. 

The fourth-order Runge–Kutta method is an explicit solver with a fixed step size that 

is suitable for non-stiff problems. Stiffness can arise in membrane problems when 

some components in the feed decay much more rapidly than others. Feeds with low 

concentration of fast permeating species, high selectivity, operating at high pressure 

ratios and high stage cuts can result in stiffness. In such instances, one has to use a 

sufficiently small step size to ensure good numerical accuracy and stability. 

Therefore, the performance of the proposed solution method is also tested for 

operation at high stage cuts and high 𝑟 values with a highly selective membrane where 

the fast permeating species is almost totally removed from the feed. The feed mole 

fraction of most permeating species, NH3 is assumed to be 5 mol%. From the results of 

numerical simulations in Table 3.3, it is clear that the proposed method works well for 

membrane operation with high recovery and purity, and is capable of capturing even 

small changes in retentate concentration as long as a sufficiently small step size is 

used. 

Table 3.3 Effect of RK4 step size on model predictions for Case 2a. 

 

As Table 3.3 shows, it is not possible to preserve the positivity in the numerical 

solution at step sizes larger than 10–4. NH3 mole fraction is essentially zero, but the 

RK4 converges to an unphysical solution. Such negative concentrations make the 

problem mathematically unstable (Shampine et al., 2005) and can only be avoided by 

imposing extra non-negativity constraints to ODE solvers. However, for RK4, this 

 Fourth Order Runge–Kutta 

Step size 10–2 10–3 10–4 10–5 10–6 10–7 

No of increments 5x101 5x102 5x103 5x104 5x105 5x106 

Components Retentate mole fractions & membrane area  

NH3 –7.674 –0.3286 0.0000 0.0000 0.0000 0.0000 

H2 2.283 0.4081 0.3216 0.3226 0.3229 0.3228 

N2 6.391 0.9205 0.6784 0.6774 0.6771 0.6772 

Area 43.884 49.388 49.530 49.527 49.526 49.526 

Elapsed time, (s) 0.063 0.067 0.110 0.429 3.32 30.6 
a
Run conditions: stage cut, 𝜃 = 0.99 and pressure ratio 𝑟 = 20, selectivity 𝑎 = 50. Feed compositions: 

NH3 = 0.05, H2 = 0.25, N2 = 0.70. 
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problem can be solved by decreasing the step size. Smaller step sizes improve the 

precision and assure convergence to physically meaningful solutions, as evidenced in 

Table 3.3. The difference between the results is indistinguishable with step sizes lower 

than 10–4, while the computational time increases dramatically. In this study, the step 

size is set to 10–5 as it provides a suitable compromise between calculation time and 

accuracy. Two more cases (cases combining different operating conditions that give 

rise to “stiff” differential equations) have also been tested, the results of which can be 

found in Appendix E. 

In addition, initial testing of algorithms revealed that another challenge in the 

solution of the crossflow model lies in the convergence of Newton’s method which is 

used to solve the non-linear algebraic equations in the model. Providing a good initial 

estimate for the local permeate purity of the most permeable species, 𝑚, is vital for the 

convergence of the algorithm. Arbitrarily chosen initial estimate occasionally caused 

divergent solutions, such as mole fractions bigger than one or less than zero, whereas, 

the initial estimate provided by using Eqs. (3.18–19) allowed stable solutions for 

Newton’s method. This behaviour—the strong dependency of Newton’s algorithm to 

initial estimate provided—can be seen in Figure 3.4 and Figure 3.5; a poor initial guess 

yields negative retentate and permeate mole fractions (Figure 3.4), while a good initial 

guess guarantees convergence to physically meaningful solution (Figure 3.5), 

confirming the reliability of the proposed method for the initialisation of the Newton’s 

method. 

In brief, these findings suggest that both methods (RK4 and ODE15s) are 

computationally efficient for solving the crossflow membrane model and the predictions 

using these solution methods are in agreement with those in the literature. 
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Figure 3.4 Crossflow model results: (a) retentate composition profile; (b) local 

permeate composition profile at 𝑟 = 1.66 and stage cut of 0.6 with a poor 
initial guess (y

m
= 0.82 using Eq. (3.18)). 

 

Figure 3.5 Crossflow model results: (a) retentate composition profile; (b) local 

permeate composition profile at 𝑟 = 1.66 and stage cut of 0.6 when initial 
estimate is provided by Eqs. (3.18–19).  
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b. Countercurrent flow model 

As discussed in Section 3.3.3.2, the countercurrent model requires a more complex 

solution method that includes an additional iterative algorithm to satisfy the boundary 

conditions at the inlet and outlet of the membrane. Figure 3.6 shows the permeate and 

retentate composition profiles calculated using the countercurrent model for the 

conditions used in Case 1 (given in Table 3.1 and Table 3.2). The numerical solution 

satisfies the boundary conditions (i.e. feed composition) as given in Table 3.1. The 

results are exactly the same as those reported by Shindo et al. (1985). It is also 

observed that results are almost the same for crossflow (given in Table 3.2) and for 

countercurrent flow for the case considered here. 

  

Figure 3.6 Countercurrent model results: composition profile of (a) retentate; (b) 

permeate at 𝑟 = 7.7 and stage cut of 0.5. 

As mentioned earlier, the optimisation algorithm used here is highly sensitive to the 

initial points. Therefore, the numerical stability of solution method with respect to initial 

guesses is investigated. Table 3.4 shows the results for the countercurrent model with 

increasing stage cut. The initial points for the optimisation algorithm are generated by 

solving the crossflow model at the same operating conditions. These test runs showed 

that the SQP algorithm, i.e. the shooting method, is not always stable and able to 

achieve convergence at high stage cuts with the initial points provided. For stage cuts 

above 0.95, the boundary conditions at the feed-end of the membrane (i.e. stage cut is 

equal to zero) are not satisfied—the compositions indicated with a red box in Table 3.4 

𝑥𝐹𝑁𝐻3
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do not match with the membrane feed composition (i.e. 45% NH3, 25% H2 and 30% N2). 

Figure 3.7 and Figure 3.8 also shows the retentate and permeate concentration profiles 

at 𝑟 = 7.7 for stage cuts 0.9 and 0.98, respectively. 

Table 3.4 Testing the numerical stability of the countercurrent algorithm at different 
stage cuts.  

 

At high stage cuts, the difference between the countercurrent and crossflow results 

is higher (e.g. retentate composition is 12.85% NH3, 25.91% H2 and 61.24% N2 at θ =

 0.6, and 0.01% NH3, 0.83% H2 and 99.17% N2 at 𝜃 = 0.95 for crossflow compared to 

countercurrent model results given in Table 3.4) and, therefore, the initial points 

provided for the optimisation are farther from the solution, compared to initial points at 

low stage cuts. Secondly, the retentate mole fractions of the most permeable species, 

𝑚, and the species of intermediate permeability become very small at cuts higher than 

0.8, as can be seen in Figure 3.7. The membrane operates at a very high recovery and 

these two components are almost completely removed from the feed. The SQP 

algorithm is unable to predict the retentate mole fractions of components with higher 

permeabilities at high stage cuts, given that they are almost equal to zero and the initial 

points are not sufficiently close to the true solution; the algorithm either does not 

converge or converges very slowly. The lack of stability and non-convergent nature of 

shooting methods in such cases are also remarked upon by Coker et al. (1998) who 

found that shooting methods fail to converge in cases of high permeate recoveries of 

one or two components in the feed. 

Note that, the results shown in Table 3.4 also suggest that under operating 

conditions that would lead to high recovery and/or purity (such as high selectivity and 

high pressure ratio) the algorithm may fail to converge, even at low stage cuts. It is also 

evident that the countercurrent algorithm needs much longer computational time than 

the crossflow algorithm in all cases for the same operating conditions. 

  

Stage cut, θ 0.60 0.70 0.80 0.90 0.95 0.98 

Components Feed mole fractions (calculated) 

 
NH3 0.4505 0.4508 0.4501 0.4499 0.4463 0.4958 

H2 0.2502 0.2504 0.2500 0.2499 0.2501 0.2812 

N2 0.2993 0.2988 0.2999 0.3002 0.3036 0.2231 

 Permeate mole fractions  

NH3 0.1195 0.0476 0.0055 9.0E-06 1.2E-09 3.8E-13 

H2 0.2669 0.2249 0.1323 0.0248 0.0023 0.0004 

N2 0.6136 0.7276 0.8623 0.9752 0.9977 0.9996 

Elapsed time, (s) 4.95 6.58 13.5 294 61.3 37.2 
a
Run conditions: pressure ratio r = 7.7. Feed composition and permeances as in Table 3.1. 
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Figure 3.7 Countercurrent model results: (a) retentate composition profile; (b) 

permeate composition profile at 𝑟 = 7.7 and stage cut of 0.90. 

 

Figure 3.8 Countercurrent model results: (a) retentate composition profile; (b) 

permeate composition profile at 𝑟 = 7.7 and stage cut of 0.98. 

𝑥𝐹𝑁𝐻3
= 0.45 

𝑥𝐹𝑁2
= 0.30 

𝑥𝐹𝐻2
= 0.25  

(a)

(b) 

Retentate 

Permeate 

Feed 

Feed 

(a)

(b) 

Retentate 

Permeate 

Feed 

Feed 

𝑥𝐹𝑁𝐻3
= 0.50 

𝑥𝐹𝑁2
= 0.22 

𝑥𝐹𝐻2
= 0.28  



 

 

111 

 

3.3.4 Validation of the models 

The membrane models and solution methods are verified using several 

experimental and simulation data sets for multicomponent gas separation reported in 

the literature. However, due to the lack of information about membrane area 

requirements in the published experimental studies, it has not been possible to validate 

membrane area predictions with experimental data. 

3.3.4.1 Comparison of model predictions with simulation results of Shindo et al. 
 (1985) 

First, this work applies the models and proposed solution methods to the case 

study presented by Shindo et al. (1985) to verify the encoding of the models and 

solution algorithms. The separation of a mixture of H2, CH4, CO, N2 and CO2 through a 

microporous glass membrane is studied. Solutions for perfect mixing and cocurrent 

flow models developed by Shindo et al. (1985) are also included in this case study; 

although those flow patterns are not considered elsewhere in this work. The 

composition of the gaseous mixture fed to the membrane and permeabilities of pure 

gases in the membrane are given in Table 3.5. The pressure ratio and stage cut are 10 

and 0.5, respectively. 

Table 3.5 Feed composition and permeance of gases in the mixture. 

 

As can be seen in Table 3.6, the numerical results obtained for permeate mole 

fractions are exactly the same as those reported by Shindo et al. (1985) for all flow 

patterns concerned. The same applies to the dimensionless membrane area, as 

depicted in Figure 3.9. The similarity between the results confirms that the proposed 

solution procedures for countercurrent and crossflow models have been suitably 

encoded. The algorithm is found to be stable and insensitive to initial points for the flow 

patterns and conditions considered here. 

Furthermore, one can easily see that countercurrent flow and crossflow are the two 

most efficient flow patterns for membrane separations as they yield a better separation 

and require lower membrane areas than cocurrent flow or perfect mixing. Moreover, 

countercurrent flow performs slightly better than crossflow, yielding more pure 

hydrogen. 

Component Feed mole fraction Permeance 
(mol m

–2
 s
–1

 Pa
–1

) 

H2 0.30 48.0 ×10
–12

 

CH4 0.10 19.1 ×10
–12

 

CO 0.25 14.0 ×10
–12

 

N2 0.15 13.8 ×10
–12

 

CO2 0.20 14.8 ×10
–12
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Table 3.6 Comparison of model predictions with simulation results of Shindo et al. 
(1985) for four different module flow patternsa. 

  

 

Figure 3.9 Comparison of model predictions with simulation results of Shindo et al. 
(1985) for the dimensionless membrane area for four different types of flow 
patterns. 

3.3.4.2 Validation of crossflow membrane model 

The simulation parameters of the studies used for the validation of the crossflow 

model are given in Table 3.7. Although the first two studies are conducted with 

countercurrent hollow-fibre modules, the models used to describe the permeation in the 

modules assume crossflow; therefore they are used for the validation of the crossflow 

model. The justification of this assumption in these studies is explained in Section 2.7. 

The last study (Lee et al., 1995) uses a commercial-scale spiral-wound module. 

 Mole fraction in permeate  

Components Countercurrent  Crossflow Cocurrent Perfect mixing 

 Shindo et al. (1985) 

H2 0.4544 0.4502 0.4441 0.4038 

CH4 0.0927 0.0933 0.0942 0.0967 

CO 0.1867 0.1882 0.1904 0.2065 

N2 0.1109 0.1118 0.1131 0.1230 

CO2 0.1553 0.1565 0.1582 0.1700 

 This study 

H2 0.4544 0.4502 0.4441 0.4038 

CH4 0.0927 0.0933 0.0942 0.0967 

CO 0.1867 0.1882 0.1904 0.2065 

N2 0.1109 0.1118 0.1131 0.1230 

CO2 0.1553 0.1565 0.1582 0.1700 
a
Run conditions: pressure ratio r = 10 and stage cut, 𝜃 = 0.5. Feed composition and 

permeances as given in Table 3.5.  
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Table 3.7 Membrane module parameters, feed compositions and operating conditions 
for the systems used for crossflow model validation. 

 

a. Hydrogen recovery from refinery gases — Kaldis et al. (2000) 

Kaldis et al. (2000) conducted experiments to investigate the separation of 

hydrogen from refinery gas by a hollow-fibre asymmetric membrane and also 

developed a membrane model based on the assumption of crossflow permeation 

following Pan (1986). Figure 3.10 compares the crossflow model predictions for the 

retentate and permeate stream compositions against experimental and simulation data 

of Kaldis et al. (2000). In general, the model predictions compare very well with the 

published experimental and simulation results, although the predicted “hydrogen’’ 

retentate composition is slightly higher than experimental results at low stage cuts. 

Unfortunately, the authors did not discuss the possible reasons for this deviation. The 

slight difference might be attributed to the fact that the permeabilities of the 

components in the mixture are not the same as pure gas permeabilities. 

The model developed by Kaldis et al. (2000) is similar to the crossflow model 

adopted in this study but it also takes into account pressure variations in the fibre bore 

(i.e. permeate pressure build-up). However, it is interesting that the numerical results of 

both models are almost identical (solid line and blue dashed line overlaps), suggesting 

that assuming negligible pressure drop is not unreasonable at least for the system 

considered here. Assuming constant permeate pressure gave even better agreement 

with experimental data. In addition, when the model for countercurrent flow is applied to 

this case study (the results are presented in Figure E–1 in Appendix E), the predictions 

with countercurrent and crossflow models are almost the same, which supports the 

validity of crossflow permeation assumption for the system considered here. 

 Module parameter   Kaldis et al. (2000) Pan (1986) Lee et al. (1995) 

 Case  Hydrogen recovery Hydrogen recovery CO2 separation 

 Membrane type  Polyamide HF Cellulose acetate HF Cellulose acetate SW 

 Flow pattern  Shell-side CC. Shell-side CC. Crossflow 

 Feed composition 
 (molar) 

  𝑥𝐻2
   = 0.675 

  𝑥𝐶𝑂2
 = 0.115 

  𝑥𝐶𝐻4
 = 0.167 

  𝑥𝐶2𝐻6
= 0.043 

  𝑥𝐻2
  = 0.5178 

  𝑥𝑁2 
 = 0.2469 

  𝑥𝐶𝐻4
= 0.1957 

  𝑥𝐴𝑟   = 0.0396 

  𝑥𝐶𝐻4
= 0.871 / 0.715 

  𝑥𝐻+  = 0.070 / 0.057 

  𝑥𝐶𝑂2 
= 0.048 / 0.219 

   𝑥𝑁2
  = 0.012 / 0.009 

 Feed pressure (bar)  20  69.64  26.5 & 47.2 

 Permeate pressure      1  11.23  1.02 

 Feed temperature   40 °C 25 °C 43 °C 

 Permeance  

 ×10
–10

mol/(m2•s•Pa) 
   

 H2       : 971.5 

 CO2   : 311.6 

 CH4   : 12.4  
 C2H6 : 2.14 

H2     : 284 
Ar     : 7.70 

N2     : 2.95 

CH4 : 2.84  
 

CO2 : 301.5 
CH4 : 15.08 

N2     : 15.08 

H+    : 6.03 

 HF: hollow-fibre, SW: spiral-wound, CC: countercurrent flow and H+: hydrocarbons heavier 

than CH4. 
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Figure 3.10 Comparison of crossflow model predictions with experimental and 
simulation data by Kaldis et al. (2000) for hydrogen recovery: effect of 
stage cut on (a) retentate; (b) permeate molar composition. 
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b. Hydrogen recovery from purge gas — Pan (1986) 

The crossflow model is further compared to the experimental and simulation data of 

Pan (1986) as shown in Figure 3.11. A shell-side feed hollow-fibre cellulose acetate 

membrane was used for hydrogen separation from the purge gas of an ammonia plant. 

The experiments were carried out for countercurrent and co-current operation, but Pan 

(1986) compared the experimental results with the predictions a membrane model 

applying the original crossflow assumption (i.e. crossflow permeation). Therefore, the 

predictions of the crossflow model adopted in the present study are compared with the 

experimental and simulation results reported by Pan (1986) to determine if the model is 

in good agreement with the experimental data. The model input variables and 

operating conditions for the separation are given in Table 3.7. 

As can be seen in Figure 3.11, it is clear that the model predicts relevant quantities 

with reasonable accuracy, particularly at low stage cuts. The similarity between the 

countercurrent and co-current experimental results over a wide range of cuts 

substantiates the assumption of crossflow permeation made by Pan (1986). The 

module flow pattern has a negligible effect on separation performance at stage cuts 

below 0.55. The discrepancy observed at higher cuts is attributed by Pan (1986) to 

neglected back diffusion effects in the porous layer of the membrane. 

For countercurrent operation, it is clear that the permeate mole fraction at cuts 

higher than 0.55 are over-predicted for slow permeating species, N2, CH4 and Ar (mean 

percentage error of 4.2%, 4.8% and 9.1%, respectively) and under-predicted for fast 

permeating species, H2 (maximum percentage error for hydrogen purity is < 2%). The 

hydrogen recovery rate is under-predicted by < 3%. More notable % deviations for 

argon are mainly due to the fact that it has the lowest concentration, hence even a 

small deviation from the experimental data leads to a high percentage error. Also, 

experimental analysis at such low concentrations is likely to be subject to higher 

measurement error. 

Still, Figure 3.11 illustrates that the proposed solution procedure is able to produce 

accurate results and that the crossflow model can be used to describe the permeation 

behaviour of countercurrent modules at stage cuts smaller than 0.5. On the other hand, 

the results calculated using the present membrane model are in excellent agreement 

with the simulation results of Pan (1986) model once more confirming that pressure 

drop may not have a significant effect on membrane separations. 
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Figure 3.11 Comparison of crossflow model predictions with experimental and 
simulation results of Pan (1986): effect of stage cut on (a) H2 recovery 
and permeate mole fraction (%) and; (b) permeate mole fractions (%) of 
other components in the feed. 
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c. Separation of carbon dioxide from natural gas — Lee et al. (1995) 

Lastly, the crossflow model is validated with field test data from Lee et al. (1995) 

obtained using a cellulose acetate spiral-wound membrane module. Two field tests with 

different levels of CO2 concentration in the feed gas are considered. Table 3.8 shows 

that the crossflow model gives a good approximation of the published experimental 

data and simulation results presented by Lee et al. (1995). The model under-estimates 

the mole fraction of CO2 in the retentate stream and over-estimates it in the permeate 

stream, while the opposite is true for the other components, i.e. the slow permeating 

components in the feed. The same trend is observed in comparison with the 

experimental results of Kaldis et al. (2000) in Section 3.3.4.2(a). In both cases, 

deviations could also be attributed to multicomponent competitive effects, which could 

decrease the selectivity of the most permeable species, e.g. CO2 for the problem 

considered here. Lee et al. (1995) have also noted that discrepancies might be due to 

selectivity values for CO2 and heavier hydrocarbons (designated as H+ in Table 3.8) 

used in the computer simulation, as gas permeabilities were not measured but taken 

from the literature. 

The significantly large % deviations in the CO2 retentate mole fraction can be 

attributed to the negligible amount of CO2 present in the retentate stream, where a 

small absolute deviation can amplify the relative error considerably.  

Table 3.8 Comparison of experimental results and model predictions for CO2 
separation. 

 

3.3.4.3 Validation of countercurrent flow membrane model 

For the validation of the countercurrent model, three cases are chosen from the 

literature utilising hollow-fibre countercurrent membranes. The countercurrent 

membrane model has been validated against the experimental and modelling results of 

Feng et al. (1999) and the simulation results of two case studies presented by Coker et 

 Compositions (mole percent) 

  Permeate stream 
 

Retentate stream  

Component Feed 

Lee et al. (1995) 
This 
work 

Relative 
deviation

b
 

Lee et al. (1995) 
This 
work 

Relative 
deviation

b 
Exp. data Model Exp. data Model 

 Test 1
a
  

CO2 0.048 0.227 0.249 0.254 +11.9%  0.019 0.010 0.011 −44.7% 

CH4 0.871 0.734 0.717 0.712 −3.0%  0.892 0.900 0.899 +0.8% 

H
+
 0.070 0.031 0.025 0.024 −21.4%  0.073 0.078 0.078 +7.1% 

N2 0.012 0.010 0.010 0.010 −2.0%  0.012 0.012 0.012 +3.3% 

 Test 2
 a
  

CO2 0.219 0.494 0.512 0.511 +3.4%  0.017 0.003 0.002 −85.5% 

CH4 0.715 0.479 0.467 0.467 −2.5%  0.884 0.899 0.899 +1.7% 

H
+
 0.057 0.022 0.017 0.017 −25.0%  0.086 0.087 0.087 +1.3% 

N2 0.009 0.005 0.006 0.006 −18.0%  0.012 0.011 0.011 +1.7% 
aStage cuts for Test 1 and Test 2 are 0.154 and 0.426, respectively. bDeviation of model 
results relative to experimental data. 
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al. (1998). The module parameters and operating conditions of the membrane systems 

used for validation of the countercurrent model are summarised in Table 3.9. 

Table 3.9 Membrane module parameters, feed composition and operating conditions 
for the systems used for countercurrent model validation. 

 

a. Nitrogen and oxygen-enriched air production from air — Feng et al. (1999) 

 Feng et al. (1999) studied air separation for nitrogen and oxygen-enriched air 

production with asymmetric hollow-fibre membranes. The authors tested four different 

flow arrangements (i.e. countercurrent and cocurrent flow with shell- or bore-side feed) 

to identify the best performing configuration. The bore-side feed with a countercurrent 

configuration is found to give a slightly better separation than the shell-side feed. A 

membrane model that takes into account pressure drop in fibre lumen was also 

developed by the authors for this configuration; so the countercurrent model results are 

compared with both simulation and experimental results of Feng et al. (1999). 

As seen from Figure 3.12, model predictions and experimental results are in good 

agreement over a large range of cuts; however, the difference between the model 

predictions and experimental data increases at low nitrogen and oxygen recoveries. 

The recovery and purity of nitrogen- and oxygen-enriched air streams are slightly 

under-predicted at low cuts and over-predicted at high cuts. Feng et al. (1999) 

suggested that such deviations at high stage cuts might be related to concentration 

polarization effects which are neglected in their membrane model calculations. It is 

noteworthy that lines showing the model predictions coincide almost perfectly, 

suggesting that the pressure drop in the lumen has a negligible effect on module 

performance for the system of interest. 

 Module parameter  Feng et al. (1999)  Coker et al. (1998a)  Coker et al.(1998b) 

 Case  Air separation  Air separation  H2 purification 

 Membrane typea  Asymmetric HF  Polysulphone HF  Polysulphone HF 

 Feed composition   𝑥𝑂2
 = 0.205 

  𝑥𝑁2
 = 0.795 

  𝑥𝑁2
   = 0.7841 

  𝑥𝑂2    = 0.2084 

  𝑥𝐶𝑂2
 = 0.0003 

  𝑥𝐻2𝑂  = 0.0072 

 

  𝑥𝐻2
    = 0.650 

  𝑥𝐶𝐻4
  = 0.210 

  𝑥𝐶2𝐻6
 = 0.080 

  𝑥𝐶3𝐻8
 = 0.035 

  𝑥𝐶2𝐻4
 = 0.025 

 Feed pressure (bar)   6.9    5 & 10   42.4 & 76.9 

 Permeate pressure    1.01   1   7.9 & 42.4 

 Feed temperature    23 °C   40 °C   n/a 

 Permeance  

 ×10
–10

mol/(m2•s•Pa) 
   

  O2  : 34.2 
  N2  : 5.92 

  H2O : 3346 
  CO2 : 200.76 
  O2      : 66.92 
  N2      : 11.95 
   

  H2       : 334.6 

  C2H4 : 10.14 
  CH4   : 9.57 
  C2H6 : 6.69 
  C3H8 : 6.32 

aHF: hollow-fibre module. 
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Figure 3.12 Comparison of countercurrent model predictions with experimental and 
simulation results of Feng et al. (1999): (a) nitrogen recovery vs mole 
fraction of nitrogen in retentate stream; (b) oxygen recovery vs mole 
fraction of oxygen in permeate stream.   
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b. Nitrogen production from air — Coker et al. (1998) 

Coker et al. (1998) developed a mathematical model for countercurrent hollow-fibre 

modules and used that model to investigate air separation with polymeric membranes. 

When modelling air separation, Coker et al. (1998) assumed that all CO2 and H2O in 

the feed permeates through the membrane, given their low feed concentrations and 

high gas permeances. As discussed in Section 3.3.3.3, the countercurrent model and 

solution method developed in this study fails to converge at high stage cuts when fast 

permeating components have small feed mole fractions, such as CO2 and H2 (i.e. 

0.03% CO2 and 0.72% H2O) in this case study. Thus to achieve convergence, the feed 

assumed as a binary mixture of 78.41 mol% nitrogen and 21.59 mol% oxygen. 

The impact of feed pressure on product purity is investigated for feed pressures of 5 

bar and 10 bar, while the permeate pressure is kept at 1 bar. The results calculated 

using the adopted countercurrent model presented in Figure 3.13(a), are in fairly good 

agreement with the simulation results of Coker et al. (1998) for different pressure ratios. 

The results suggest that modelling air as a binary mixture for this particular case is 

reasonable and does not interfere with the accuracy of the model predictions. 

c. Purification of hydrogen in a refinery stream — Coker et al. (1998) 

Coker et al. (1998) also presented modelling results for the separation of hydrogen 

from a hydro treated gas stream in a refinery. Two cases are considered where the 

feed to permeate pressure ratio (𝑟) are 1.8 and 5.3. Figure 3.13(b) shows the effect of 

the pressure ratio on hydrogen recovery and purity. 

Overall, the predictions reported by Coker et al. (1998) and modelling results from 

this study are in good agreement, which also shows that the proposed solution method 

for countercurrent model provides meaningful results for the separation of 

multicomponent mixtures for a wide range of operating pressures. The model of Coker 

et al. (1998) takes into account pressure changes in the permeate stream, i.e. pressure 

build-up. The good agreement presented in Figure 3.13(b) suggests that pressure 

build-up in the fibres has a small impact on the permeate and retentate compositions. 
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Figure 3.13 Comparison of countercurrent model predictions with simulation results of 
Coker et al. (1998): effect of pressure ratio on product purity and recovery 
(a) for air separation and; (b) for hydrogen purification. 
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3.3.5 Comparison of membrane models  

Crossflow models are typically used to describe gas separation with spiral-wound 

modules with asymmetric membranes; the crossflow model adopted in this study 

provides highly accurate predictions of real systems as illustrated in three case studies. 

However, as explained in Section 2.7, there is a controversy over the modelling of gas 

transport through hollow-fibre modules, relating to whether gas flow exhibits crossflow 

behaviour irrespective of the module flow pattern or not. Therefore, following the 

authors’ assumptions in Case studies a and b used for validation (Section 3.3.4.2), 

separation with hollow-fibre membrane modules are described using a crossflow model. 

As can be seen in Section 3.3.4.2, crossflow model results agree with the experimental 

data for both countercurrent and co-current flow patterns in asymmetric hollow-fibre 

modules over a wide range of cuts; however, accuracy decreases at high stage cuts. 

On the other hand, some authors such as Feng et al. (1999) claimed that crossflow 

assumption is not valid for all types of membranes and operating conditions; they, 

therefore, developed models based on countercurrent flow to represent hollow-fibre 

modules. Experimental and modelling results presented by Feng et al. (1999) for air 

separation are used to validate the countercurrent model. The model results are in 

excellent agreement with experimental data as shown in validation Case a in Section 

3.3.4.3. Although the crossflow assumption is widely accepted for asymmetric 

membranes, given that the main focus of this study is air separation, findings of Feng 

et al. (1999) should not be ignored. Figure 3.14 and Figure 3.15 compares the 

crossflow and countercurrent model predictions with two sets of experimental data (i.e. 

bore- and feed-side operation at the same operating conditions) presented by Feng et 

al. (1999). Comparison of model and experimental results for O2 and N2 recovery for 

the same experimental operating conditions can also be found in Appendix E. 

As can be seen from Figure 3.14 and Figure 3.15, the countercurrent model over-

predicts the product compositions while crossflow slightly under-predicts (mean 

percentage error in Figure 3.14(b) 0.4% and 1.5% for countercurrent and crossflow 

models, respectively). Although these models do not incorporate any non-ideal effects, 

such as concentration polarisation and pressure variations in the fibres, the results 

suggest that the crossflow model provides conservative predictions of real systems, 

whereas the countercurrent model completely ignores non-ideal effects that can have a 

severe impact on module performance. Obviously, the case studies used for 

comparison of countercurrent and crossflow models cover only a certain range of 

operating conditions. A recent study examined the suitability of the crossflow model to 

describe membrane separation with countercurrent and co-current modules (Yang et 

al., 2017). 
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Figure 3.14 Comparison of crossflow and countercurrent model predictions with 
experimental data for air separation for shell-side feed operation: effect 
of membrane stage cut on (a) retentate nitrogen purity; (b) permeate 
oxygen purity.  
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Figure 3.15 Comparison of crossflow and countercurrent model predictions with 
experimental data for air separation for bore-side feed operation: effect 
of membrane stage cut on (a) retentate nitrogen purity and; (b) permeate 
oxygen purity. 

 

 

0.2 0.4 0.6 0.8

88

92

96

100

 Feng et al. (1999) experimental data

       This work; countercurrent model

               This work; crossflow model

R
e
te

n
ta

te
 N

2
 m

o
le

 f
ra

c
ti
o
n
, 
%

Stage cut

0.2 0.4 0.6 0.8

24

28

32

36

40

44

 Feng et al. (1999) experimental data

 This work; countercurrent model

 This work; crossflow model

P
e
rm

e
a
te

 O
2
 m

o
le

 f
ra

c
ti
o
n
, 
%

Stage cut

(a)

(b) 



 

 

125 

 

The case studies conducted in this study demonstrated that the difference between 

countercurrent and crossflow model predictions were minimal except in cases of high 

selectivity (𝛼  > 200), high purity products and low-pressure ratios (𝑟  < 6.5). The 

selectivity of membrane materials considered in this study is limited to 𝛼 < 50 and such 

low pressure ratios are rarely encountered in membrane-assisted distillation processes. 

In addition, the solution algorithm for crossflow model is less complicated, faster 

and more stable than that of the countercurrent model. As demonstrated in Section 

3.3.3.3.b in certain conditions, the countercurrent algorithm is highly sensitive to initial 

points i.e. it does not guarantee convergence and requires considerably higher 

computational time. Such algorithms are not preferred for design problems where 

process models that are computationally inexpensive and stable over a wide range of 

conditions are required to examine the wide search space. 

Therefore, based on the relatively small differences in predictions and the greater 

simplicity of solution of the crossflow model, the transport of gas molecules in hollow-

fibre modules is assumed in this work to be crossflow (i.e. irrespective of flow pattern) 

as in spiral-wound modules That is, the crossflow model presented in Section 3.3.2.a is 

used for modelling and simulation of membrane separation processes in this study. 

3.4 Implementation of membrane model to Aspen Plus 

After the validation of the membrane model and solution method, the model was 

implemented in Aspen Plus simulation software. An Aspen Plus-Fortran custom model 

for crossflow module has been created in Aspen Plus following the procedure 

described in “Getting started customising unit operation models” manual (Aspen Plus, 

2012). The steps involved when constructing a custom unit operation model in Aspen 

Plus are briefly described below. More detailed information can be found in the user 

manual (Aspen Plus, 2012). 

First, the user model i.e. User2 block was customised by creating a user array 

containing the real and integer parameters corresponding to the membrane unit. An 

example of a user-array created for a membrane model for a ternary mixture can be 

seen in Figure 3.16. Some of these parameters are input parameters that define the 

physical and operational characteristics of the membrane being simulated, such as the 

permeabilities of components and stage cut, while others are output parameters that 

are calculated by Fortran subroutine, such as membrane area and compositions of 

retentate and permeate streams. Then, these parameters were classified as inputs and 

outputs and a reference name is assigned to each parameter using the User Model 

Configuration Editor (Figure 3.17). This assignment allows the user to call the input 
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parameters to the Fortran. Also, one inlet (feed) and two outlet streams (retentate and 

permeate) are connected to the user unit. 

Secondly, the solution method described in Section 3.3.3.1 was coded in Fortran 

using the Visual Basic (VB) development environment. Lastly, the Fortran subroutine 

was compiled and linked to the custom user model by using Aspen Plus Simulation 

Engine (Aspen Plus, 2012). The shared library file *.dll was also created to allow 

execution of the code without needing to link the subroutine and Aspen Plus in each 

simulation run. Thus, after creating the shared library file, the user model can be used 

in any computer with Aspen Plus even if the Fortran compiler is not available. Once the 

custom model is created and added to the model library, it can be used by dragging the 

icon into simulation flowsheets, similarly to built-in models in Aspen Plus. A custom 

icon can be also created for the membrane unit. 

 

 

 

Permeate and 

retentate mole 

fractions & 

membrane 

area 

Feed pressure, 

gas 

permeabilities, 

stage cut and 

step size 

Figure 3.17 User-Model Configuration Editor window showing variables. 

UNIT SPECs. 

OUTPUT 

PARAMs. 

Figure 3.16 Aspen Plus user array for ternary crossflow membrane model. 
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Figure 3.18 Aspen Plus stream results window for the membrane unit. 

 

Figure 3.19 Aspen Plus user array for ternary mixture showing results. 

When the simulation is run, the characteristics of membrane module declared in the 

user array as input parameters (Figure 3.16) and feed stream properties required to 

start Fortran calculations are automatically transferred to the Fortran from Aspen Plus 

user interface. The Fortran subroutine reads these input parameters and performs the 

model calculations and then passes the results back to the Aspen Plus user interface. 

The Fortran code for crossflow membrane model used in this study together with the 

code description can be found in Appendix B. The output parameters (e.g. permeate 

and retentate compositions and membrane area) are reported in block results form and 

the calculated retentate and permeate stream properties (temperature, pressure etc.) 

are displayed in stream results form as shown in Figure 3.18 and Figure 3.19.  

Lastly, to validate the accuracy of the model implementation, Aspen Plus simulation 

results were compared with the results obtained with a stand-alone Fortran run. The 
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results from both platforms for the illustrative case study presented in Section 3.3.3.3 

are identical, as shown in Table 3.10. Simulation in Aspen Plus takes 3 seconds to 

complete. 

Table 3.10 Comparison of Aspen Plus–Fortran model predictions with standalone 
Fortran program results.  

 

In conclusion, the developed user model allows rigorous simulation of a standalone 

membrane unit and can be used to build hybrid membrane–distillation flowsheets in 

Aspen Plus. In the following section, the standalone membrane separation of oxygen 

and argon mixtures is studied using the developed model.  

3.5 Parametric sensitivity analyses 

Parametric sensitivity analyses were carried out using the model in order to explore 

the individual and combined effects of the membrane and module characteristics and 

process operating conditions on the product purity and recovery. Through the 

sensitivity analysis, the potential of the standalone membrane separation of oxygen 

and argon as an alternative to cryogenic distillation is also studied. Therefore, the feed 

and product compositions and product recovery rates that are similar to cryogenic 

distillation are considered in the simulations.  

The changes in species mole fraction on both sides of the membrane, as given in 

Eq. (3.6), depend on the component permeances, feed- and permeate-side 

composition, selectivity, pressure ratio and the stage cut. The influence of these 

parameters (apart from the permeate-side composition which is a model output), on 

recovery, purity and membrane area requirement as well as the trade-offs between 

different model inputs and outputs are explored.  

3.5.1 Recovery–purity trade-off 

First, the membrane model is applied to show how the permeate and retentate 

purity and recovery change with stage cut. The crossflow membrane model, illustrated 

in Figure 3.1(b), is considered. Simulations are performed in Aspen Plus. The feed is 

assumed to contain 90 mol% oxygen and 10 mol% argon, similar to crude argon 

  Aspen 
Plus 

Standalone 
program 

 Aspen 
Plus 

Standalone 
program 

       
Mole fraction  Permeate stream  Retentate stream 

NH3  0.7003 0.7003  0.1997 0.1997 

H2  0.2241 0.2241  0.2759 0.2759 

N2  0.0756 0.0756  0.5244 0.5244 

       
Dimensionless area  1.4740 1.4740    
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column feed (see Section 2.3.1). The feed flow is assumed to be 446 kmol/h (10000 

scmh) at 1.3 bar. The permeance coefficient of oxygen and the O2/Ar selectivity are 

assumed to be 20 GPU and 2.5, respectively—similar to the properties of TMPC 

membrane (Table 2.2), one of the best commercial polymeric membranes in terms of 

selectivity and permeability for oxygen and argon. The membrane assumed to have 0.2 

𝜇𝑚 membrane effective thickness. The stage cut is varied between 0.01 and 0.99. The 

feed and permeate pressures are 20 and 1 bar, respectively. 

Figure 3.20(a–b) illustrates that, while the argon concentration in the retentate 

increases with an increase in stage cut, the opposite is true for fast-permeating oxygen. 

Argon enrichment in the retentate is higher at stage cuts closer to 1; oxygen 

enrichment in the permeate, on the other hand, is a maximum at stage cuts closer to 0. 

The driving force for the separation is proportional to the difference between the 

retentate- and permeate-side component mole fractions. Therefore, the driving force for 

oxygen transport reduces as more oxygen passes through the membrane, resulting in 

a decrease in permeate oxygen mole fraction with stage cut. 

 

Figure 3.20 Oxygen and argon mole fractions in (a) retentate and (b) permeate and the 
recovery and purity of (c) argon in retentate and (d) oxygen in permeate as 
a function of stage cut. 
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concentration in the retentate increases with increasing cut, argon recovery in the 

retentate decreases as more argon passes through the membrane along with oxygen 

molecules. This decrease becomes more pronounced at high argon purities. This 

trade-off relationship between recovery and purity applies to both argon and oxygen 

enrichment, as can be clearly seen in Figure 3.20(c–d). That is, as is well-established, 

either high purity or high recovery can be achieved in membrane separations. 

The membrane area requirements are also shown on a non-linear scale for each 

stage cut beneath the corresponding value for a fixed feed flow rate of 10000 scmh. 

The required membrane area increases at an increasing rate. This is because, the 

concentration of oxygen in the feed side decreases at a higher rate than that of the 

permeate side (Figure 3.20(a–b)), resulting in a decreased partial pressure difference, 

i.e. driving force for oxygen permeation at a fixed pressure ratio. 

For high purity argon production, the membrane area requirements are high 

because, first, the feed is rich in fast-permeating oxygen, and second, the desired 

product is the slow permeating argon. This necessitates operation at stage cuts near 1. 

For example, argon at comparable purity and recovery (argon product with < 1 ppm O2 

and around 30% recovery, see Section 4.3.8) with cryogenic distillation is to be 

produced with a membrane the membrane should operate with a stage cut around 𝜃 =

 0.97. 

The maximum attainable oxygen and argon product purities are about 96 mol% and 

79 mol%, respectively for the operating conditions considered here, as seen in Figure 

3.20(a–b). Therefore, argon at a comparable purity and recovery with cryogenic 

distillation cannot be obtained in a single stage membrane unit using commercial 

polymeric membranes when 𝑟 = 20. Membrane properties similar to those of TMPC 

membrane used in this analysis but as shown in Table 2.2, commercial polymeric 

materials all show selectivities around 2.5 for oxygen–argon mixture. 

3.5.2 Membrane selectivity  

Simulations are also carried out in order to investigate the influence of membrane 

selectivity on the separation performance of the membrane (i.e. product purity and 

recovery). The simulations are performed under the same conditions as in Section 

3.5.1. Membrane selectivity is varied between 2 and 100 by changing the permeance 

of the slow permeating species (i.e. oxygen permeance is assumed constant at 20 

GPU). The membrane module has an effective area of 11300 m2. 

Figure 3.21 illustrates the dependence of argon purities and recoveries on 

membrane selectivity. As expected, argon recovery increases when a membrane with 
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smaller argon permeance (i.e. higher selectivity) is used. This rise in recovery with 

increasing selectivity, however, comes at the expense of reduced purity for the fixed 

area. This is due to the effect of reduced oxygen permeation driving forces, resulting 

from higher oxygen concentration in the permeate stream. As less oxygen passes 

through the membrane, retentate argon purity reduces. This effect can also be 

understood from the stage cut values corresponding to given argon purities: the cut 

decrease with increasing selectivity corresponds to reduced oxygen flux and to a lesser 

extent reduced argon flux. 

 

Figure 3.21 Effect of membrane selectivity on argon and recovery for fixed membrane 
area. 

Figure 3.21 also helps to explain why membranes are often not competitive with 

other technologies for the production of high purity products: although it is possible to 

produce high purity argon even with low selective membranes, the higher the purity, 

the lower the recovery. Such decrease in purity can only be prevented by maintaining 

high partial pressure for the fast-permeating oxygen in the feed-side, which requires 

permeate recycling, extremely high pressure ratios or complex membrane 

arrangements such as membrane cascades connected in parallel and series (Seader 

et al., 1998). However, multi-stage membrane processes are not explored in this work. 

Figure 3.22 shows the effect of membrane selectivity on membrane area 

requirement for argon recoveries varying from 20%, 30% and 40%. The same 

conditions as in the Section 3.5.1 are used, except the feed pressure, which is taken as 

10 bar instead of 20 bar. It is observed that increased selectivity causes an increase in 

the membrane area requirement, where the increase is slightly more pronounced at 

low recovery rates. This increase is again due to the fact that increased selectivity 
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reduces the driving forces within the membrane, resulting in lower oxygen permeation 

flux and thereby a higher membrane area requirement for fixed argon recovery rate. 

 

Figure 3.22 Effect of membrane selectivity on the membrane area for fixed argon 
recovery. 

In addition, although in these simulations the oxygen permeability is assumed 

constant, it is well-known that membranes with high selectivity often exhibit low 
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3.5.3 Pressure ratio and feed pressure  

Pressure ratio is another parameter that strongly impacts the membrane 

performance. Oxygen permeance and membrane selectivity are taken as 20 GPU and 

2.5 as in the previous simulations. The pressure ratio is varied, with membrane feed 

pressures taking the values of 5, 10 and 20 bar, while the permeate pressure is 

maintained at 1 bar. High pressure ratios translate to higher operating costs, but as 

shown in Figure 3.23, it considerably improves the product purity and recovery. When 

the pressure ratio is increased, driving forces and hence oxygen transfer through the 

membrane increases, leading to a higher argon purity and recovery for a given cut. 

However, the increase is less pronounced at greater pressure ratios. Moreover, Figure 

3.23 shows that the area requirement is significantly less at high pressure ratios. 

 

Figure 3.23 Effect of pressure ratio on argon purity, recovery and membrane area. 

There are a couple of factors affecting the area requirement in membrane 

separations. As illustrated in Figure 3.22 and Figure 3.23, selectivity and pressure ratio 

affect the driving forces for separation, and hence the required area. Total membrane 

area is also directly proportional to feed flowrate and inversely proportional to feed 

pressure and permeance (permeability multiplied by membrane thickness) (see Eq. 

(3.11)). So, for fixed permeance and feed flow rate, the decrease in area with 

increasing pressure ratio can be explained by the combined effect of high oxygen flux 

0.05 0.10 0.15 0.20 0.25 0.30 0.35

0.3

0.4

0.5

0.6

0.7

0.8 Pressure ratio

       r = 5

     r = 10

     r = 20

Retentate Ar recovery

R
e

te
n

ta
te

 A
r 

p
u

ri
ty

0.90

0.92

0.94

0.96

0.98

0.99

52.3 51.4 50.1 48.9 47.6 46.5

Membrane area (m2) x 103

23.2 22.8 22.2 21.7 21.1 20.6

r = 20

r = 10

r = 5

11 10.8 10.5 10.3 9.9 9.7

X Axis Title

 



134  

 

and high driving forces for oxygen permeation. The former is a result of the high feed 

pressure, while the latter is a result of the high pressure ratio across the membrane. 

The driving force across the membrane can also be enhanced by reducing the 

permeate side pressure by vacuum pumping of the permeate stream. This 

arrangement could eliminate the need for a feed compressor as it employs a vacuum 

pump instead. For the same pressure ratio, vacuum-pumping and feed compression 

arrangements give the same separation. However, as the membrane area is inversely 

proportional to the feed pressure, vacuum operation requires substantially higher 

membrane areas. For example, for 𝑟 = 5 the membrane areas required with vacuum 

pump arrangement are five-times of those required when feed compression is applied. 

The operating costs of vacuum pumping, in contrast, are lower compared to feed 

compression. Although permeate vacuum pumping is a promising strategy to reduce 

the energy requirements of membrane systems, its use is restricted to niche 

applications due to capital expenditure associated with large membrane areas and 

some other practical limitation; such as the difficulty of maintaining the vacuum (Drioli 

et al., 2017). Moreover, it is suitable for applications where permeate flow is small (i.e. 

operation at low stage cuts). Therefore, vacuum-pumping arrangement is not 

considered in this study. 

 The trade-off between pressure ratio and membrane area for feed compression can 

be seen more clearly in Figure 3.24, where the minimum membrane area required to 

produce of 91 mol% Ar with 30% recovery with a membrane 𝛼 = 5 is depicted. 

  

Figure 3.24 Minimum membrane area requirement for production of 91 mol% argon at 
30% recovery as a function of pressure ratio. 
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Figure 3.24 also shows that, for 𝛼 = 5, it is not possible to achieve even 91 mol% Ar 

purity at 30% recovery unless a pressure ratio of 𝑟 > 30 is applied. The diminishing 

effect of increasing pressure ratio on the area is also shown in Figure 3.24. 

 If argon purity greater than 91% is desired at the same recovery, either or both the 

pressure ratio and membrane selectivity should be increased to increase the driving 

forces for separation. Figure 3.25 investigates the impact of pressure ratio on retentate 

argon purity for 30% recovery: it is evident that increasing the pressure ratio above 25 

does not improve argon purity for a given selectivity. Limiting cases in membrane 

separations, i.e. selectivity and pressure ratio limited operation, are discussed in 

Section 3.3.3.1. It can be observed that it is possible to produce 93 mol% and 99.97 

mol% with membrane selectivity of 5 and 10, respectively. However, pressure ratios 

greater than 𝑟 = 25 have the same effect on achievable argon purity as in 𝛼 = 2.5. 

 

Figure 3.25 Effect of pressure ratio on retentate Ar purity for different membrane 
selectivities and fixed Ar recovery. 
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Figure 3.26 Effect of membrane selectivity on retentate Ar purity for different pressure 
ratios and fixed Ar recovery. 

Figure 3.27 illustrates the relationship between selectivity and pressure ratio at 

fixed argon purity with < 1 ppm oxygen at a recovery rate of 30%. For a fixed pressure 

ratio, there is a corresponding minimum membrane selectivity to achieve the desired 

separation (and vice versa). This “attainability plots” concept of Alshehri and Lai (2015) 

well demonstrate the characteristics and limitations of membrane separations. For the 

case considered here, it is clear that if a membrane with the selectivity of 𝛼 ≥ 16 is not 

available, it is not possible to achieve the desired purity and recovery concurrently. 

Likewise, a minimum of 𝑟 = 11.7 is required. Selectivity–pressure ratio pairs in the 

region above the curve could be used in order to meet the purity and recovery 

specifications. 

 Figure 3.27 also highlights the importance of the selectivity of available materials in 

membrane separations in enabling the desired separation. Membrane selectivity 

represents an inherent limitation, not an economical limitation as in the case of 

pressure ratio. The results clearly indicate that membrane separation using polymeric 

membranes is not a feasible alternative to cryogenic distillation for argon production for 

standalone membrane separation in a single-stage membrane unit. On the other hand, 

results suggest that it is possible to achieve a comparable argon purity and recovery 

with cryogenic distillation using highly selective CMS membranes (when operated 

below –90 °C, see Table 2.2). Therefore, argon production with CMS membranes is 

studied in Section 5.6 from an energy point of view in order to assess the economic 

viability of standalone membrane separations. 
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Figure 3.27 Attainability plot: required selectivity and pressure ratio for production of Ar 
1 ppm O2 with a recovery rate of 30 %. 

3.5.4 Feed composition 

Apart from the selectivity and pressure ratio, the feed composition influences the 

driving forces in a membrane. When considering purification of the crude argon stream 

with a membrane as a substitute for distillation, the feed composition is not an 

independent variable in the process as the composition of the crude argon stream from 

LPC is more or less fixed. However, in a hybrid arrangement, in fact, it represents an 

important degree of freedom as the membrane feed stream can be taken off from any 

stage in the crude argon column. Thus, the dependence of argon purity on feed 

concentration for membrane selectivities of 2.5, 5 and 10 is studied in Figure 3.28. 

 As expected, the purity of argon in the retentate increases as its mole fraction in the 

feed increases. This result suggests that, in order to affect the same separation, 

membrane selectivity and pressure ratio requirements decrease with increasing 

concentration of argon in the feed. However, the increase in purity with increasing feed 

concentration becomes less dramatic at higher argon purities and membrane 

selectivities. As discussed earlier in Section 3.5.1, this is because high product purity 

leads to a decline in the total driving force for oxygen permeation, resulting in a smaller 

increase in retentate argon purity. 

Yet, the results shown in Figure 3.28 do not truly show the sole effect of feed 

composition on separation achieved in the membrane. The flux of a species is directly 

proportional to the difference between its feed and permeate concentration (see Eq. 

(3.6)). Therefore, feed streams richer in the fast-permeating gas, as in the case of the 
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crude argon stream, are favoured in membrane separations. This can be better 

understood by calculating ‘separation factor’ for the membrane. The separation factor 

(SF), analogously to relative volatility in distillation, is a measure of separation achieved 

in a membrane process (Seader et al., 1998). Here, the separation factor (SF) is 

defined as: 

 
 

(3.22) 

where xi and yi are the retentate and permeate mole fractions of component 𝑖. The 

SF depends on operating conditions and membrane properties. As seen in Figure 3.28 

(shown for 𝛼 = 2.5), the higher the argon concentration in the membrane feed, the 

smaller the separation factor—the more favourable splits of argon and oxygen—for 

fixed pressure ratio and selectivity. 

 

Figure 3.28 Effect of feed composition on Ar purity for different membrane selectivities; 
at 30 % recovery and pressure ratio of 10. 

3.5.5 Parametric studies — summary and conclusions 

Parametric analyses were conducted to investigate the effects of different 

membrane properties and operating parameters on a single-stage membrane unit 

performance separating a crude argon stream containing 90 mol% O2 and 10 mol% Ar. 

First, the inherent purity-recovery trade-off for membrane separations was shown. The 

purity of argon in the retentate stream increases with increasing cut, while its recovery 

decreases with cut (and vice versa for oxygen in the permeate stream). It was also 
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shown that the separation achieved (i.e. purity and recovery) depends essentially on 

the membrane selectivity and pressure ratio for a given feed composition. 

 Although increasing selectivity increases purity for fixed recovery, it leads to lower 

driving forces for the fast-permeating oxygen, resulting in higher membrane area 

requirements. In addition, highly selective membranes have intrinsically low 

permeabilities, in particular, polymeric membranes. The combined effects of lower 

driving forces and smaller permeability contribute to significantly larger membrane area 

requirements when membranes with high selectivity are used. These results overall 

suggest that highly selective membranes might not always be the most profitable in 

membrane-based gas separations; for example, a moderately selective membrane 

might be more economical if capital costs associated with membrane unit are high. 

 Increasing pressure ratio, on the other hand, enhances the separation, but more 

importantly, it reduces the membrane area requirement. It was also shown that there is 

a minimum pressure ratio and selectivity requirement in order to achieve a certain 

recovery and purity simultaneously in membrane separations. 

 The sensitivity analysis, particularly the “attainability plots” also allowed the 

assessment of the technical feasibility of high purity argon production with a standalone 

membrane as an alternative to distillation. The results showed that a membrane 

selectivity of at least 𝛼 = 16 is required, and hence among the materials tested in the 

open literature for oxygen–argon separation, only CMS membranes can yield a similar 

argon purity and recovery to that of distillation when the required pressure ratio is 

provided. This brought up the question of whether the membrane separations with 

CMS membranes are economically compatible with distillation. Therefore, their 

economic viability is explored through detailed process flowsheet simulations in Aspen 

Plus, which is presented in Section 5.6. 

 Lastly, it was demonstrated that a higher feed concentration of oxygen results in 

higher driving forces, reducing membrane area, selectivity and pressure ratio 

requirements to affect the same degree of separation. 

3.6 Summary 

Two types of membrane materials, polymeric membranes and carbon molecular 

sieves, are selected for oxygen–argon membrane separation. The well-known solution-

diffusion mechanism is used to describe the transport of gas molecules through the 

membrane for both types of membrane materials. Membrane models presented by 

Shindo et al. (1985) are adopted in the present study. Flow patterns investigated for 
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oxygen–argon membrane separations are limited to the two widely applied module flow 

patterns: countercurrent and crossflow. 

 After selection of the appropriate models, methods to solve governing model 

equations are proposed. Models and numerical solution methods are coded in Matlab 

and Fortran. The robustness of both solution methods is tested for a range of input 

data (especially pressure ratio and membrane stage cut). It is found that the crossflow 

algorithm is robust, whereas the countercurrent algorithm fails to converge for high 

stage cuts at high pressure ratios (e.g. high recovery of fast permeating species), 

particularly when multicomponent separation is considered. Finally, for validation, the 

model predictions are compared with experimental data and simulation results for a 

number of published case studies. The aim for validation studies was two-fold: to test 

the stability and accuracy of the proposed calculation methods and to test the 

predictive ability of the membrane models. Generally, both models showed good 

agreement with the experimental data and simulation results from previous studies.  

Comparison of models with experimental data showed that the crossflow model is a 

good compromise between complexity (i.e. computational cost) and accuracy. 

Therefore, in this study, the crossflow model is selected for describing membrane 

separations of oxygen and argon in hollow-fibre and spiral-wound modules. 

 Next, the crossflow model is implemented in Aspen Plus as a user-defined unit to 

facilitate simulation and added to Aspen Plus unit operation model library. Finally, the 

user-defined unit is used to evaluate standalone membrane separations of oxygen–

argon mixture and to investigate the effects of membrane types, selectivity and 

operating conditions on the separation achieved in the membrane. It is found that, 

among the membrane materials available today, only CMS membranes exhibit 

selectivities those are high enough to produce argon at similar purity and recovery rate 

to cryogenic distillation. 
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4 MODELLING OF AIR 

SEPARATION BY 

DISTILLATION 

4.1 Introduction  

     In this chapter, the process model for argon production from air, a benchmark model 

representing the state-of-the-art technology, is built. The benchmark process model 

provides the basis for the development of membrane-assisted distillation flowsheets for 

argon production. In addition to that, it is used as a comparator basis to assess the 

performance of novel membrane-assisted flowsheets developed in this study. 

The benchmark process flowsheet is modelled and simulated in Aspen Plus using 

the built-in process models. Modelling and simulation of cryogenic ASU are 

challenging; the core of the process comprises an interconnected three-column system 

with interdependent pressures, temperatures, flows and compositions. For energy 

optimum operation, it is necessary to maximise heat coupling whilst meeting industrial 

high-purity product specifications and satisfying operational constraints. Therefore, this 

study proposes an optimisation-based modelling and simulation approach, using the 

built-in optimisation tool in Aspen Plus. 

For a better demonstration of the proposed approach, two air separation cycles, 

starting with a relatively simple flowsheet and moving into the ASU co-producing argon, 

are modelled and optimised. First, the key features of processes of interest are 

described in detail to provide an insight into the processes. Second, the assumptions 

and specifications, as well as details regarding flowsheet development in Aspen Plus 
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are presented. Special attention is given to the selection of models that represent 

thermophysical properties of oxygen–nitrogen–argon mixtures. Finally, finding the 

optimum operating conditions of cryogenic ASUs using the optimisation tool is 

explained in detail and the performance of the flowsheet is evaluated. The flowsheets 

are evaluated in terms of the overall power demand of the process, i.e. MAC power 

demand which is the greatest component in the operating cost of the cryogenic air 

separation units. 

Model construction starts with selecting an appropriate physical property method to 

provide adequate accuracy in process simulations. 

4.2 Modelling of physical properties of air  

In modelling studies, the accuracy of the simulation results depends significantly on 

the physical property model, making the choice of model vital. More importantly, 

inaccurate results could lead to more serious consequences, such as process safety 

incidents. In particular, when simulating distillation of air, one should ensure that the 

vapour–liquid equilibrium (VLE) compositions, vapour pressures, fugacity coefficients 

and volatilities of oxygen, nitrogen and argon are being estimated appropriately. 

Therefore, in this study, the vapour–liquid equilibrium predictions for oxygen–argon 

and oxygen–nitrogen mixtures using four different models are compared with 

experimental data in order to select a suitable model. Four possibly suitable equations 

of state, which are readily available in Aspen Plus—Peng–Robinson (PR), Peng–

Robinson with Boston–Mathias modification (PR–BM), Soave–Redlich–Kwong and 

more recently developed GERG-2008 (Kunz and Wagner, 2012)—have been selected 

for evaluation. The predicted component vapour pressures and compositions at 

equilibrium and relative volatilities are compared to experimental data from the open 

literature. Full details of the analysis, including selection criteria for the equations of 

state, selection and screening of experimental data as well as the results, can be found 

in Appendix F. Both graphical and statistical comparisons of model predictions with 

experimental data are made. 

Overall, a good agreement with VLE data for binary mixtures of oxygen–argon and 

oxygen–nitrogen and predictions of Peng–Robinson, PR with Boston–Mathias 

modification and GERG-2008 predictions is found. Soave–Redlich–Kwong is found to 

be unable to accurately predict VLE behaviour of the mixtures of interest with 

deviations up to ±15% for relative volatility. GERG-2008 achieves slightly higher 

accuracy than the other models, especially for VLE properties of oxygen–argon mixture. 

There are subtle differences between the predictions of PR and PR–BM models. It was 

decided to use the original formulation of Peng–Robinson, the reason for this decision 
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is explained and discussed in Appendix F in detail. Having identified the suitable 

models, the computational demand of models is tested by running simulations of 

benchmark flowsheet. The results showed that simulations with GERG-2008 are time 

intensive and highly prone to convergence difficulties while the Peng–Robinson cubic 

equation of state permits quick and convenient calculations for mixture thermodynamic 

calculations of air. Based on these results, the Peng–Robinson equation of state is 

selected for use in this study. 

In addition to that, aiming to improve the accuracy of the predictions, the 

experimental data is regressed with the Peng Robinson equations of state to find 

binary interaction parameters for oxygen–argon and oxygen–nitrogen pairs. However, 

the model predictions using the regressed binary interaction parameters are found to 

be only slightly better than the built-in parameters. Therefore, it was decided to use the 

default binary interaction parameters for the components in the proposed system as 

the binary parameters are regressed for a wider range of operating conditions, making 

them more suitable for the simulations conducted in this study. For complete analysis 

and discussion of the regression results please see Appendix F. 

4.3 Modelling and simulation of air separation units 

Modelling of the benchmark process—conventional air separation units—is one of 

the most important milestones in this project. Numerous process configurations exist in 

the literature, in particular in the patent literature, for argon production via cryogenic air 

separation. Common steps in air separation process configurations presented in these 

studies are described in Section 2.3.1 along with technologies employed for argon 

purification in ASUs. 

In the last decade, little scholarly attention has been paid to argon separation 

process from air. The academic literature mostly discusses generic features of relevant 

cycles, whereas the patent literature reports numerous flowsheet variants, often with 

subtle structural modifications aiming to improve the process in terms of profitability, 

safety, product slate flexibility, etc. Nevertheless, patents provide very little information 

about the process conditions, merely stating the anticipated outcomes and the cost 

implications. Consequently, it was not possible to adopt the benchmark process 

configuration (including, feed, product and equipment specifications and operating 

conditions) based on the open literature. 

Section 2.3.1 presents generic information about air separation cycles, noting that 

only low-pressure cycles co-produce argon. In elevated-pressure cycles columns 

operate at 10–14 bar, compared to 4–7 bar column pressure in LP cycles (Kansha et 

al., 2011; Fu et al., 2016a; Fu et al., 2016b). Reduction in relative volatility due to high 
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operating pressures makes oxygen and argon separation far more difficult in EP cycles 

than it is in LP cycles. Consequently, the more difficult separation renders the argon 

recovery from EP cycles economically unattractive (Smith and Klosek, 2001). 

This study only considers the most recently introduced and widely-used distillation-

only route for argon purification. The benchmark process configuration, which 

represents an industrial scale argon production via distillation-only technology, is 

developed based on insights derived from the literature. Initially, a low-pressure PLOX 

(LP PLOX) cycle—generic oxygen- and nitrogen-producing cycle—is developed and 

modelled in Aspen Plus. Later, the benchmark configuration is formed by adding the 

argon purification subsystem (i.e. the argon purification columns and the other auxiliary 

equipment) to the PLOX flowsheet. The feed, equipment and product specifications for 

the PLOX cycle are obtained through private communications with one of the leading 

industrial gas manufacturers. Information about the argon subsystem is either gathered 

from the open literature or follows from that used in the PLOX cycle simulations for 

similar equipment. 

The benchmark flowsheet model was evolved from the simpler, core ASU flowsheet 

(i.e. the core process separating oxygen and nitrogen) to the more complex ASU 

flowsheet with co-production of argon. The simulation of highly complex ASU 

flowsheets with argon co-production requires a good understanding of the pressure 

and energy balances in the core process, as well as the heat integration scheme and 

practical and operational constraints. This two-stage approach for flowsheet 

development facilitates a good understanding of the process features and hence eases 

the construction and the solution of the model. 

For a given product slate, due to the interdependence of the process streams and 

the three interconnected distillation columns, the airflow to the ASU, operating 

temperatures and pressures of the equipment and units, flow rate, pressure and 

temperature of internal process stream should be adjusted accordingly to ensure safety 

and energy-optimal operation. Thus, we used the optimisation tool in Aspen Plus in 

order to impose the process constraints as well as to guarantee an energy-optimal 

solution. The flowsheets and modelling and optimisation approach are described in the 

following sections step by step. 

4.3.1 Modelling and simulation of low-pressure PLOX cycle in Aspen 
Plus V8.4. 

The LP PLOX cycle—also referred to as double-column oxygen generator—

produces gaseous nitrogen (GAN) and oxygen (GOX). The final products are ~98 

mol% GAN and 99 mol% GOX. Both gaseous products are obtained at around 
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atmospheric pressure (1.2–1.3 bar). The required product pressure is achieved by 

internal compression of the gaseous oxygen before leaving the cold box, i.e. referred to 

as PLOX-cycle, as described in Section 2.3.1. A typical PLOX double-column oxygen 

generator process, excluding the upstream feed treatment units, e.g. adsorption unit, is 

illustrated in Figure 4.1. 

 

Figure 4.1 Gaseous oxygen (GOX) and gaseous nitrogen (GAN) production from an 
LP-PLOX air separation cycle. 

 A detailed description of the process can be found in Section 2.3.1. The key 

features of ASU flowsheets, illustrated in Figure 4.1, which are also in common argon-

producing ASUs, are as summarised below: 

[1] After the compressor after-cooler, the air feed to the cold box is split into 

three portions before entering the multi-stream heat exchanger. This splitting 

of the feed stream into three portions is exclusive to PLOX cycles. 

[2] The first portion after being cooled to its dew point against product streams 

in the MHEX is fed to the bottom of the HPC (high-pressure column). The 

second portion, which leaves the MHEX at a higher temperature than the 

first portion, is expanded in a turbo expander and then fed to the LPC (low-

pressure column) at an intermediate location. 

[3] In PLOX cycles, the oxygen product (and, if desired, nitrogen product) is 

withdrawn as liquid from the LPC sump and vaporised in the MHEX. This 

requires another high-pressure stream—here a portion of high-pressure air 

feed to ASU—to be liquefied in MHEX in order to recover the cooling in the 
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LOX stream. Therefore, the last portion is liquefied in the MHEX before being 

sent to the LPC at a location above the expanded air feed stage. The 

liquefied air leaves the MHEX as a subcooled or saturated liquid. 

[4] Normally a purge stream of 0.2–0.5% of the feed air is withdrawn from the 

LPC sump to ensure safe operation of the plant as described in Section 

2.3.1. The PLOX arrangement does not require removal of hazardous 

impurities; hence the purge stream is eliminated (see Section 2.4). 

[5] HPC product streams, liquid nitrogen (LIN) reflux and crude liquid oxygen 

(CLOX), are fed to the LPC after being throttled to LPC pressure, i.e. near 

atmospheric pressure. 

[6] High-purity gaseous nitrogen at the top of the HPC is fully condensed in the 

shared condenser/reboiler against liquid oxygen (LOX) at the bottom of the 

LPC. The resulting liquid nitrogen stream is shared between the HPC and 

LPC as reflux. 

[7] The LPC produces high-purity LOX at the bottom and high-purity GAN at the 

top. A part of the LOX is vaporised in the condenser/reboiler, providing boil-

up for the LPC; the remaining is LOX product stream which is sent to the 

MHEX. 

4.3.2 Flowsheet configuration and simulation 

The main steps involved building the model in Aspen Plus V8.4 and the 

assumptions used in simulations are described in this section. Figure 4.2 shows the 

Aspen Plus simulation flowsheet for the oxygen generation cycle in Section 4.3.1.  

Due to low concentrations of other components in air, air is modelled as a ternary 

mixture of nitrogen, oxygen and argon. It is assumed that CO2 and water in the 

atmospheric air are almost completely removed in a molecular sieve adsorption purifier 

before distillation. The upstream purification units are not modelled in this study. The 

key features and decision variables in the process are selected through sensitivity 

studies exploring the pressure, energy and material balance in the process. 

The double-column arrangement is simulated using two separate distillation 

columns: one with a reboiler (LPC) and the other with a condenser (HPC). The heat 

from the condenser added to the reboiler. 

The operating pressures of the columns and hence the required MAC outlet 

pressure has to be determined. The pressure balance through the system and the 

MAC outlet pressure are dictated by the minimum acceptable temperature approach in 
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the condenser/reboiler and the required product pressures. The ASU configuration 

considered here is a low-pressure cycle, meaning that the products are produced at 

atmospheric pressure. Therefore, the LPC top pressure can be calculated from the 

pressure drop in the process line. The bottom pressure of LPC is equal to the sum of 

the top pressure and pressure drop in the column. The pure liquid oxygen (LOX) at the 

LPC sump is boiled by condensing pure high-pressure nitrogen (GAN) at the top of the 

HPC in the shared condenser/reboiler. 

The thermal link between the condenser and reboiler is as follows: Liquid oxygen 

(LOX) at the LPC sump boils at LPC reboiler pressure. The pressure of boiling oxygen 

(i.e. LOX at the LPC sump) determines its temperature. The condensing temperature of 

gaseous nitrogen at the HPC condenser can then be determined accordingly based on 

the LPC reboiler temperature and the temperature approach in the condenser/reboiler. 

The condensing temperature of nitrogen dictates the condensing nitrogen pressure; i.e. 

the HPC condenser pressure. Knowing the HPC top pressure and the pressure drop in 

the column, the feed pressure, i.e. the MAC outlet pressure, can be determined. 

However, it is not possible to directly back-calculate the MAC pressure using Aspen 

Plus. A convenient way to find the MAC pressure and the pressures through the 

process line is to use features offered by Aspen Plus under the Flowsheeting Options 

and Model Analysis Tools. The practical constraints regarding the pressure balance are 

implemented to the simulation using the optimisation tool, as later explained in Section 

4.3.4. The optimiser manipulates the MAC discharge pressure to obtain the desired 

product pressure. The optimiser also determines the optimum operating conditions, 

such as the air flow rate to the ASU. 

During the simulations, the operating pressures and temperatures of the columns 

and other equipment can be calculated based on the MAC pressure. However, one 

pressure in the system has to be specified initially: the HPC condenser pressure. When 

the optimiser manipulates the MAC discharge pressure, the corresponding condenser 

pressure must be calculated and adjusted accordingly. Consequently, a calculator 

block, which is applied in every optimisation run to account for pressure relationship in 

the HPC: 

 
(4.1) 

     where PCond and PAIRTOHP  are the condenser and column feed pressure, respectively. 

∆PCond is the pressure drop across the condenser whereas ∆Pstage is the pressure drop 

per stage in the column. NTotal-HPC is the number of stages in the HPC. The box at the 

left corner of Figure 4.2, titled CONDPRES is the calculator block.  

PCond = PAIRTOHP − ∆PCond − (NTotal-HPC − 1) × ∆Pstage 
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Two split fractions of the feed splitter—the expander flow, which depends on the 

process cooling deficit, and the required liquid air flow, which depends on the quantity 

of the GOX product—should be specified. An approximate value for the required 

expander flow and corresponding split fraction, ωTOEXPAN (ωTOEXPAN = FTOEXPAN / [FLIQAIR 

+ FTOEXPAN + FAIRTOHP]) can be calculated from the overall energy balance around the 

ASU. Table 4.1 illustrates an example case for calculating the expander flow based on 

the material and energy balance. Assuming that the oxygen recovery from the ASU is 

95% and the air is compressed to 6 bar absolute pressure, the enthalpies of feed and 

product streams can be found. 

Table 4.1 Calculation of required expander flow rate to ASU based on material and 
energy balances in ASU.  

 

As expected, the enthalpy flows of product streams are lower than that of the air 

feed stream. This loss, together with the heat leak into the cold box, constitutes the 

total refrigeration need of the ASU. Assuming that, the expander generates 1400 kJ 

cooling per kmol air expanded from the MAC pressure to around the LPC pressure, the 

required expander flow is found to represent approximately 5.6% of total air flow to the 

ASU. The expander flow rate must be optimised to minimise the required amount of 

refrigeration, but the material and energy balances around the ASU allows provide a 

good initial estimate for the expander flow rate. 

The split fraction of liquid air, ωLIQAIR can also be estimated based on the amount of 

LOX that needs to be vaporised in the MHEX: 

 

(4.2) 

where ∆HVAPLOX and ∆HVAPAIR are the latent heats of vaporisation of LOX and the 

liquid air stream, respectively. 𝛾GOX is the overall oxygen recovery rate. For example, 

assuming that oxygen recovery is 95% and the MAC discharge pressure is 6 bar, the 

split fraction of the liquid air stream is approximately 26% of the air flow to the ASU. 

 Pressure  Temp. Mole fraction   Flow  Enthalpy 

 
bar  °C O2 N2 Ar    scmh   (kJ/kmol) kW 

Compressed air to cold box 6.0  31 0.2095 0.7812 0.0093  45200  128.5 72.0 

GAN from cold box 1.1  28 0.0155 0.0091 0.9754  36200  78.7 35.3 

GOX from cold box 1.3  28 0.9900 0.0000 0.0100  9000  75.2 8.4 

  
 

    
     

Refrigeration loss 
 

 
    

    28.3 

Heat leak 
 

 
    

    16.0 

Expander 

 

 

    
 2552  1400 44.3 

Percentage flow (%)        5.6%    
a
scmh: standard (or normal) cubic meter per hour (Sm

3
/h and Nm

3
/h), in Aspen Plus the 

standard conditions are defined as ideal gas at 1.01325 bar and 0 ºC. 

ωLIQAIR =
  0.2095 × 𝜸GOX × ∆HVAPGOX

  

∆HVAPAIR
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(4.3) 

The dew point of the portion of air being liquefied should be higher than the LOX 

bubble point temperature, by at least the minimum approach temperature, to allow heat 

transfer in the MHEX. Since air has a lower boiling point temperature than the pure 

oxygen, the air pressure should be higher than that of pure oxygen. The minimum 

required air pressure at different LOX pressures, calculated using Aspen Plus, is 

shown in Figure 4.3. 

 

Figure 4.3 (a) Minimum required air pressure to vaporise LOX in MHEX as a function 
of LOX pressure; (b) the corresponding ratio of liquefied air to the air flow to 
ASU as a function of LOX pressure (assuming an oxygen recovery rate of 
95%). 

As indicated from Figure 4.3, for the PLOX cycle producing GOX at atmospheric 

pressure air at the MAC discharge pressure is enough to allow heat exchange between 

the air and the liquid oxygen. If LOX were pumped to a higher pressure before being 

vaporised in MHEX, it would be necessary to employ a booster compressor (as shown 

in Figure 2.4) to compress this portion of air to the required pressure before feeding it 

to the MHEX. 

Heat ingress to the process is introduced as an energy stream (HEATLEAK in 

Figure 4.2) that is equally distributed between two process streams (AIRTOHP and 

LINREF). Heat is transferred to these streams through heater blocks operating at 

constant pressure (HL1 and HL2). Note that these are hypothetical heaters, allowing 

simulation of heat leaks from the environment as encountered in real systems. Table 

4.2 summarises the unit operations and the corresponding models. 

ωLIQAIR =
  0.2095 × 0.95 × 6665(kJ/kmol) 
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Table 4.2 The equipment and unit operation models used in ASU simulations. 

 

The main air compressor (MAC in Figure 4.2) is implemented using Compr model in 

Aspen Plus. The compressor is modelled as a single stage compressor as although 

three stages would be needed in practice. The Heater model is used for the 

compressor aftercooler (MACAC). The Compr model, in turbine mode, is used for the 

expander. Heat ingress (HEATLEAK) is modelled with the Heater model. All valves in 

the flowsheet are modelled using the Valve model. The FSplit model for splitters and 

Mixer model for mixers are used. A countercurrent MHeatX type heat exchanger is 

used for the MHEX. The rigorous RadFrac equilibrium-stage model is used for 

distillation columns in the flowsheets (HPCOLUMN and LPCOLUMN). The HPC is 

modelled as a refluxed absorber, whereas the LPC is modelled as a reboiled absorber. 

4.3.3 Assumptions and unit specifications 

Advice on product specifications and process conditions was provided by Air 

Products (Air Products, 2015). Operating conditions and equipment specifications used 

in simulations are shown in Table 4.3. The product flow rates are given in scmh (the 

standard cubic meter per hour), which is a common unit used in ASU calculations. The 

stages in the column are numbered from top to bottom. The shaded lines indicate the 

variables manipulated in the optimiser; hence the values given for these parameters in 

Table 4.3 are the initial estimates. 

Block ID Aspen Plus Model Purpose / Specs / Mode 

MAC  Compr Compresses the feed air. Compressor mode. 

MACAC Heater Compressor after cooler.  

AIRDIV FSplit Splits the incoming air to three portions. 

MHEX MHeatX Exchanges heat between cold product and hot 
feed stream(s). Counter current mode.  

EXP Compr Generates cooling. Turbine mode. 

HL1, HL2 Heater Heat leak entering to the process through two 
heaters.   

HPCOLUMN 
 

RadFrac Refluxed absorber with total condenser. 
Equilibrium stages mode. 

HEATLEAK Heat Stream Heat ingress to the cold box. 

HLSPLT FSplit Splits the heat stream to two equal parts 

LPCOLUMN 
 

RadFrac Reboiled absorber with Kettle reboiler. 
Equilibrium stages mode. 

WASTEDP Heater GAN product valve. 

CONDPRES Calculator Calculator block. Calculates the HP column 
condenser pressure.   

GANPURITY DesignSpec Design specification in HPC. Achieves desired 
HPC top product (LINREF) purity.  
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Table 4.3 Unit and stream specifications for the modelling of the PLOX cycle producing 
gaseous nitrogen and oxygen. 

 

  

Parameter Value 

Equipment specifications  

Multi-stream heat exchanger (MHEX)  

Pressure drop across the heat exchanger  0.1 bar 

Warm-end ΔT in the heat exchanger:  3 °C 

Vapour fraction of inlet air 0.98 

The temperature of expander inlet –150 °C 

Degrees sub-cooling of liquefied air (LIQAIR) 1 
  
Compressor (MAC)  

     Mechanical efficiency 95% 

     Isentropic efficiency 70% 

Compressor outlet pressure  7 bar 
  
Compressor after cooler (MACAC)  

Cooling water temperature 25 °C 

Approach to cooling water temperature 6 °C 

Pressure drop in the cooler 0.1 bar 
  
Expander (EXP)  

Expander efficiency 80% 

Expander outlet pressure 2 bar 
  
Splitter (AIRDIV)  

Split fraction of liquid air (LIQAIR) 0.26 

Split fraction of expander air (TOEXPAN) 0.06 
  
High-pressure column (HPCOLUMN)  

Number of stages 35 

Pressure drop per stage 0.0009 bar 

Pressure drop across the condenser 0.0345 bar 

Distillate rate  10000 scmh 

Condenser/reboiler approach temperature 1.5 °C 
  
Low-pressure column (LPCOLUMN)  

Number of stages 73 

Pressure drop per stage 0.0014 bar 

Condenser pressure 1.3 bar 

Bottoms rate 9000 scmh 

Feed stage locations  

Oxygen-enriched stream from HPC (CLOX-HP)  35 

Pure N2 reflux from HPC (LINREF) 1 

Expander outlet stream (EXPANOUT) 35 

Liquid air stream (LIQAIR2) 13 
  
Heat leak (HEAT LEAK) 16 kW 

Waste GAN throttle valve pressure drop 0.2 bar 
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Table 4.3 (cont.) Unit and stream specifications for the modelling of the PLOX cycle 
producing gaseous nitrogen and oxygen. 

 

4.3.4 Optimisation 

The optimisation tool in Aspen Plus is used to solve the flowsheet model and to find 

the minimum energy optimum solution for the given product specifications. The 

optimisation problem can be summarised as below: 

 

A. Objective function  

The performance indicator in the ASU simulations is selected as the MAC power 

demand. As explained in Section 2.3.1, the MAC is the main source of power 

consumption in the ASU. The objective function for optimisation is entered directly as a 

variable in the Flowsheet Analysis, Optimisation tool.  

 

 

Parameter Value 

Feed specifications  

Composition of air (in moles)  

Oxygen (O2) 0.7812 
Nitrogen (N2) 0.2095 
Argon (Ar) 0.0093 

 
Temperature of inlet air 20 °C 

Pressure of inlet air 1.01 bar 

Molar flow rate  45000 scmh 

  
Product specifications 
 

 

Gaseous nitrogen (GAN)  

Molar purity ~98 % 

Pressure 1.0 bar 

Temperature  28 °C 

  
Gaseous oxygen (GOX)  

Molar flow rate  9000 scmh 

Molar purity 99 % 

Pressure 1.3 bar 

Temperature  28 °C 

 

Minimise Main air compressor (MAC) shaft work 

subject to: Unit operation models 

     RadFrac, MHeatX, Compr and other unit operation models  

 Flowsheet connectivity 

 Thermodynamic models (Peng–Robinson package) 

 Design (practical constraints) and operational variable bounds 
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B. Constraints 

 There are nine constraints: 

 

where WMAC is the power demand of the MAC; QHPC-Cond and QLPC-Reb are the heat 

duties of the HPC condenser and LPC reboiler; THPC-Cond and TLPC-Reb are the condenser 

and reboiler temperatures; PGAN is the GAN product pressure; xGOX,O2 is the GOX 

product purity. TExp-in and Tdew
Exp-in

are the temperature and the dew-point temperature 

of the expander (EXP) inlet stream, respectively; PExp-out is the expander discharge 

pressure; PLPC-top is the top pressure of the LPC; ∆Pstage is the pressure drop in the 

column per theoretical stage; NExp-out is the stage at which the expander outlet is fed to 

the LPC; ∆TMHEX

 min
 and ∆TMHEX

 hot-side
are the minimum approach and the hot-side approach 

temperatures in the MHEX, respectively. 

Two of the constraints are related to the turbo-expander: Eq. (4.8) represents the 

expander operating at a discharge pressure which results in an expander discharge at 

a temperature above its dew point. This ensures that the expanded air stream remains 

in the gas phase at the outlet of the expander. Eq. (4.9) ensures the expander 

discharge pressure is above or equal to the pressure of the LPC stage to which it is fed. 

Eq. (4.10) and Eq. (4.11) represent the constraints for heat exchange in the MHEX. 

The last constraint Eq. (4.12) is the product purity of liquid nitrogen (LINREF) at the 

top of HPC. This stream supplies internal reflux to the LPC; hence its oxygen content is 

kept low < 5 ppm O2. Instead of imposing this targeted purity as a constraint to the 

optimisation, the Design Spec feature in the RadFrac model is used; this assists 

convergence of the flowsheet model. The HPC distillate rate (FLINREF) is varied to 

achieve the desired LINREF purity. 

The product flow rate (GOX) is specified as the bottoms flow rate of the LPC, rather 

than as a constraint in the optimisation. As for GAN, as it is a by-product, its flow rate, 

min.     WMAC 
 

s.t.       QHPC-Cond − QLPC-Reb = 0 kW 

 

(4.4) 

THPC-Cond = TLPC-Reb + 1.5 ˚C  
(4.5) 

PGAN ≥ 1.0 bar (4.6) 

xGOX,O2
 ≥ 0.990 (4.7) 

TExp-in ≥ TdewExp-in
+ 10 ˚C (4.8) 

PExp-out ≥ PLPC-top + ∆PStage ×  NExp-out − 1  (4.9) 

∆TMHEX

 min = 1.3 ˚C (4.10) 

∆TMHEX

 hot-side = 3 ˚C (4.11) 

xLINREF,O2
 =  5 ppm         (4.12) 
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purity and recovery depend on the GOX product specifications and the design of the 

ASU. Liquid oxygen (LOX) production is not considered and therefore all of LOX is 

vaporised in MHEX. 

C. Manipulated variables 

The ten manipulated variables are directly defined in Optimisation tool and the 

range for each variable is specified. The initial values and bounds on manipulated 

variables are important for convergence and needed to be selected with care. 

[1] Main air compressor (MAC) discharge pressure, PMAC-out 

[2] Air flow rate to ASU, FAIRFEED 

[3] LPC top stage pressure, PLPC-top 

[4] Expander discharge pressure, PExp-out 

[5] Vapour fraction of air entering HPC (AIRTOHP), 𝜎AIRTOHP 

[6] Expander inlet stream (EXPANIN) temperature, TExp-in 

[7] The split fraction of liquid air stream, ωLIQAIR 

 
 

 

[8] The split fraction of expander flow, ωTOEXPAN 

 

 

 
[9] Liquid air stream degrees of sub-cooling, 𝜑

LIQAIR  

[10] The flow rate of HPC distillate stream (LINREF), FLINREF (HPC Design Spec.) 

The vapour fraction of the air fed to the HPC and the sub-cooling of the liquefied air 

stream in the MHEX are varied to maximise heat recovery between the product and 

feed streams. The expander outlet pressure and temperature are varied to optimise the 

amount of refrigeration generated in the turbo-expander. 

4.3.5 Optimisation results 

The optimisation in Aspen Plus uses a SQP (sequential quadratic programming) 

algorithm; the algorithm converges after 25 iterations in about 10 seconds, where 

simulations were run on a desktop computer with Intel Core i5-6500 CPU and 8.00 GB 

RAM. Results for the optimisation are as presented in Table 4.4–6. All of the 

constraints are satisfied (Table 4.5); none of the manipulated variables is at boundaries 

(Table 4.6). As can be seen in Table 4.4, the required product specifications are 

attained. A full stream summary of the simulation can be found in Appendix G. 

ωLIQAIR = 
  FLIQAIR

 FLIQAIR + FTOEXPAN + FAIRTOHP  
 

ωTOEXPAN =  
  FTOEXPAN

 FLIQAIR + FTOEXPAN + FAIRTOHP  
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Table 4.4 Optimisation results: product stream compositions and properties. 

 

Table 4.5 Initial and final values, calculated errors and status for the constraints in the 
optimisation problem. 

 

Table 4.6 Upper and lower bounds and the optimal values for manipulated variables 
and the final value of the objective function. 

 

The MAC power demand is 4426 kW; the specific power consumption of ASU is 

0.492 kWh per cubic meter of gaseous oxygen product. The GAN and GOX molar 

recovery are 78.1% and 94.9%, respectively. In this study, following the common 

terminology used in ASU calculations, the argon and oxygen recovery are defined as 

Product Unit LP GAN LP GOX 

Molar composition:    
xO2 % 1.345 99.00 
xN2 % 97.74 

. 
10

–16
 

xAr % 0.913 1.00 

Flow rate Nm
3
/h 35830 9000 

 tpd 1075 347 

Temperature ºC 28 28 
Pressure bar 1.0  1.302 
Recovery % 78.12  94.87 

 

Constraint Unit Initial 
value 

Final 
value 

Error 
 

 Status 

(4.3) kW 
b 

135 0.1 2.1x10
–6

 converged 
 (4.4) ºC 3.58 1.50 –2.0x10

–5
 active 

(4.5) bar 1.20 1.00 0.0 active 

(4.6) – 0.97 0.99 6.2x10
–6

 active 

(4.7) ºC 20.0 120.4 110.0 inactive 

(4.8) bar 2.00 1.51 0.0 active 

(4.9) ºC 6.43 1.32 1.2x10
–2

 inactive 

(4.10) ºC 9.56 3.00 –1.2x10
–3

 converged 

(4.11) ppm – 5.00 –1.4x10
–10

 converged 

 

Manipulated 
variables 

Unit Lower bound Upper bound Initial 
value 

Calculated 

PMAC-out bar 
b 

4.0 10.0 7.0 5.48 
FAIRFEED Nm

3
/h 40000 55000 45000 44830 

PLPC-top bar 1.2 5.0 1.3 1.30 

PExp-out 

 

bar 1.20 5.00 2.0 1.51 

𝜎
AIRTOHP

 – 0.9 1.0 0.98 1.00 

TExp-in ºC –180.0 50.0 –150 –53.67 

ωLIQAIR – 0.001 0.9999 0.26 0.2915 

ωTOEXPAN – 0.001 0.9999 0.06 0.0556 

𝜑
LIQAIR

 – 0.001 20.0 1.0 15.58 

FLINREF Nm
3
/h 100 100000 10000 13059 

Objective function 

WMAC kW n/a n/a 5280.6 4426.5 
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the ratio of product flow to the components flow in the inlet air to the ASU, whereas the 

nitrogen recovery is given as nitrogen product flow as a percentage of the air flow. 

In short, the results indicate that the methodology presented here on determining 

the optimum operating conditions of ASU has a good convergence performance and 

high calculation speed, even though there are complex coupled variables and 

constraints in NLP optimisation problem. This also highlights the convenience of using 

optimisation-based simulation when simulating air separation units. 

4.3.6 Qualitative validation of simulation results 

The early stages of this study were conducted in cooperation with an industrial 

research partner for less than a year. The simulation results were compared with the 

partner’s results through private communication. The industrial data, for which details 

cannot be provided here for reasons of confidentially, were based on proprietary 

models for physical property calculations. 

A fairly good agreement between the results is obtained, indicating that the selected 

property package (Peng–Robinson) and the developed process model are fairly 

suitable for representing the real systems. For example, the deviation of predicted 

WMAC (kW) from industrial data was less than 0.3%. The deviation for 

condenser/reboiler duty, on the other hand, was within 3.7%. The stream flow rates, 

temperatures and pressures were predicted with an average deviation of 1.9%, 1.1% 

and 2%, respectively. 

Relatively larger differences in the condenser duty and flow rates are most likely 

due to that the differences in the optimum operating conditions propagated larger 

differences in the simulation results. This was further verified by running our model 

using the optimum conditions provided by the industrial party as inputs; the 

optimisation was deactivated. In that case, the differences between the results were 

quite smaller compared to optimised-results obtained using Peng–Robinson. For 

instance, the stream temperatures and condenser duty were within 0.4% and 0.7%, 

respectively. Yet, in this case, the desired oxygen purity is not met (xGOX,O2 = 98.5%), 

as one would expect when the optimisation is not run to fulfil the product purity 

constraints. Overall, these findings suggest that the models (the developed process 

model and Peng–Robinson) provide results that are in reasonable agreement with 

industrial data. 

Industrial data is unfortunately not available for the process model including units 

for argon co-production. Therefore, we do not have the opportunity to validate the 

model beyond what is presented in Section 4.3.6. 
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4.3.7 PLOX cycle — steady-state simulation analysis  

Further simulations were carried to investigate the impact of design and operational 

variables that could be included in the optimisation. The purity of the HPC distillate 

(LINREF) was initially fixed to 5 ppm in order to provide an almost oxygen-free reflux to 

LPC to prevent oxygen loss via GAN stream. As shown in Figure 4.4, however, the 

purity of LINREF stream has a significant impact on the optimal operating conditions. 

The power used per unit of oxygen, which is a simple and reliable measure for 

quantification of energy requirements, is used for comparison. 

When lower oxygen content in LINREF stream is desired, the reflux ratio in HPC is 

higher and as a consequence of this less reflux is available for LPC. It is desirable to 

have a high LINREF flow with low oxygen content. These two apparently contradictory 

requirements imply that there is an optimum LINREF purity. Therefore, the reflux ratio 

of HPC should be optimised simultaneously together with the other manipulated 

variables. Therefore, the manipulated variable [10] is replaced by the HPC reflux ratio 

and LINREF purity constraint, Eq. (4.12), is removed from optimisation. 

[10] HPC reflux ratio, RRHPC 

 

Figure 4.4 Specific power consumption (kWh.Nm–3
 O2) and LINREF flow rate as a 

function of LINREF oxygen purity. 

Table 4.7 shows that the amount of liquid nitrogen reflux to the LPC increases by 

6%, reducing the MAC power demand by 3% when the HPC distillate purity is also 

optimised. As seen in Table 4.7, increasing the LINREF flow, i.e. the reflux to LPC, 
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increases the overall oxygen recovery from ASU—resulting in less MAC power for the 

same amount of GOX. This increase in oxygen recovery is a result of enhanced 

vapour–liquid traffic in LPC. Yet, this benefit is lost at higher O2 concentrations 

(xLINREF,O2 > 3000 ppm) due to increased oxygen loss through GAN product leaving the 

top of LPC. 

Table 4.7 Optimisation results when LINREF purity is also optimised. 

 

The number of stages in each column and the location of the main and the side 

feed stages are important decision variables. However, the built-in optimiser in Aspen 

Plus can only use continuous variables as decision variables. Therefore, the effect of 

these discrete variables on energy consumption is examined parametrically. 

Firstly, the impact of the location of LPC side-feeds, i.e. liquefied high-pressure air 

(LIQAIR), expanded air (EXPANOUT) and oxygen-enriched bottoms from HPC (CLOX-

HP), are studied. The composition of these streams suggests their location in the 

column. Minimising losses by matching the side-feed compositions with those of their 

feed stages can reduce energy demand (Smith, 2005).  

Streams CLOX-HP and LIQAIR are liquids. LIQAIR is liquefied air (21 mol% O2), 

whereas the CLOX-HP is O2-enriched air (~ 35 mol% O2). Therefore, LIQAIR must be 

introduced into the column above the CLOX-HP feed stage. EXPANOUT, on the other 

hand, is low-pressure air at its dew point and hence must be introduced below the 

LIQAIR feed stage as O2 is less volatile than N2. EXPANOUT and CLOX-HP streams 

have similar compositions; although their equilibrium compositions are not identical, 

they are often fed to the same stage in the LPC (Agrawal et al., 1993). This 

arrangement reduces the need for additional distributors and liquid collectors in the 

column. Following the literature, in this study EXPANOUT and CLOX-HP are sent to 

the same stage in the LPC: NEXPAN-OUT = NCLOX-HP. 

Figure 4.5 shows the response of specific power consumption to LPC side-feed 

location alterations. LINREF feed stage location, NLINREF, is varied from NLINREF = 10 to 

NLINREF < NEXPAN-OUT and the feed stages of EXPANOUT and CLOX-HP are varied from 

35 to 55 in steps of 5. 

Variable Unit xLINREF,O2  
not 

optimised 

xLINREF,O2 

optimised 
% 

Difference  

xLINREF,O2
a
 ppm 5 2996  

FLINREF Nm3/h 13059 13857 -6% 
WMAC  (kW) 4426.5 4306.3 3% 
𝛾GOX % 94.9 97.2 3% 

              a
xLINREF,O2: LINREF stream molar oxygen purity and 𝛾GOX: O2 recovery from the ASU.  
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Figure 4.5 Impact of LPC side-feed locations, NLIQAIR, NEXPAN-OUT and NCLOX-HP on the 
specific power consumption of PLOX ASU.  

The power consumption is relatively insensitive to the EXPANOUT and CLOX-HP 

feed stage locations when LIQAIR is fed to a stage above NLIQAIR = 20. Below this 

location, the power consumption increases especially when the number of stages 

between NLIQAIR and NEXPAN-OUT = NCLOX-HP is smaller. Figure 4.5 suggests that it is best 

to introduce the liquid air stream to the column between the 15th and 20th stages (i.e. 15 

< NLIQAIR < 20) and the EXPANOUT and CLOX-HP at a stage between 45th and 55th 

stages of the column (i.e. 45 < NEXPAN-OUT = NCLOX-HP < 55). Note that these locations 

apply to the case that LPC and HPC have 73 and 35 stages, respectively. 

Secondly, simulations were performed to study the effect of the number of stages in 

the LPC on the energy consumption. Figure 4.6 shows that minimum specific power 

consumption depends on the number of stages in the LPC. Since, as shown earlier, the 

feed stage locations can significantly affect the minimum power consumption, 

simulations are performed for six different values of NLIQAIR. In all simulations, it is 

assumed that NEXPAN-OUT and NCLOX-HP are 15 stages above the bottom stage. 

In ASUs, more stages in the columns lead to higher capital and higher operating 

costs: as the number of stages increases, the pressure drop in the column increases, 

and in turn the required MAC pressure increases. The increased pressure makes the 

separation more difficult due to reduced relative volatilities. On the other hand, having 

more stages in LPC increases the oxygen recovery (for fixed purity). The combined 

effects can be clearly seen in Figure 4.6. 
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Figure 4.6 Impact of liquefied air feed stage location and total number of stages in LPC 
of PLOX ASU on power consumption. 

Contrary to the single-column distillation arrangement, with a double-column, the 

minimum power demand decreased initially and then increased with the increase in the 

number of stages in the LPC. Above NTotal-LPC = 55 stages, no benefit is gained by 

increasing the number of stages, suggesting that the maximum number of stages that 

could be considered for the given process is 55. The reason for this trend is apparent in 

Table 4.8, the MAC discharge pressure increases approximately linearly—the more the 

number of stages in the column, the higher the column pressure drop, i.e. the required 

air feed pressure—while O2 recovery increases at a lower rate. Thus, an optimum 

NTotal-LPC exists at which the power demand is the lowest. 

Table 4.8 Oxygen recovery rate (𝛾GOX) and MAC discharge pressure (PMAC-out) with 

varying number of stages in LPC when NLIQAIR = 12 and NEXPAN-OUT and 
NCLOX-HP as used in Figure 4.6. 

 

Whether to use the maximum number of stages yielding the lowest operating cost, 

or fewer stages with higher power consumption depends on the scale of production 

and the dominant cost in the process. Complete cost analysis and an optimisation 

study are needed to determine the optimal decision variables. 
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Figure 4.7 shows the vapour composition and the liquid and vapour flows in the 

LPC. The oxygen purity at the bottom is fixed; hence the argon in the CLOX-HP 

entering to the column is pushed to the top of the column by the pure oxygen boil-up 

from the bottom. Conversely, the LINREF stream, which is almost free of argon, drives 

argon down in the column. Therefore, the argon concentration reaches a maximum in 

the vapour phase in the lower section of LPC Figure 4.7(a). There is a secondary argon 

peak in the middle section of the column, due to the introduction of the LIQAIR stream. 

When not recovered, argon is distributed between GOX and GAN product streams. 

 

Figure 4.7 LPC column profiles: (a) vapour composition; (b) total molar flow. 

When argon is recovered, a vapour side-stream that is withdrawn a few stages 

below the maximum Ar peak is further distilled in a thermally-coupled rectifier to obtain 

pure argon. The argon subsystem is added to the simulation flowsheet and to the 

optimisation problem as described in the next section. 

4.3.8 Argon production subsystem  

The process model is extended by adding the argon subsystem to the flowsheet. 

The detailed process flowsheet can be seen in Figure 2.4. The argon purification 

system consists of two distillation columns for removal of oxygen and nitrogen 

impurities in the argon-enriched vapour feed from LPC. The detailed description of the 

main features of the process is already given in Section 2.3. In this section, first the 

process and simulation flowsheet configuration are described and then the 

methodology for modelling, simulation and optimisation of the subsystem in Aspen Plus 

is explained in detail. Finally, issues relating to the convergence of the optimisation 

problem are discussed and the optimisation results are presented. 
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A. Process description  

As can be seen in Figure 2.4, an argon-enriched vapour stream from the lower 

section of LPC is first sent to a thermally-coupled rectifier, known as crude argon 

column (CAC). The condenser duty for the column is provided by vaporising the CLOX 

stream from the bottom of the HPC. CAC produces an oxygen-free distillate. The 

oxygen-rich liquid stream from the bottom of CAC is returned back to the LPC. The 

nitrogen impurities in the Ar product stream are removed in pure argon column (PARC). 

Liquid argon is produced at the bottom of the column with O2 and N2 impurities < 1 ppm. 

Next, the simulation flowsheet and the additional constraints and variables regarding 

argon subsystem are explained. 

B. Simulation flowsheet configuration  

Figure 4.8 shows the screenshot of Aspen Plus simulation flowsheet for the PLOX 

ASU co-producing argon. Two more distillation columns, CACCOLUMN and 

PARCOLMN, are added to process flowsheet. As done earlier for HPC condenser 

pressure, two more calculator blocks (CACCONP and PARCONP) are embedded in 

the model to calculate the CAC and PARC condenser pressures accordingly with the 

column feed pressures—which depend on an optimisation decision variable, MAC 

discharge pressure—using Eq. (4.1). 

A heat exchanger sub-cools the liquid nitrogen reflux (LINREF) against the cold 

nitrogen product (GAN) from LPC. When LINREF is sub-cooled, a smaller portion of it 

vaporises as it enters the LPC, hence providing more reflux to the column. This 

practice is favourable in ASUs as it helps to improve the purity and recovery of the 

products (Agrawal and Herron, 2000). Simulations showed that sub-cooling improves 

argon recovery from the plant so the heat exchanger SUBC is added to the process 

flowsheet. The minimum approach temperature for the sub-cooler is imposed as a 

constraint in the optimiser. 

CAC condenser/reboiler is modelled using an isobaric flash drum as reboiler. The 

heat transfer from the condenser to reboiler can be facilitated either by directly linking 

the energy stream from CAC condenser to the flash drum or by imposing an equality 

constraint on condenser and flash drum heat duties via the optimiser. For the latter 

method, the temperature (or the heat duty) of the reboiler drum must be manipulated to 

satisfy the equality constraint. Simulations showed that although both methods are 

equally suitable for modelling of condenser/reboiler, it was easier to attain flowsheet 

convergence when heat integration is implemented as a constraint. Therefore, it is 

decided to employ the second method. 

  



164  

 

  F
ig

u
re

 4
.8

 T
h

e
 s

c
re

e
n
s
h
o

t 
o
f 

A
s
p

e
n
 P

lu
s
 s

im
u

la
ti
o

n
 f

lo
w

s
h

e
e

t 
o
f 

p
u
m

p
e
d

-L
O

X
 o

x
y
g

e
n
 p

ro
d

u
c
ti
o

n
 c

y
c
le

 c
o

-p
ro

d
u

c
in

g
 a

rg
o
n

 v
ia

 d
is

ti
lla

ti
o
n

-a
lo

n
e

 
ro

u
te

. 



 

 

165 

 

In order to provide a suitable temperature driving force in the condenser/reboiler, 

the CLOX pressure, which is equal to HPC bottom pressure, is decreased before it 

enters the reboiler. Thus, a throttle valve is placed before the flash drum. The desired 

valve outlet pressure is found by the optimiser. Although the cooling and heating duties 

of PARC is provided by one of the process streams (i.e. CLOX-HP) in ASU, in order to 

not increase the complexity of the process flowsheet, the heat integration of PARC 

condenser and reboiler with CLOX-HP is not considered. Given the significantly low 

cooling and heating requirements of PARC it can be said that this simplification does 

not affect the simulation results. 

C. Models and unit specifications 

Unit and stream specifications and the models used in simulations are summarised 

in Tables 4.9–10. The specifications for the rest of the equipment and streams are as 

given in Table 4.3. 

Table 4.9 Unit and stream specifications for modelling of argon subsystem. 

 

Parameter Value 

Equipment specifications  

Sub-cooler (SUBC)  

Pressure drop across the heat exchanger  0.1 bar 

Warm-end ΔT in the heat exchanger:  3 °C 

ΔT of the cold stream (GAN-LP) 8.2 
  
Splitter (CLOXSPLT)  

Split fraction of CLOX to COND-REB 0.76  
  
Reboiler pressure valve (CLOXVLV)  

Condenser/reboiler operating pressure 1.66 
  
CAC condenser/reboiler (COND-REB)  

Pressure change in the flash drum 0 bar 

Flash drum (i.e. reboiler) temperature –185.48 

Minimum temperature approach  1.5 °C 
  
Crude argon column (CACOLUMN)  

Number of stages 150 

Pressure drop per stage 0.0007285 bar 

Reflux ratio  33 

Condenser pressure (CACCONDP) 1.25 bar 

Condenser/reboiler temperature approach 1.5 °C 
  
Pure argon column (PARCOLMN)  

Number of stages 50 

Pressure drop per stage 0.009 bar 

Feed-stage 25 

Condenser pressure (PARCONDP) 1.20 bar 

Reflux ratio  90 

Boil-up ratio 0.4 
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Table 4.10 Argon subsystem; the equipment and unit operation models  

 

D. Optimisation — ASU flowsheet with argon production 

The optimisation tool in Aspen Plus is used to solve the same optimisation problem 

presented in Section 4.3.4 with the same objective function, this time including the 

constraints and manipulated variables presented in the following subsection. The 

optimisation problem consists of a total of 15 manipulated variables which are subject 

to 8 equality and 7 inequality constraints.  

D.1 Constraints and manipulated variables 

Five additional constraints regarding the units in the argon subsystem are added to 

the optimisation problem. The problem also involves the decision variables and 

constraints presented in Section 4.3.4(A–B), unless otherwise indicated. 

 

Five manipulated variables are added to the optimisation: 

[11] The temperature change of cold stream (GAN-LP) in sub-cooler, ∆TGAN-LPC 

[12] The split fraction of CLOX in splitter, CLOXSPL, ωCLOX-CAC 

    (ωCLOX-CAC = FCLOX-CAC / FCLOX-HP) 

[13] The pressure of the CAC condenser/reboiler (REB-COND), PCAC-Reb 

Block ID Aspen Plus Model Purpose / Specs / Mode 

SUBCOOL MHeatX Subcools LINREF and CLOX-HP stream. 
Countercurrent mode. 

COND-REB Flash2 Crude argon column condenser reboiler. Flash 
drum, isobaric operation. 

CACOLUMN 
 

RadFrac Refluxed absorber with the partial condenser. 
Equilibrium stages mode. 

CLOXSPLT FSplit Splits the CLOX used in CAC condenser from 
CLOX-HP stream. 

CLOXVLV Valve3 Adjusts the CLOX reboiler pressure. 

CLOXMIX Mixer Mixes the vapour and liquid CLOX streams  
before entering the LPC. 

PARCOLUMN 
 

RadFrac Column with Kettle reboiler and total condenser. 
Equilibrium stages mode. 

PARCONP 
CACCONP 

Calculator Calculator blocks. Calculates the CAC and PARC 
condenser pressure. 

 

TCAC-Cond = TCAC-Reb + 1.5 ˚C (4.13) 

QCAC-Cond − QCAC-Reb = 0 kW (4.14) 

∆TSUBCOOL

 cold-side = 3 ˚C (4.15) 

PVCLOX ≥ PLPC-top + ∆PStage ×  (NVCLOX − 1) (4.16) 

xPAR,O2
 ≤ 1 ppm         (4.17) 

xLAR,N2
 ≤ 1 ppm         (4.18) 

xGOX,O2
 ≥ 0.995 (4.19) 

 



 

 

167 

 

[14] The temperature of the CAC condenser/reboiler (REB-COND), TCAC-Reb 

[15] Crude argon column reflux ratio, RRCAC (in CAC using Design Spec) 

[16] Pure argon column distillate rate and boil-up ratio RRPARC and BOILPARC (in 

PARC using Design Spec, after optimisation terminates) 

QCAC-Cond is the CAC condenser duty; QCAC-Reb is heat gained by CLOX-HP in the 

CAC condenser/reboiler. TCAC-Reb and TCAC-Reb are the condenser/reboiler temperatures. 

∆TSUBCOOL

 cold-side
 is the cold-side approach temperature in the sub-cooler. xPAR,O2 is the CAC 

distillate stream (PAR) oxygen mole fraction whereas xLAR,N2 is the liquid argon (LAR) 

stream nitrogen mole fraction. PVCLOX is the pressure of vaporised CLOX stream and 

NVCLOX is its feed stage to LPC. FCLOX-CAC is the flow rate of crude liquid oxygen stream 

used to condense pure argon in the condenser/reboiler at the top of the CAC. 

The minimum temperature approach constraint for the sub-cooler Eq. (4.15) is 

introduced as a cold-side temperature approach as the pinch is at the cold-end of the 

multi-stream heat exchanger. Constraint Eq. (4.16) assures that the pressure of the 

vaporised CLOX-HP stream is greater than or equal to the pressure of its LPC feed 

stage. Eqs. (4.13–14) are CAC condenser/reboiler thermal-coupling constraints. 

Decision variables 12–14, i.e. the quantity of vaporised CLOX and the temperature and 

pressure of the reboiler drum are the decision variables to identify the best thermal-

coupling design while satisfying temperature constraints for heat transfer. 

The GOX flow rate is specified as the liquid bottoms rate of LPC as done in Section 

4.3.4 whereas GAN and argon (PAR and LAR) product flow rates are dependent 

variables estimated by the optimiser. 

Constraint Eq. (4.17) imposes the targeted oxygen content argon product. The 

convergence of this equality constraint is achieved by using the Design Spec tool in 

CAC. The CAC reflux ratio, RRCAC is varied to satisfy the purity constraint. Similarly, the 

PARC operating conditions satisfying purity constraint Eq. (4.18) are calculated using 

the Design Spec tool in PARC RadFrac model. 

Argon is the main impurity in oxygen product; hence the required oxygen purity 

designates the maximum theoretical argon recovery from the plant. For example, if the 

99 mol% GOX is produced; the maximum argon recovery rate is about 78% (assuming 

an overall GOX recovery of 97%). For this reason, to obtain a high argon recovery, the 

oxygen and nitrogen product purities must be high. Especially the oxygen purity should 

be above 99.5 mol% in order to economically justify argon co-production from ASU, as 

argon tends to accumulate in the oxygen product stream (Castle, 2002). Thus, the 

target GOX purity for the ASU co-producing argon is increased to 99.5% from 99%. 

That is, the purity constraint given in Eq. (4.7) is replaced with constraint Eq. (4.19). 
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As earlier mentioned in Section 2.3, argon subsystem adds tremendously to the 

complexity of the modelling, simulation and optimisation of ASU. Therefore, a strategy 

that overcomes the convergence problems that arise from this complexity is required. 

Although the heat-coupling design of ASU has been shown to present challenges in 

terms of convergence (Fu et al., 2015), the simulations (and optimisation) conducted 

with the ASU model presented in Section 4.3.2 demonstrated excellent convergence 

performance; convergence is achieved during all the simulation performed in the 

results presented in 4.3.7 even though the bounds on the manipulated variables are 

not tight and initial guesses are far from the optimal point. However, the convergence 

of the ASU model with argon production while ensuring the thermal coupling and high-

purity constraint (for argon product) satisfaction is difficult to obtain. Particularly, the 

side-rectifier design of CAC (i.e. recycle streams and interconnected columns) and 

thermal coupling between the CAC condenser and the main feed stream to LPC (i.e. 

CLOX-HP) result in a narrow feasible operating region. When attempted to solve the 

optimisation problem with such a large number of interdependent operating conditions 

and tight constraints using Aspen Plus—which uses a sequential modular solution 

approach, i.e. converging the simulation by tearing and iterating the recycle streams—it 

is found that the simulations often fails to converge. Simulations should be started from 

near-optimal initial points, which requires expertise on process. 

Moreover, to represent industrial settings, it is necessary to achieve a reasonable 

argon recovery from ASU (< 70%). Apart from the argon loss via GOX product, there 

are a couple of factors that limit the possible argon recovery from the ASU 

configuration studied here. A good understanding of argon subsystem is required to 

enable the identification of optimum operating conditions while attaining highest argon 

recovery. Besides, some of these factors, which are decision variables in the 

optimisation problem, are the primary reasons behind the issues surrounding the 

convergence of the simulation and optimisation. Therefore, in the following three sub-

sections the influence of these parameters on argon production is discussed in detail to 

help the reader to realise factors leading to convergence difficulties as well as to gain 

an understanding of factors determining argon recovery from the ASU. 

E. Factors affecting the argon recovery from the ASU 

Argon recovery rate depends on many factors; such as no of stages in the columns, 

the product slate (flows, compositions, phase and pressure of oxygen and nitrogen 

products), and most importantly the boil-up and reflux, i.e. L/V rates available in the 

sections of the LPC. 
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First of all, argon recovery from the ASU depends on the flow rate and the argon 

content of the CAC column feed. Intuitively, the higher the flow rate and argon content 

of this stream, the higher the attainable argon recovery. However, there are a couple of 

factors that limit the amount of vapour that can be fed to CAC and the argon 

concentration in the CAC feed, which can be understood by studying the sections of 

the thermally-coupled LPC. There are two main sections in LPC accomplishing 

different separation tasks. The top section is the nitrogen removal section (above the 

40th stage in Figure 4.7) which receives LIQAIR, EXPANOUT and CLOX-HP streams 

as feeds and separates the nitrogen from these feeds. The second section, argon 

stripping section, strips the argon from the liquid stream—which is almost a binary 

oxygen–argon mixture—leaving the bottom of nitrogen removal section (below the 40th 

stage in Figure 4.7) to achieve the desired GOX purity at the bottom. Around the 

connection point of these two sections, the boil-up in the LPC is split into two parts, one 

entering the CAC for argon distillation and the other continuing upwards to nitrogen 

removal section. 

The amount of vapour that can be taken off from the column is primarily limited by 

the following factors: First, there is a minimum amount of boil-up required in the 

nitrogen removal section—which corresponds to minimum reboil requirement that will 

allow vapour flowing upwards to reach the CLOX-HP and EXPANOUT feed points 

without pinching. Second, the more vapour is taken off for argon rectification, the more 

the CLOX-HP required for condensation in the condenser/reboiler at the top of the CAC, 

but there is a certain amount of CLOX-HP available in the ASU. 

     Another issue that limits the argon recovery is that, when the flow of vapour to CAC 

increased, the argon composition of CAC feed decreases (due to reduced internal 

flows and increased argon recovery from the plant). Therefore, keeping the argon 

purity constant, reflux ratio (or liquid to vapour ratio, L/V) has to be increased to reach 

the desired purity. This, in turn, leads to smaller argon product flow or increased vapour 

flow to the CAC. These two contradictory requirements limit the argon recovery from 

the ASU as well. 

Moreover, the requirement for increased vapour flow and reflux ratio in CAC results 

in higher condenser duty at the top of CAC, and hence almost all of the CLOX-HP feed 

from the bottom of HPC is vaporised in CAC condenser/reboiler. However, in this case, 

the CLOX-HP feed to nitrogen removal section must be introduced from a lower 

equilibrium stage in the column, and thus reflux available above this location might not 

be sufficient enough to distill oxygen and argon from the vapour in nitrogen removal 

section. This can be easily explained with the help of McCabe–Thiele analysis of the 

column (see Figure 4.9). The fully-vaporised CLOX-HP feed point is located lower on 
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the equilibrium curve, and therefore increased reflux is required for the same degree of 

argon and oxygen rectification in the nitrogen removal section. In addition, the 

expander and liquid air flow, as they reduce the amount of boil-up available in LPC, 

have a negative impact on argon recovery in the column. 

Another factor limiting the argon recovery from the ASU is that argon feed cannot 

be taken where its composition is the highest in the LPC. It should be taken from a 

couple of stages below maximum argon concentration in the rising vapour where 

nitrogen composition is < 1–100 ppm N2. This is mainly because if the nitrogen content 

in CAC feed is higher than a certain value, it causes CAC condenser to malfunction. 

This is explained in detail in Section 2.3.3. All N2 in the CAC feed, nitrogen being more 

volatile than argon, leaves the column in overhead argon product. For example, 

assuming an L/V ratio of 0.97 in the CAC, if 100 ppm N2 is present in the feed, the 

argon at the top of the CAC contains 3333 ppm N2 (100 x (1–L/V)). 

Based on above characteristics, it can be said that the operation of CAC (i.e. the 

reflux ratio), for fixed no of stages, is highly sensitive to CAC feed flow rate and feed 

composition (i.e. the stage where CAC feed is taken off). This, together with the high 

purity requirement for argon product (< 1 ppm O2) and temperature difference 

constraints due to thermal coupling in CAC condenser/reboiler result in a very narrow 

feasible operating region for CAC. 

Moreover, the flow rates (where possible) of LPC feed and product streams and 

their respective feed stages to the column should be adjusted in order to attain highest 

possible argon recovery from the ASU while ensuring minimum power consumption. 

Nevertheless, due to the limitations explained above, some argon will be lost in other 

product streams. Optimal stage locations and the vapour and liquid rates in the 

sections of the column that ensures highest argon recovery without upsetting the 

column operation (pinching out) should be found. As was pointed out in this section, 

the argon recovery highly depends on the CAC feed composition, i.e. the column 

profile in LPC; the next sub-section discusses the factors affecting the argon profile in 

LPC in detail. 

F. Factors affecting the argon profile in the column  

First of all, the argon profile depends on the quantity and the composition of the 

side-feeds to the LPC. Two of these streams are LIQAIR and EXPANAIR, the 

compositions of which are fixed but the quantities are determined by the optimum 

operating conditions (i.e. SQP optimiser). The other two streams are LINREF and 

CLOX-HP (vaporised and liquid part). Sensitivity analysis showed that the 
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compositions and quantity of these two streams and the feed location of CLOX-HP 

stream significantly impact the argon profile in LPC. 

LIQAIR, EXPANOUT and CLOX-HP (liquid and vapour phase) streams are all 

introduced to nitrogen removal section. Their respective feed stages can be seen in the 

pseudo-McCabe–Thiele diagram in Figure 4.9. In order to match the stream 

compositions with one of the trays, LINREF must be fed to an upper location, whereas 

the EXPANOUT and the liquid part of CLOX-HP stream, which have matching 

equilibrium compositions, are fed to a lower location in the column. Vaporised CLOX-

HP, on the other hand, is fed to a couple of stages below liquid CLOX-HP feed. The 

CAC feed is drawn from a lower-intermediate location and the bottoms liquid from CAC 

is returned to LPC at the same stage as the CAC feed stream is taken off (not shown in 

Figure 4.9). 

 

Figure 4.9 Pseudo McCabe–Thiele plot for O2/N2 in the low-pressure column. 

McCabe–Thiele analysis, as shown in Figure 4.9, provides useful insights on the 

location of LPC side-feeds relative to each other. As it is aimed to achieve a high argon 

recovery, it is important to ensure that side-feed streams are introduced to the column 

at or near their optimal feed stages. The optimal feed stages can only be found using 

parametric optimisation because Aspen Plus optimiser can only handle continuous 

variables. However, determination of optimal locations through parametric optimisation 

is not straightforward. The column profile and consequently separation in crude argon 
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column is highly dependent on the LPC side-feed locations and hence making it 

necessary to provide good initial guesses for each simulation run to attain convergence. 

However, near-optimal initial estimates may vary greatly from one configuration to 

other (i.e. combination of all side-feeds and CAC feed withdrawal stage, NCACF-LPC). 

Secondly, the purity of LINREF stream has, as is the case for oxygen recovery 

(Section 4.3.7), a significant impact on the argon recovery from ASU. The separation in 

the LPC is limited not only by the quantity but also the quality of the liquid reflux 

(LINREF) supplied from the LPC. The higher its argon content, the more argon is lost in 

nitrogen product; therefore LINREF with high flow rate and low argon content is 

desirable. Yet, this is not possible as increasing the distillate rate of HPC results in 

increased argon content and vice versa. Together these effects imply that there is an 

optimum LINREF stream purity and flow rate that maximises the argon recovery. 

Figure 4.10 shows the sensitivity of argon profile in the column to LINREF stream 

argon content. 

 

Figure 4.10 Impact of LINREF stream argon composition on LPC argon profile in the 
vapour phase. 

The smaller the argon content of the LINREF, the higher the peak argon 

composition at the lower section of the LPC. Note that the other side-feed flows and 

compositions are kept constant in the simulation used in Figure 4.10. In reality, as the 

argon content of LINREF is reduced, since the reflux ratio in HPC changes, the 

operating conditions of the columns and the flow rates of side-feeds to the LPC 

changes accordingly. Still, the results presented in Figure 4.10 help to identify the 
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bounds in the search for the optimum LINREF purity. LINREF purity is not included as 

a decision variable and its optimum value is identified through parametric sensitivity 

analysis together with the LPC side-feed stage locations. Detailed justification of this 

choice is made in Section 4.3.8H. 

CLOX-HP stream is the main feed to nitrogen removal section of the column. 

Sensitivity analysis has shown that argon profile in the column is highly sensitive to the 

location of CLOX-HP feed stage. For simplification, the vaporised and non-vaporised 

CLOX-HP streams are introduced to column from the same location. Normally, the 

liquid CLOX-HP should be introduced to a stage higher in the column. However, the 

simulations showed that it does not have a significant effect on the column profile, as 

its flow rate is quite small compared to other feeds. Increasing no of stages in the 

column (LPC) also has two contradictory effects on the separation, adding more stages 

enhances argon stripping yet, it also increases the operating pressure of the column, 

and hence reduces the relative volatility, thus making the separation more difficult and 

energy intensive. 

Next, the separation in CAC is studied with the help of McCabe–Thiele diagram in 

order to identify the bounds for the required reflux ratio. The impact of increasing the 

feed flowrate—with the intention of increasing argon recovery from ASU—on the 

separation in CAC and heat-coupling at the CAC condenser are also discussed before 

moving on to the convergence issues encountered during the simulations and 

optimisation. 

G. Design of crude argon column (Vapour–liquid equilibrium in Crude Argon 

Column based on McCabe–Thiele diagram) 

McCabe–Thiele plot for crude argon column is presented in Figure 4.11. The 

equilibrium is calculated at constant pressure (1.3 bar) using the Peng–Robinson 

model for a binary mixture of oxygen–argon. The reasons why the separation by 

distillation is difficult and requires a large number of stages can be understood from the 

shape of the VLE. First, the relative volatility is low as indicated by the closeness of the 

equilibrium curve to the diagonal line. Second, at xAr > 0.8, the equilibrium line 

approaches to x = y, i.e. the relative volatility at the top of the column is quite close to 1. 

Figure 4.11 demonstrates that, for instance, for CAC feed containing 10 mol% 

argon, the column has to be operated at least with a liquid to vapour ratio (L/V) about 

0.97 (RRCAC ≅ 32) to obtain argon with 1 ppm O2. Figure 4.12 shows a detailed view of 

the top right-end of Figure 4.11. At the top section of the column, relative volatility is 

around 1.1, thus, together with high purity requirement for argon (< 1 ppm O2) a clear 

majority of the stages in the column is used for the trace oxygen removal at the top 
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section. For instance, 20 theoretical stages are required to reduce oxygen content from 

10 ppm to 1 ppm. The increase in the required no of stages with decreasing oxygen 

content of argon can be better seen in Figure 4.13. Bulk separation of argon can be 

achieved with ~ 40 stages, but more than 100 stages (about 75%) are required to 

reduce the O2 from 1 mol% to 1 ppm at the top. 

 

Figure 4.11 McCabe–Thiele plot for crude argon column when L/V = 0.975. 

 

Figure 4.12 Expanded view of the top section of McCabe–Thiele plot for CAC 
(assuming the relative volatility is 1.15). 
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Figure 4.13 Changes in the vapour oxygen composition in CAC through the top of the 
column (assuming the relative volatility at the top and bottom section of 
the column is, respectively 1.1 and 1.35). 

It is also clear from Figure 4.11–12 that, the tight equilibrium in the CAC does not 

permit large variations in the L/V ratio (~ 0.97 < L/V < 1). Moreover, as the L/V is 

around 1 (i.e. full reflux), the number of theoretical stages required hardly decreases 

with increasing L/V. For instance, the required no of theoretical stages reduces only by 

1 at the section of the column shown in Figure 4.11–12, when L/V is increased to 0.985 

(RRCAC = 62) from 0.975 (RRCAC = 39). 

 Besides that, as the L/V in the column increases, the condensing requirement of the 

column and hence the amount of CLOX-HP that must be evaporated increases. Here, 

the vapour flow minus liquid flow (i.e., V–L) equals to the amount of argon product. If 

argon recovery from the ASU is to be 70%, the ratio of CAC column feed rate to air 

feed to ASU can be calculated from the material balance as follows; 0.0093 x 70% / 

0.025 ≅ 26% (in other words, a crude argon column feed flow (V) equivalent to 26% of 

air feed to ASU would be needed). However, if the L/V is increased to 0.985, V 

amounts to ~ 43% of air feed to ASU. Although it depends on the ASU configuration, 

rarely the condensing duty available in CLOX-HP stream is enough to satisfy the 

cooling demand for a CAC feed flow more than 30% of air feed equivalent. This 

practical constraint limits the L/V ratio in CAC to a maximum of about < 0.98 or less 

depending on the plant configuration. Moreover, the amount of nitrogen accumulated in 

column overhead depends on the L/V in CAC, as explained earlier in Section 4.3.8E. 

The higher the L/V ratio in the column, the more N2 will be present in the argon product. 
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Apart from showing the high dependency of argon recovery on several decision 

variables in the optimisation problem, the above discussions help to understand why 

finding a solution that meets industrial high purity specifications while ensuring feasible 

and energy optimum operation is challenging. In short, the simulation of ASU co-

producing argon in Aspen Plus while using the optimisation tool to satisfy the practical 

constraints is a quite difficult task and necessities expertise in process operating 

conditions. The following section discusses the problems encountered during the 

simulations before presenting the optimal results that yielded the highest argon 

recovery. 

H. Challenges in simulation convergence 

Initially, the optimisation problem including all variables in the process (described in 

Section 4.3.8(D–1)) except the argon column feed flow rate, are included in the 

optimiser. However, when the high purity argon specification is enforced together with 

the thermal coupling constraint in CAC condenser/reboiler, SQP is hardly converged. 

The factors leading to the failure of convergence can be explained intuitively as follows: 

Since the flow rates of the LPC side-feed streams (as the air flow to ASU and split 

fraction of AIRDIV are manipulated variables) varied by the optimiser; the column 

profile, hence the argon column feed composition, changes in each iteration in the 

search for the optimum operating conditions. As explained earlier, CAC operation is 

highly sensitive to composition (especially to N2 and Ar content) of CAC feed stream. 

For example, when this stream has high nitrogen content, the CAC condenser/reboiler 

constraint is violated and the purity requirement cannot be met even the column 

operates at full reflux. In other words, the feasible region (for reflux ratio) for the 

operation of the column is quite narrow. As a result, the SQP algorithm does not 

converge even the maximum number of iterations performed unless there is a feasible 

operating zone for given process structure and CAC feed flow rate under changing 

operating conditions. 

The reason why the argon feed flow is not selected as the manipulated variable can 

also be understood in analogy with the discussions in the above paragraph. As the 

CAC feed flow rate increases, boil-up provided to nitrogen removal section reduces 

and consequently the amount of nitrogen in the CAC feed increases (see Section 

4.3.8D) to a point that CAC condenser/reboiler temperature difference constraint 

cannot be met (i.e. infeasible operating region) due to excessive amount of nitrogen in 

argon product. The simulations showed that when the CAC feed flow rate increased, 

NCACF-LPC must be moved to a stage lower in the column to ensure the nitrogen content 

is low enough. As explain such structural modifications cannot be made during the 

simulations, therefore the only way to investigate the impact of the CAC feed flow rate 
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on argon recovery, as well as the power consumption of ASU, is conducting parametric 

runs with optimiser. However, providing good initial estimates to avoid lack of 

convergence is not a trivial task—particularly when the LPC side-feed locations are 

varied to maximise the argon recovery from ASU as explain in detail earlier. 

A simulation and optimisation methodology that tackles such convergence 

problems has been proposed. Initially, the optimisation is performed while Ar purity 

constraint is deactivated, i.e. the CAC reflux ratio is fixed to facilitate flowsheet 

convergence. Using the CAC feed results (i.e. composition) at optimal operating 

conditions calculated by optimiser, a separate simulation is performed using a RadFrac 

model with the same specifications as CAC in ASU to determine the reflux ratio 

required to achieve the desired argon purity (O2 < 1 ppm). Note that this model is also 

placed to the Aspen Plus flowsheet but not connected to any units or streams in ASU; 

the purity specification is achieved with the help of Design Spec tool. After that, the 

reflux ratio of CAC is updated using the calculated value and the optimisation problem 

is run again. This is repeated until Ar purity is near the targeted value. Then, the 

optimisation problem this time with argon purity specification activated is run. This 

allows convergence of the optimisation algorithm and convergence of the CAC to the 

operationally optimal point while satisfying all constraints. The success of this iterative 

approach is primarily due to successively better initial guesses provided for the 

decision variables. Unfortunately it is not possible to automate the procedure of 

updating initial points to facilitate convergence; however, the methodology presented 

here provided a quick, robust simulation-based analysis and design, and operational 

optimisation of ASUs. 

This is quite anticipated because the simulation flowsheet is highly complex. For 

example, there are no tear streams in oxygen producing PLOX cycle simulation 

flowsheet, whereas in argon co-producing cycle, there are three torn streams: GAN-LP 

(GAN leaving LPC top), ARREB (heat stream) and ARREC (argon column recycle). 

ARREB stream is later eliminated by imposing the heat transfer between the reboiler 

and condenser via optimisation as explained in Section 4.3.8B to reduce the complexity 

of the flowsheet computations. Aspen Simulation Engine automatically creates tear 

convergence block and iteratively solves the tears using the SQP algorithm 

simultaneously with the optimisation problem. The tear stream tolerance is set to 10–5. 

Initial guesses for tear streams (i.e. composition, temperature, pressures) are supplied 

to help tear convergence. 

It is also observed that increasing the number of flowsheet evaluations above the 

Aspen Plus default value can promote the convergence efficiency of the optimisation. 

Therefore, the number of maximum flowsheet evaluations for SQP is increased from 30 
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to 200. Also, the number iterations for LPC and CAC convergence are increased from 

25 to maximum, 200 to facilitate the convergence of the design specifications. 

Later using this optimisation methodology, the impact of discrete variables and 

operating variables which are not included in the optimisation are investigated 

parametrically. First, optimisation runs are performed to investigate LINREF stream 

purity on argon recovery from the ASU. Simulation results suggested that LINREF 

purity should be kept around 30 ppm O2. To do that, LINREF purity constraint is 

formulated as Eq. (4.20) instead of Eq. (4.12). As before, the target purity is achieved 

by varying the LINREF flow rate using the Design Spec tool in HPC. 

 (4.20) 

Following this, the impact of CAC flow rate, CAC feed side-draw stage and LPC 

side-feed stages on argon recovery and objective function are investigated 

parametrically. Several near-optimal solutions are found. The optimal structure and 

optimal results yielding the highest argon recovery and lowest power consumption are 

presented in the following section. It is also found that the design with the highest 

argon recovery also resulted in the lowest power consumption. It is important to 

mention that the PARC column optimal operating points are determined after the 

termination of the optimisation as the objective function is not affected by the PARC 

operating conditions. 

In summary, the simulations showed that SQP has difficulties in dealing with 

constraints Eqs. (4.13), (4.14) and (4.17) and the convergence heavily relies on initial 

estimates. Insights gained from the analysis in Section 4.3.8(E–G) helped to identify 

the bounds for key manipulated variables and understand the process response with 

the manipulated variables. Based on these insights, an effective approach that 

promotes flowsheet convergence is proposed. Next, the optimum structure and 

operating conditions for argon production that are determined using this methodology 

are presented. 

I. Optimisation results  

Optimisation results are as presented in Tables 4.11–13. All of the constraints are 

satisfied (Figure 4.12); manipulated variables are not at the boundary (Figure 4.13). As 

can be seen in Table 4.11, the required product specifications are attained. Both 

condenser/reboilers are fully coupled, ensuring maximum heat recovery. The optimum 

feed stages are found as NLIQAIR = 6, NCLOX = NEXP =18, NVCLOX = 21 and NCACF-LPC = 38 

whereas optimum CAC feed flow rate is found as 10590 scmh. Stream results can be 

found in stream tables presented in Appendix G. 

xLINREF,O2
 ≤ 30 ppm 
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Table 4.11 Optimisation results: product stream compositions and properties. 

 

Table 4.12 Initial and final values, calculated errors and status for the constraints in the 
optimisation problem.  

 

Table 4.13 Optimisation results for PLOX cycle co-producing argon; manipulated 
variables and objective function. 

 

Product Unit LP GOX LP GAN PAR LAR 

Molar composition:      

xO2 % 99.5 1.1 < 1 ppm < 1 ppm 
xN2 % 0.0 98.7 0.08 < 1 ppm 
xAr % 0.5 0.02 

 

99.92 99.99 

Flow rate Nm
3
/hr 9000 35284 

 

311 306.6 
  

 

    
Temperature ºC 28 28 –183.9 –183.1 
Pressure bar 1.3 1.0 1.24 1.27 
Recovery % 96.3 99.96 75 74 

 

Constraint Unit Initial 

value 

Final 

value 

Error 

 

Status 

(4.4) kW 

b 

0.1 0.1 3.0 x10
–6

 converged 

 
(4.5) ºC 1.50 1.50 –2.0 x10

–5
 converged 

(4.6) bar 1.20 1.00 0.0 active 

(4.8) ºC 105 105.2 95.2 inactive 

(4.9) bar 1.326 1.325 0.0 active 

(4.10) ºC 1.301 1.3 7 x10
–4

 active 

(4.11) ºC 2.99 3.00 –1.2 x10
–4

 converged 

(4.13) ºC 1.50 1.50 –9.07 x10
–4

 converged 

(4.14) kW 

 

0.1 0.1 –1.8 x10
–4

 converged 

(4.15) ºC 3.34 3.00 1.2 x10
–4

 active 

(4.16) bar 1.329 1.329 0.0 converged 

(4.17) ppm – 1 –2.7x10
–16

 converged 

(4.19) – 0.9949 0.9949 6.2 x10
–6

 active 

(4.20) ppm – 30 –2.7x10
–13

 converged 

 

Manipulated 
variables 

Unit Lower bound Upper bound Initial 
value 

Calculated 

PMAC-out bar 
b 

4.0 9.0 5.49  5.49 
FAIRFEED Nm

3
/h 40000 60000 44671 44596 

PLPC-top bar 1.2 5.0 1.3 1.325 

PExp-out 

 

bar 1.20 5.00 1.32  1.3256 

σAIRTOHP – 0.9 1.0 0.98 0.9996 

TExp-in ºC –180.0 –50.0 –73 –68.88 

ωLIQAIR – 0.15 0.3 0.27 0.282 

ωTOEXPAN – 0.001 0.1 0.081 0.076 

φLIQAIR ºC 0.001 100 10 7.39 

∆TGAN-LP ºC 1 15 8.21 8.26 

ωCLOX-CAC  0.7 0.99 0.762 0.777 

PCAC-Reb bar 1.1 2.3 1.66 1.329 

TCAC-Reb ºC –187 –184.5 –185.5 –185.42 

RRCAC  1 36 33 34.5 

FLINREF Nm
3
/h 100 50000 11704 11724 

Objective function 

WMAC kW n/a n/a 4417 4409.97 
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The MAC power demand is found as 4410 kW and the specific power consumption 

of ASU is found as 0.49 kWh per cubic meter of gaseous oxygen product. The argon 

recovery from the plant is 75%. Note that with the initial points provided in Table 4.13 

(the second row from right to left), the thermal coupling constraints and purity 

specifications are not met, although the required power demand is quite close to 

optimised process. 

When the specific energy consumption of the argon co-producing ASU is compared 

to that of pumped-LOX cycle (Section  4.3.1), it can be seen that less—or slightly 

higher for the case LINREF purity is also optimised (Section 4.3.7)—power is required 

to produce the same quantity but of a higher purity GOX (99.5% compared to 99%) and 

a considerable quantity of high purity argon—which is more expensive than oxygen 

and nitrogen gases. Obviously, the added distillation capacity (i.e. the CAC) to the 

process is the reason for such reduction in specific power consumption when ASU co-

produces argon. With the help of CAC, argon that would normally leave ASU in GOX is 

removed as high purity product (LAR). LPC of argon co-producing ASU requires a 

smaller boil-up to attain the GOX purity. Consequently, the GOX recovery increases 

(see Tables 4.11 and 4.6) and specific energy consumption decreases. 

Together, these results suggest that if high purity GOX is required (< 99.5%), argon 

co-production is quite beneficial for reducing the operating costs of ASU. The cost 

savings associated with the decreased power demand and the revenue of extra argon 

product can possibly offset the additional capital cost of argon recovery equipment. 

However, if required oxygen purity is low (i.e. 95% or less), investment is only worth if 

the cost of argon product outweighs the additional investment and power cost as also 

pointed out by (McGuinness and Kleinberg, 1998). 

Although simulations are aimed at obtaining argon recovery as high as possible, it 

can be seen that the argon recovery is lower than the theoretical maximum (89%). 

However, the argon recovery as discussed in detail earlier depends on many factors, 

some of which are not investigated in this study (e.g. ASU cycle configuration, number 

of stages in the columns). Such an investigation is out of the scope. 

4.4 Summary 

In this chapter, the methodology for modelling, simulation and operational 

optimisation of the benchmark process flowsheet is presented in detail. Benchmark 

process model is developed using the steady-state process models available in Aspen 

Plus process simulator. First, an ASU producing gaseous oxygen and nitrogen is 

modelled and then the flowsheet is modified to account for argon co-production from 

air. Simulations are performed at conditions similar to the industrial scale. 
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Based on the results of a comprehensive assessment of the accuracy of four 

different equations of state models for VLE calculations, it was decided to employ the 

Peng–Robinson property package for thermophysical property calculations in all 

simulations conducted during this study. A detailed analysis on the selection of a model 

for an accurate description of VLE behaviour of mixtures of air components is 

presented in Appendix E. 

Constrained optimisation using the built-in optimisation tool in Aspen Plus has been 

performed to maximize the heat integration and minimise the power demand of the 

process for given product specifications while satisfying equipment and operational 

constraints. The simulations results are found in good agreement with industrial data 

for pumped-LOX ASU producing 99% gaseous oxygen. The proposed simulation and 

optimisation method ensures convergence even when an initial guess is far away from 

the optimal operation point for the oxygen-producing ASU cycle flowsheet. 

On the other hand, ASU co-producing argon which is characterised by its strong 

heat- and material-coupling between CAC and the main double-column system 

presents challenges in terms of convergence of optimisation and simulation results. In 

particular, determining the optimised operating conditions that can meet industrial high 

purity Ar specifications is challenging; this is because of the narrow feasible operation 

region, i.e. the zone restricted by the tight operational and design constraints. The high-

purity product requirements add to this challenge. First, the reasons that create those 

challenges and the strategies to tackle the convergence issues are discussed, and 

then the flowsheet including argon subsystem is developed and optimised. Using SQP 

optimiser together with parametric sensitivity analysis, argon production unit with 75% 

recovery is simulated. 

To the author’s knowledge, this study reports, for the first time, a methodology for 

rigorous simulation and optimisation of ASU co-producing argon in Aspen Plus that 

ensures maximum heat recovery and energy-optimal operation while satisfying high 

purity product specification. The methodology and the information presented in this 

chapter can also be easily applied to simulate, analyse and optimise similar ASU 

configurations with different production scales and product slates. 
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5 HYBRID MEMBRANE–
DISTILLATION SYSTEMS FOR 

ARGON PRODUCTION 

5.1 Introduction 

This chapter develops and models hybrid membrane–distillation flowsheets for 

argon separation and systematically evaluates their potential benefits over 

conventional technology. The hybrid flowsheets comprise of a distillation column, a 

membrane unit, auxiliary equipment such as heat exchangers and compressors and 

the connecting streams. When these units are combined there are numerous 

configuration possibilities. It is, therefore, challenging to explore all potential hybrid 

structures and the synergistic interactions between the membrane and distillation units. 

To fully capture the benefits of the novel flowsheets, such interactions should be 

systematically assessed. 

This chapter presents the methodology followed for the design and systematic 

evaluation of hybrid configurations, flowsheet variants and operating conditions for the 

selected membrane materials: carbon molecular sieve membranes and polymeric 

membranes. Our multi-step approach starts with generation and initial screening of 

process variants, followed by the performance evaluation through simulations in Aspen 

Plus and finally ends with optimisation to identify the optimal design for the most 

promising hybrid configuration. The performance of the novel flowsheets is examined in 

terms of attained specific power savings per unit of argon relative to conventional 

distillation. 
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5.2 Systematic screening of process alternatives for argon 
 production 

This section screens the design and process alternatives for argon separation 

systematically in order to identify the optimal process technology as well as optimal 

process structure and operating conditions. The main steps of the procedure are 

illustrated in Figure 5.1 below. 

 

Figure 5.1 A general evaluation framework for hybrid membrane–distillation processes 
for argon production. 

 

A. First step: Identification of separation process alternatives: 

The identification of suitable process technologies for a given separation largely 

depends on the separation task, i.e. properties of the mixture to be separated. Here, 

three separation processes will be evaluated to achieve the design targets; cryogenic 

distillation, membrane separation and a combination of membrane and conventional 

distillation, i.e. hybrid separation system. Cryogenic distillation is the current purification 

technology used for argon production; hence it is included in the analysis as the base 

case. 

Membrane separations, although it is not one of the objectives of the current work, 

have been included in the analysis; its use in argon separation from an argon-enriched 

process stream of ASU is examined. The results are presented and discussed in 

Section 5.6. 

The last process proposed here, membrane separations combined with distillation, 

might offer potential for cost savings in comparison to conventional cryogenic 

distillation; but given the large number of process variants, determination of optimal 

configuration and operating conditions by means of rigorous simulation is not a trivial 

task. Thus, early screening of alternatives in order to eliminate infeasible designs, as 

will be described in the Second step, is needed. Then, further evaluation of most 

promising flowsheet candidates using rigorous models can be carried out. 
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B. Second step: Generation and screening process alternatives 

Numerous process flowsheets combining the membrane unit and distillation column 

can be generated as described in detail Section 2.8.1. Schematic representation of four 

main hybrid configurations can also be seen in Figure 2.12 in the same section. These 

main configurations are generated based on typical distillation columns with stripping 

and enriching sections. The crude argon column used in ASUs is a side-rectifier; hence 

not all of the main configurations can be applied to the system of interest. For instance, 

the ‘bottom’ hybrid is not a valid option because the column does not produce a vapour 

product at the bottom as it does not have a reboiler. This leaves three main 

configurations to be considered: sequential, top and parallel hybrid configurations. The 

sequential hybrid configuration can be regarded as a special case of parallel hybrid 

configuration, where the membrane is placed to the bottom stage of the column and 

the membrane feed flow rate is equal to the column feed flow rate. 

Generation of flowsheets and afterwards initial screening of the alternative 

flowsheets can be done based on the thermodynamic insights about the mixture and 

membrane properties. Here, the heavy component is oxygen and the light component 

is argon. The column feed typically contains between 10 to 20 mol% of light component, 

Ar. As explained in Section 2.6 all of the membrane materials available today permeate 

O2 molecules faster than Ar molecules, meaning that permeate stream will be richer in 

O2 and retentate stream will be richer in Ar in comparison to the feed stream. Based on 

these, for the top hybrid, as the structure is almost fixed, the retentate stream is 

recovered as product stream whereas permeate stream can either be regarded as 

waste or can be recycled back to the column to increase the yield depending on the 

amount of valuable products in the permeate stream. 

In parallel configuration, the membrane feed stream is withdrawn from an 

intermediate stage of the column. This configuration has a great potential for 

performance improvements compared to distillation due to its significantly wide design 

space, allowing withdrawal of the membrane feed stream from any stage of the 

distillation column. Parallel configuration in itself can be subcategorised depending on 

the membrane’s relative location to the column feed as above-, below- and across-feed 

configuration. In a CAC, when the membrane feed is withdrawn from a stage above the 

feed stage, retentate stream will always contain more argon compared to the 

membrane feed stream, therefore the retentate will always be sent to a stage above 

the membrane feed withdrawal stage to match the feed and its respective feed stage 

composition. In this work, following Ayotte-Sauvé et al. (2010) and Etoumi (2014), the 

position of membrane product streams (i.e. the column side-streams) is determined by 
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their composition. The impact of location of column feed and side-feeds are also 

investigated by sensitivity analysis in Section 5.7.2.1. 

On the contrary, depending on the feed composition, i.e. which stage that the 

membrane feed is taken, and the membrane operating conditions (the separation 

achieved in the membrane) the permeate stream might have an oxygen concentration 

higher or lower than the oxygen concentration of the column feed. Assuming the 

permeate stream contains less oxygen than the column feed, as all of the streams 

connected to the membrane unit will be above the column feed, this arrangement is 

called ‘above-feed parallel’ hybrid. If the permeate oxygen concentration is higher than 

that of the column feed stream, the permeate stream must be fed to the column from 

below the bottom stage. The column feed location can be changed in this circumstance 

as a vapour stream is already fed to the column from the bottom providing the required 

boil-up for distillation, eliminating the necessity of introducing the column feed to the 

bottom stage. In this instance, the configuration is called an ‘across-feed parallel’ 

hybrid configuration. 

The third case is where the membrane is placed below the feed stage, i.e. ‘below-

feed parallel hybrid’ does not apply to the CAC because it is a rectifier. For the possible 

configurations mentioned above process flowsheets are developed. As polymeric and 

CMS membranes operate at different temperatures, their hybrid flowsheets differ. The 

process flowsheets are described in Section 5.3. Process flowsheet for standalone 

membrane separation with CMS membranes is also developed. 

It has been reported in the literature that the optimum position of the membrane is 

near the feed location for hybrid membrane–distillation processes for low relative 

volatility mixtures (Caballero et al., 2009). So for argon and oxygen separation, it is 

anticipated that the highest energy savings will be obtained with parallel configuration 

when the membrane is placed near the feed stage of the column. 

C. Third step: Evaluation of process alternatives 

This work uses unit operation and equipment models available in Aspen Plus to 

design, simulate and evaluate the performance of alternative argon production 

processes, with particular focus on hybrid membrane–distillation processes. First, a 

conventional crude argon column—which represents a base case for comparison of 

novel schemes as well as providing the basis for the design of hybrid flowsheets—is 

designed using the models in Aspen Plus. Then, process flowsheets for different hybrid 

configurations and membrane materials are developed in Aspen Plus. The modelling 

and simulation of the hybrid processes are explained in detail in Section 5.3. 
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Simulation of hybrid flowsheets, in itself, is challenging and computationally 

demanding, as there are two recycle streams in the process. The difficulties 

encountered during the simulation and optimisation of the ASU with argon production 

has been discussed in detail in Section 4.3.8. The membrane unit, when added to the 

ASU process flowsheet, increases the complexity of an already complex flowsheet. 

Tight constraints, recycle streams and heat integration between the columns make it 

extremely difficult to converge the ASU flowsheet simulations. Thus, in this study, it is 

decided to decouple the crude argon column from the ASU flowsheet in order to 

simplify the analysis of the hybrid flowsheets and facilitate flowsheet convergence. 

Although this simplification may undermine the true potential of hybrid configurations, it 

allows a convenient analysis of the process. Impact of this assumption on the results is 

discussed in Section 5.8.7 and Section 5.10. The operating conditions of the column, 

feed and product streams are assumed similar to those in the ASU modelled in Section 

4.3.8. 

D. Fourth step: Optimisation of the most promising alternative 

Hybrid membrane–distillation processes offer significant potential for performance 

improvement but dramatically extend the design space. A large number of design and 

operational degrees of freedom exist. In particular, when the membrane is placed 

parallel to the column, a systematic approach is required to determine the most 

promising flowsheet variant due to a high number of possibilities regarding the location 

of membrane feed, retentate and permeate streams. Figure 5.2 shows the schematic 

illustration of the simulation and optimisation framework used in this study. 

 

Figure 5.2 Simulation and optimisation framework for hybrid membrane–distillation 
flowsheets. 

In this step, firstly a sensitivity analysis (Section 5.7.2.1) is performed to investigate 

the interactions between the units and influence of decision (structural and operating) 

variables on the energy consumption of the hybrid flowsheets. The novel processes are 
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evaluated in terms of power consumption and the % specific savings compared to 

standalone distillation (i.e. savings per unit of argon produced from the process). 

Following the identification of key decision variables and their bounds, optimisation is 

performed to identify the best process configuration and operating conditions. 

The built-in SQP optimisation solver in Aspen Plus is used to optimise operational 

parameters together with parametric optimisation of discrete variables to maximise the 

energy savings attained with hybrid process compared to standalone distillation. This 

hybrid optimisation approach allows simultaneous consideration of structural and 

operating variables in the process while making use of unit operation models, and 

numerical algorithms and solution techniques in Aspen Plus. Next, the modelling and 

simulation of hybrid flowsheets in Aspen Plus are described. 

5.3 Design and simulation of hybrid membrane–distillation 
 processes  

This section describes the methodology used in the design and simulation of hybrid 

alternatives. Developed flowsheets are described and classified based on the 

configuration in the following subsections. The process configuration and the models 

for the top configuration are not described here because initial screening of this 

configuration through sensitivity analysis has shown that the requirement for a highly 

selective membrane—which is not available—makes the top hybrid configuration 

economically unviable. Therefore, this study mainly focuses on the parallel hybrid 

configuration with two different membrane materials. Further details about the 

performance of the top configuration are given in Section 5.7.1. 

5.3.1 Parallel configuration — flowsheet development 

Process flowsheets for polymeric and carbon molecular sieve membranes differ 

due to different membrane operating temperatures. Description of each flowsheet is 

given in the following sections. 

     a. Polymeric membranes (i.e. ambient-temperature membranes): 

 As seen in Figure 5.3, a multi-stream heat exchanger, a compressor and an 

expander are placed between the membrane unit and column. As described in Section 

2.6.1.1, although polymeric membranes can function within a specific temperature 

range depending on the type of the polymer, they have been shown to work best at 

about ambient temperature (around 20 to 40 °C). Hence, their properties are tested 

only at ambient temperature. Therefore, it is assumed that the polymeric membranes 

used in this study operate at 30 °C. 
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 Yet, in this case, sending the ambient-temperature permeate and retentate directly 

to the column operating at cryogenic temperatures (e.g. –184 °C) is expected to 

increase the cooling requirement of the column, whereas refrigeration of those streams 

at such extreme temperatures is also expected to be very costly. Therefore, this study 

models a system that employs a multi-stream heat exchanger where warm retentate 

and permeate streams leaving the membrane are cooled to the column temperature 

against the cold membrane feed stream entering the compressor. The benefit of the 

use of multi-stream heat exchanger on reducing the energy demand of the hybrid 

process will be demonstrated quantitatively in Section 5.7.2.6. 

 

Figure 5.3 Flowsheet for hybrid membrane–distillation processes with polymeric 
membranes operating at ambient temperature.  

 A multistage compressor with interstage cooling is used to compress the vapour 

feed to the membrane, and hence to create the driving force for the separation. The 

compressor outlet is cooled to ambient temperature (i.e. TMEM = 30 °C) using cooling 

water. The membrane separates the feed into two streams: an oxygen-enriched 

permeate stream and argon-enriched retentate stream. The permeate-side of the 

membrane is maintained at the column pressure, while an expander is employed to 

reduce the retentate pressure to that of the column. 

The expander produces work and cools the retentate stream due to expansion. 

Although the expander adds extra capital cost to the process, the use of expander 

increases the energy efficiency of the process. This is because, expanders extract 

energy from the process in the form of mechanical work, resulting in a greater 

temperature reduction (i.e. generating more refrigeration) with the expansion compared 

to a throttling valve, where the temperature reduction is solely due to Joule–Thompson 
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effect and no energy is removed from the gas. In addition, the extracted work can be 

used in driving the compressors in the process or to generate electricity, the result is 

that the net power consumption of the system is reduced. 

After being cooled in the multi-stream heat exchanger to near column temperature 

(i.e. TCAC), the permeate and retentate streams are returned to column stages with 

similar vapour compositions. The reason for choosing stages with similar composition 

will be explained later on in Section 5.7.2.3. 

     b. Carbon molecular sieves (i.e. low-temperature membranes): 

The flowsheet for CMS membranes is shown in Figure 5.4. The CMS membranes 

can operate at sub-ambient temperatures. Thus, it is not required to recover the cooling 

in the side-stream from the column (i.e. membrane feed stream); therefore, the multi-

stream heat exchanger is eliminated. Here, the membrane feed is first compressed in a 

multi-stage compressor and then cooled to a suitable temperature, i.e. the desired 

membrane operating temperature (TMEM). 

 

Figure 5.4 Flowsheet for hybrid membrane–distillation processes with carbon 
molecular sieves operating at sub-ambient temperatures. 

As before, the pressure of the retentate stream needs to be reduced before it is 

returned to the column. However, if an expander were used, an excessive amount of 

liquid exists in the expander outlet due to heat removal in the cooler. Therefore, in 

order to reduce the retentate stream pressure to the column pressure, an expansion 

valve (not shown in Figure 5.4) is used instead of the expander. Dense fluid expanders 

exist, but they are not considered in this work. 
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Permeate and retentate streams, which are at membrane temperature, enter the 

column at a suitable stage. As even the lowest membrane operating temperature 

investigated (–140 °C to 30 °C) is higher than the column temperature (–184 °C), 

permeate and retentate streams are always warmer than the column. These streams 

can be sent directly to the column or cooled to column temperature before entering the 

column. Therefore, the influence of permeate and retentate temperatures on overall 

energy demand of the hybrid process is investigated in Section 5.7.2.6. 

In Section 5.6, standalone membrane separation of crude argon stream with CMS 

membranes is investigated. The process configuration described here, excluding the 

CAC, is used in this analysis, i.e. the CAC feed is directly sent to a standalone 

membrane unit to produce oxygen-free retentate stream (i.e. argon product). 

As mentioned earlier in Section 2.6.1.1, the selectivity of CMS membranes 

increases with decreasing their operating temperature. Consequently, operating 

temperature is an important degree of freedom in membrane separations with CMS. 

Experimental data for oxygen permeance and O2/Ar selectivity are reported by Soffer et 

al. (1997) for the temperature range –170 °C to 30 °C. To capture the changes in O2/Ar 

selectivity and O2 permeance within the available temperature range, the experimental 

data of Soffer et al. (1997) were fitted to different empirical models (Figure 5.5). 

 

Figure 5.5 (a) CMS selectivity versus membrane operating temperature; (b) effect of 
membrane temperature on component permeances. 

First, selectivity data were fitted by non-linear regression using curve fitting analysis 

in Origin Pro in order to obtain a relationship between CMS O2/Ar selectivity and 
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temperature. The non-linear allometric model is shown in Figure 5.5(a) is chosen as it 

provides the best fit. Secondly, the temperature dependency of O2 permeance, which is 

required to accurately estimate membrane area, is expressed in terms of an Arrhenius 

type equation Figure 5.5(b). As gas transport through CMS membranes is a thermally 

activated process, temperature dependency of permeance can be, and often is, 

described by empirical Arrhenius relation (Ismail et al., 2011). Temperature 

dependence of argon permeance is also shown in Figure 5.5 (b), which is calculated 

using experimental O2 permeance and O2/Ar selectivity data. 

It should be noted here that, it would be better to calculate O2/Ar selectivity at 

different temperatures using Arrhenius equations for oxygen and argon permeances 

instead of regressing the experimental selectivity data. Yet, unfortunately, the dataset 

for argon was not available. Still, the fitted model accurately captures the changes in 

selectivity with temperature with an average percentage error of 3.7%. The activation 

energies for permeation were found to be 4.43 and 1.45 kJ/mol for argon and oxygen, 

respectively, indicating, as expected, the preferential oxygen transport through the 

membrane. 

5.3.2 Parallel configuration — modelling in Aspen Plus 

Aspen Plus V8.4 is used for steady-state modelling of hybrid processes. Figure 

5.6(a–b) presents the corresponding Aspen Plus flowsheets for hybrid processes with 

polymeric and carbon molecular sieve membranes. 

The following models offered by Aspen Plus are used in simulations: RadFrac 

model for distillation columns, countercurrent MHeatX model for multi-stream heat 

exchanger, MCompr model for multistage compressors, Compr model in turbine mode 

for expansion turbines (turbo-expanders), and Heater model for coolers. In simulations, 

all streams that are taken from or return to the column are in the vapour phase. 

Temperature approach of 3 °C is assumed in the multi-stream heat exchanger and 

the pressure drop is assumed to be negligible (Zhu et al., 2011; Van der Ham and 

Kjelstrup, 2011). Minimum temperature approach constraints for multi-stream heat 

exchanger are imposed by adding Calculator blocks into the flowsheet (RETT and 

PERM in Figure 5.6). Calculator blocks read the membrane feed temperature and 

calculate the permeate and retentate stream temperature (i.e. TMEM–FEED + 3 = TRET–MHX) 

as the pinch (i.e. minimum approach temperature) is at the cold-end of the multi-stream 

heat exchanger. 

Multi-stage centrifugal compressors are used for compressing the membrane feed 

to the desired pressure. The compressor outlet pressure is one of the parameters 
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varied in simulations. Accordingly, no of compression stages is varied suitably, so that 

the pressure ratio in a single stage is between 2 and 2.5 (Smith, 2005). The 

compressor and expander isentropic and mechanical efficiencies are set to 80% and 

90%, respectively (Chowdhury, 2012; Aneke and Wang, 2015). 

Interstage water coolers are used to decrease the temperature of the gas entering 

the next stage in order to improve the efficiency of compression. An aftercooler is also 

used after the final compression stage to maintain the membrane feed at the desired 

temperature. It is assumed that ASU uses locally available cooling water at 25 °C and 

the temperature approach is 5 °C in the coolers. 

 

 

Figure 5.6 Aspen Plus screenshot of hybrid flowsheet with (a) polymeric; (b) carbon 
molecular sieve membranes. 

       (a) 

       (b) 
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In the flowsheet with polymeric membranes, when compressor feed near ambient 

temperature (TOCOMP in Figure 5.6) is compressed, its temperature increases above 

the ambient temperature, hence interstage cooling with cooling water can be utilised. In 

contrast, since the multi-stream heat exchanger is eliminated in CMS flowsheet, side-

stream at cryogenic temperature (MEM–FEED in Figure 5.6) enters the compressor. 

As a result, the temperature of compressed gas is below ambient until it is compressed 

to a certain pressure. Therefore, in CMS flowsheet interstage cooling is provided as 

long as the temperature of the gas leaving the stage is greater than the cooling water 

approach temperature. 

Argon product is taken from the partial condenser at the top as vapour. The desired 

argon purity is achieved using the Design Spec tool in RadFrac block. The reflux ratio 

is manipulated to meet product specifications—which is often oxygen impurity level in 

argon product for the CAC. Cryogenic initialisation strategy for RadFrac columns is 

selected for better convergence, as recommended by Aspen Technology Inc., (2009). 

The permeate pressure is set to column bottom pressure (i.e. the highest pressure 

in the column) to maintain its pressure greater than the pressure of the stage it is 

entering the column. Similarly, expander discharge pressure in polymeric membrane 

flowsheet, and hence pressure of returning permeate stream is set to column bottom 

pressure for the same reason. The number of stages is kept constant in simulations. 

5.3.3 Energy required for hybrid membrane–distillation system 

Clearly, it is critical to use a meaningful objective function when ranking the 

flowsheet variants. The choice of which alternative objective function—capital 

expenses, operating expenses or annual operating expenses—to use depends on the 

dominant cost driver in the process for a given production scale. 

As detailed earlier in Section 2.3.1, for the energy-intensive cryogenic air separation, 

the economic performance indicator is often the overall operating cost. And the 

operating cost is dominated by the cost of shaft power required for compression for the 

generation of sub-ambient cooling (i.e. cooling in column condensers). Similarly, for the 

membrane separations and the cooler in the CMS flowsheet, the compression cost is 

the main operational cost. Apart from the electricity to drive the compressors, cooling 

water is used as a utility in the hybrid flowsheets. The cooling water costs are 

neglected in operating cost calculations since the incurred cost of water-cooling is 

negligible compared to electricity costs of compression. The use of the same form of 

energy (i.e. shaft work: electricity) in the membrane and the distillation processes 

eliminates the need for utility cost calculations for evaluation of different process 
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alternatives. Process alternatives can be compared on the basis of total required shaft 

work per unit of product produced. 

Therefore, this work uses the shaft power savings compared to conventional 

distillation as the performance indicator. The overall power consumption of the hybrid 

process with polymeric membranes and carbon molecular sieve membranes are 

estimated by using Eqs. (5.1) and (5.2), respectively. 

 (5.1) 

 
(5.2) 

 where WHybrid is the total power demand of the hybrid system, WCond and WCool are 

the equivalent power demand of the column condenser and membrane feed cooler, 

respectively. WComp is the compressor power demand and WExp is the power output of 

retentate expander. With the help of Eqs. (5.1) and (5.2), the % (specific) power 

savings offered by hybrid flowsheets compared to standalone distillation can be found 

from Eq. (5.3): 

 
(5.3) 

 where WDistillation is the total power demand of distillation alone process. Here in Eq. 

(5.3), since argon product flow rates are different for hybrid and standalone process 

(for fixed product purity and column feed), energy requirements are normalised per unit 

of argon produced in the distillate, to allow direct comparison between process 

alternatives. The reason why the argon product rates are different for the hybrid and 

standalone process will be explained later in Section 5.7.2 with the help of the 

simulation results. 

As described in Chapter 4 in detail, ASU does not utilise external refrigeration 

cycles, all cooling requirements are satisfied either by available cold process streams 

or by refrigerated streams generated by expansion of high-pressure streams in the 

process, meaning that all energy required for the process (including heating and 

cooling and losses due to irreversibilities) is provided by compressing the inlet air in the 

main air compressor. However, when decoupled from ASU, it is not possible to relate 

the cooling required in the condenser of thermally-coupled CAC to MAC power demand 

explicitly. Therefore, this work uses a cooling-to-power ratio of 0.35 (i.e. 1 unit of shaft 

work is required to generate 0.35 unit of cooling at the CAC condenser temperature 

around –184 °C) following Agrawal et al. (1989). 

WHybrid = WCond + WComp − WExp 

WHybrid = WCond + WComp + WCool 

% Specific power savings  (S) = 
  WHybrid − WDistillation   

WDistillation

 x 100 
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 Power equivalent of cooling duty of membrane feed cooler in CMS flowsheet is also 

needed to be estimated. As in the case of CAC condenser, it would be economically 

and practically more viable to utilise one of the available cold process streams to 

provide the required refrigeration. Assuming that this is the case, the power equivalent 

of cooling duty at given cooler temperature is calculated by the aid of the well-known 

Carnot refrigeration model, which allows determination of actual required shaft work 

based on ideal required shaft work in a refrigeration cycle, shown in Eq. (5.4) as follows.  

 First, as the ratio of cooling to the power required is known at the CAC condenser 

temperature (–184 °C), the Carnot model is applied to calculate the cycle efficiency, 𝜂 

which is found to be 𝜂 = 0.87. In this case, QCool is the condenser duty, TCond is the 

condensing temperature of the refrigerant (i.e. cooling water temperature plus 

temperature approach), TEvap is the temperature of the refrigerant in the evaporator (i.e. 

condenser temperature minus temperature approach) in the cycle, and  𝜂  is the 

efficiency of the cycle (i.e. the ratio of work required by reversible cycle to work 

required by actual cycle). In practical refrigeration cycles, the actual work requirement 

is appreciably greater than the ideal work requirement and 𝜂 of 0.6 is typically used as 

a-rule-of-thumb when estimating the power requirement of the cycle using the Carnot 

model. Here, instead of using the literature value 𝜂 is calculated based on the known 

cooling-to-power ratio as described above to better estimate the shaft power equivalent 

of cooler duty at different cooler temperatures. 

 Finally, assuming that the cycle efficiency is valid for lower temperatures,  Carnot 

model shown in Eq. (5.4) is applied in order to determine compressor power required 

for refrigeration in the membrane feed cooler (FEEDCOOL in Figure 5.6) at a given 

membrane operating temperature. 

 

(5.4) 

 In the Carnot model, the cycle uses cooling water at 25 °C as the cooling medium 

with 5 °C approach temperature as in the water coolers used in ASUs. 3 °C minimum 

temperature approach is assumed in the cycle evaporator. 

As in any chemical process, the power requirements of the hybrid flowsheets given 

in Eqs. (5.1) and (5.2) above largely depends on the operating conditions and the 

process structure. In fact, the hybrid arrangement offers greater flexibility for the design 

than the standalone separation processes; and such flexibility is the very reason why 

the hybrid process offers economic benefit. The important decision variables (both 

operating and design parameters) are identified with a detailed sensitivity analysis in 

WCool =
 QCool  

𝜂
  

 TCond  −  TEvap 

TEvap
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Section 5.7.2.8. Later, selected decision variables are simultaneously optimised in 

order to minimise the total energy requirement of the hybrid flowsheets. 

5.4 Evaluation of process alternatives — industrial-grade argon

 production 

In this section, the process models are applied to parametrically assess and 

compare the performance of the separation process alternatives for argon production—

standalone distillation, a single membrane unit and membrane-assisted distillation in 

various configurations. The process technologies and configurations likely to be 

energetically less demanding to achieve the desired separation are identified. The 

scope of the analysis here is limited to production of welding grade argon (O2 < 1 ppm) 

from a typical crude argon stream from the industrial scale ASU flowsheet modelled in 

Section 4.3.8. The crude argon stream taken off from the LPC, similar to that in Section 

4.3.8, is saturated vapour at 1.3 bar containing 10 mol% argon, 90 mol% oxygen and, 

10 ppm nitrogen with a flow rate of 446 kmol/h (10000 scmh). 

5.5 Alternative I: Base Case Design (i.e. cryogenic distillation) 

A conventional rectifier is designed for evaluation of the benchmark process and for 

use in comparison with alternative separation technologies. The McCabe-Thiele 

diagram and the operational limitations due to tight vapour–liquid equilibrium in the 

crude argon column are discussed in detail in Section 4.3.8. The column is designed by 

simulation in Aspen Plus by using the rigorous column model RadFrac. The Design 

Spec feature is utilised to find the reflux ratio required to achieve desired purity when a 

different number of theoretical stages used. It is assumed that the vapour-liquid 

equilibrium is achieved in a stage (Murphree efficiency is assumed 1). The reflux ratio 

is varied between user-specified lower and upper bounds to achieve 1 ppm O2 in argon 

distillate. 

The column bottom pressure is equal to column feed pressure, 1.3 bar. Argon-

enriched saturated vapour feed enters the column below the bottom stage. It is 

assumed that there is 0.1 bar pressure drop in the column, yielding a top pressure of 

1.2 bar. 

Results showing the effect of the number of theoretical stages on the required reflux 

ratio and argon recovery can be seen in Figure 5.7. The minimum reflux ratio is found 

to be 33. When designing low-temperature distillation systems, as a rule-of-thumb, 

recommended optimum reflux ratio is 1.05 to 1.1 times the minimum reflux ratio 

required for the separation (Douglas, 1988; Ray and Sneesby, 1998). The blue line in 

the graph represents the RR/RR min = 1.05 which intercepts with RR/RR min at NTotal = 
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133 theoretical stages. However, it is important to point out that, as CAC is a rectifier, 

one can attain either the desired product purity or product recovery by manipulating the 

number of theoretical stages and reflux ratio. Hence, here changes in argon recovery 

with increasing no of stages (red line in Figure 5.7) should also be taken into account 

together with the reflux ratio, i.e. corresponding utility cost when designing the column. 

 

Figure 5.7 The number of theoretical stages vs. argon recovery and the ratio of reflux 
ratio to minimum reflux ratio in CAC. 

Table 5.1 below shows the effect of a number of theoretical stages on column 

performance more clearly. Increasing no of stages increases overall argon recovery 

from the column and hence reduces the required condenser duty per unit of argon 

produced. However, argon recovery and condenser duty are relatively unaffected by 

any further increase above 150 stages. Therefore, 150 theoretical stages are used in 

the base case design. These characteristics of CAC are discussed in Section 4.3.8.  

Table 5.1 Effect of the number of stages on condenser duty and attained argon 
recovery in crude argon column. 
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argon recovery from CAC.  
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It is important to emphasise here that, argon recoveries shown in Figure 5.7 and 

Table 5.1 are not equal to argon recovery from the cryogenic ASU. The overall argon 

recovery is higher and can be calculated when the ratio of CAC feed flow rate to airflow 

to ASU is known as shown in Section 4.3.8. 

Almost all of the nitrogen entering the column accumulates at the top of the column, 

reaching around 0.02 mol% in argon product. The liquid at the sump of the rectifier 

contains about 93 mol% oxygen and 7 mol% argon. 

5.6 Alternative II: Standalone membrane separation unit 

Secondly, standalone membrane separation of crude argon column feed (the feed 

composition and conditions are as given in Section 5.5) is investigated in terms of 

energy consumption. 

Detailed sensitivity analysis of the key degrees of freedom in the design of 

standalone membrane separation is presented in Section 3.5. Results revealed that 

argon recovery and purity (i.e. 30% Ar recovery, < 1 ppm O2 in Ar) that can be 

achieved by standalone distillation are not attainable simultaneously with the polymeric 

membranes available due to the low selectivity of polymeric materials. This is because, 

as indicated by the ‘’attainability plot’’ in Figure 3.27 the same split ratio in the 

membrane unit cannot be achieved unless a membrane selectivity of 𝛼 = 16 is 

available. None of the polymers possess such high selectivities as seen in Table 2.2. 

On the other hand, CMS membranes show selectivities higher than 𝛼 = 16 when 

operated below –90 °C. For example, if the membrane is operated at –169 °C (𝛼 = 50), 

the desired purity and recovery could be achieved with CMS by using a pressure ratio 

of about 𝑟 =14. But when the membrane is operated at a lower temperature, as the 

selectivity of CMS membrane decreases with increasing the temperature, a higher 

pressure ratio should be applied to achieve the same separation; for instance, pressure 

ratio should be about 𝑟 = 27, when the membrane is operated at –121 °C (𝛼 = 23). 

That is, depending on the operating temperature, there is a pressure ratio–selectivity 

pair for CMS membranes that would perform the same separation. Therefore, the 

energy requirements of stand-alone membrane separation with CMS membranes 

operating at different temperatures are estimated and compared with distillation alone. 

     The process flowsheet for standalone membrane separations with CMS membranes 

are described in Section 5.3.1(b). The membrane operating temperature is varied from 

–169 °C to –121 °C (i.e. membrane selectivity, 23 < 𝛼 < 50). First, for a given selectivity, 

the required pressure ratio is found and then the flowsheet is simulated to calculate the 

power demand of the membrane feed compressor and the cooling duty of the 
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membrane feed cooler (Table 5.2). The simulations are performed in Aspen Plus using 

the models described in Section 5.3.2. The permeate pressure is assumed 1.3 bar. 

Table 5.2 Energy requirements and membrane area for a standalone CMS membrane 
unit operating at different temperatures. 

 

The crude argon stream is at about –181 °C (saturated vapour at 1.3 bar). But, it 

cannot be directly sent to the membrane, as it should be first compressed to generate 

the required driving force for the separation. However, due to compression, the 

temperature of the membrane feed stream increases, often above 0 °C due to high 

pressure ratios required, as shown in Table 5.2. When this high-pressure crude argon 

stream is cooled to the desired membrane operating temperature, for temperatures 

below –134 °C, it liquefies (dew point temperatures are also given in Table 5.2). Thus, 

it is not possible to operate the membrane at temperatures lower than –134 °C (shaded 

cases in Table 5.2) as the membrane unit considered here is a gas separation 

membrane. The highest CMS selectivity and the feed pressure that can be used to 

produce argon with 1 ppm O2 at the same recovery rate as distillation, therefore, is 

around 𝛼 = 28 and 27 bar (𝑟 = 21). 

At high selectivities, the compressor power demand is lower but the cooler duty is 

higher and cooling is required at a lower temperature. The comparison of power 

requirements of standalone membrane configuration and distillation configuration is not 

straightforward when the membrane unit is decoupled from the ASU; but the 

performance of both processes can be qualitatively analysed.  

For the same purity and recovery as distillation, the membrane unit should be 

operated with a stage cut,  𝜃 = 0.9693. Thus, the oxygen-rich permeate stream, which 

is equal to 97% of the membrane feed flow rate, cannot be wasted and should be 

returned to the LPC, as CAC bottoms stream in the case of standalone distillation. The 

returning permeate should also be cooled to column temperature before entering LPC, 

not to increase refrigeration load of LPC. 

Although the same product is produced from the membrane, the oxygen-rich 

permeate stream is vapour as oppose to oxygen-rich liquid bottoms from CAC. This 

      𝒓 PMEM 𝜶 WComp QCool TMEM Tdew AMEM 

 bar  kW kW °C °C m2 

14.0 18 51 603 — –169 –143.0 15,132 
16.0 21 38.7 655 — –155 –140.2 8,687 

19.2 25 30.1 730 — –139 –136.2 5,004 

20.8 27 27.9 764 727 –134 –134.5 4,174 

23.1 30 25.5 812 758 –128 –132.1 3,343 

26.9 35 23.0 885 819 –121 –128.0 2,518 

PMEM is the membrane feed pressure; Tdew is the dew point temperature of the membrane feed stream 
at PMEM; QCool is the cooling duty of the cooler and TMem is the membrane operating temperature.  
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stream in ASU is fed back to LPC from the CAC column feed withdrawal stage. 

Sending this oxygen-rich stream as vapour could enhance the separation in LPC, 

eventually yielding more argon at the CAC feed stage. Moreover, as now the CLOX 

stream is not vaporised at the condenser/reboiler of CAC—though it may be used to 

provide the cooling required in the CMS membrane feed cooler, the cooling duty is less 

than condenser duty and the cooling is required at a higher temperature, meaning that 

CLOX would be only partly vaporised—it provides reflux to LPC and hence enhances 

the separation in the column. However, the standalone membrane arrangement 

requires more energy than the crude argon column. 

This can be demonstrated with an example; assume that CMS membrane operates 

at –134 °C (i.e. the highest selectivity). Apart from compression demand; there are two 

streams that require low-temperature cooling. First, the hot compressor exit stream is 

cooled to membrane operating temperature (i.e. from ~42 °C to –134 °C QCool = 728 

kW) and after being separated in membrane, the permeate stream (which is equal to 

97% of the feed stream) is cooled to column operating temperature (from –134 °C to –

178 °C, QCool = 154 kW). When the sum of these cooling duties is compared with the 

cooling required at the CAC condenser—such comparison can be done because the 

temperatures at which the cooling required are quite similar—it can be seen that CMS 

membrane process requires more cooling duty than the standalone distillation (QCond = 

800 kW for 10000 scmh column feed as seen in Table 5.1) even without taking the 

additional compression power cost into account.  

Another main concern here could be raised about whether the CMS membranes 

can withstand feed pressures higher than 27 bar. Soffer et al. (1997) did not provide 

any details about the mechanical stability of CMS membranes under high feed 

pressures. Although Vu et al. (2002) shown that hollow fibre CMS membranes can be 

operated under feed pressures up to 69 bar without compromising the structural 

integrity of the membrane, this may not apply the CMS membranes considered in this 

study.  

Moreover, these results suggest that the energetic penalty associated with 

temperature increase due to compression can be removed or partly reduced if the 

crude argon feed stream from the LPC is available at high pressure. Thus, suggesting 

that CMS membrane may be better suited for argon purification in ASUs where a high-

pressure argon enriched stream is available in the process, such as EP cycles used in 

IGCC applications. In EP cycles LPC column operates around 5 to 7 bar (Fu et al., 

2016b). However in such application, low-pressure permeate stream might need to be 

recompressed before being returned to one of the columns in the process.   
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Alternatively to the standalone arrangement, membrane networks—comprising 

multiple membrane units connected in series or parallel—can be used. Using such a 

process would decrease the requirement for high membrane selectivity and pressure 

ratio. Various multi-stage and complex (e.g. single-stage with product recycle) 

membrane configurations are possible. Such designs are only economically justified for 

large-scale high-purity production of high-cost components. 

Argon enrichment in retentate stream can be improved for example by a) recycling 

a part of argon product to permeate-side of the membrane (as sweep gas) b) recycling 

of retentate or permeate stream to feed stream and c) employing membranes 

connected in series with permeate recycling to reduce the argon loss in permeate. 

Although these approaches could permit the same recovery and purity as standalone 

distillation without necessitating a highly-selective membrane, the energy requirements 

associated with such configurations are often more than that of a single-stage 

membrane.  

Several configurations are already discussed in the open literature for oxygen and 

nitrogen production (Prasad et al., 1994). Retentate recycling, for example, is shown to 

not lead a significant improvement in terms of recovery and purity when a high purity 

retentate product is desired (Kundu et al., 2012). Similarly, the series approach 

requires recompression of permeate in between the stages, leading to a substantial 

energy penalty (Kundu et al., 2012). 

Even though their potential benefit can only be understood through a detailed cost 

analysis, the results presented in this section together with the results in the literature 

on a similar system (i.e. O2–N2 separation) suggests that complex membrane 

arrangements (in standalone settings) are not likely to be competitive with distillation 

alone process with respect to capital and power costs in standalone settings. In the 

hybrid process, on the other hand, as the target product compositions are lower for the 

membrane, complex membrane arrangements may lead to cost savings that might 

offset the cost of added equipment and complexity. Nevertheless, the evaluation of 

such systems is out of scope for current contribution.  

Lastly, the viability of membrane-assisted distillation processes is evaluated for 

argon refinement from crude argon stream produced by an ASU. 

5.7 Alternative III: Hybrid membrane–cryogenic distillation 
 processes  

In this section, hybrid membrane–distillation configurations—top and parallel 

configurations—are investigated.  
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5.7.1 Top configuration 

The top hybrid utilises the membrane for final purification of the argon-rich distillate. 

When producing ultra-high purity argon with an oxygen concentration lower than 1 ppm 

with the top hybrid, a highly oxygen selective membrane, preferably a membrane only 

permeable to the oxygen molecules, i.e. a membrane with infinite selectivity is required. 

With moderately selective membranes, achieving high argon purity is not possible 

unless the membrane is operated stage cuts close to 1. In such a case, to recover the 

argon that passes through the membrane, the permeate has to be recycled to the 

column. However, this recycle arrangement has a very high feed compression power 

demand and a large membrane area due to the significant increase in the membrane 

feed flow rate as a result of the extremely high cut operation. On the other hand, 

ceramic-based membranes such as solid electrode membrane (SEM) and ion transport 

membranes (ITM) have infinite selectivity to oxygen, but their operating temperatures 

are extremely high. It has been shown by Thorogood et al. (1991) and Prasad & 

Bonaquist (1996) that they can be used to reduce the number of stages in the column, 

however combining two processes operating at two extreme temperatures resulted in 

an energy penalty. Only low- and ambient-temperature membranes are considered in 

this study, so this option is discounted. 

5.7.2 Parallel configuration 

For parallel configuration, initially, the effect of design variables (including discrete 

and continuous variables) on the performance of the membrane-assisted flowsheets is 

studied by sensitivity analysis. First, ambient-temperature polymeric membranes are 

investigated then the effect of operating temperature on low-temperature CMS 

membranes is studied. 

5.7.2.1 Sensitivity analysis 

The operating variables investigated through sensitivity analysis are pressure ratio, 

stage cut, membrane feed flow rate, the cold-end temperature difference in the multi-

stream heat exchanger, the temperature of the membrane product streams returning to 

the column and the operating temperature of the membrane when CMS membranes 

are used. Apart from the operating variables, there are four discrete variables that are 

investigated, three of which relate to the position of the membrane along the column 

(i.e. the location of membrane feed withdrawal stage, permeate return stage and 

retentate return stage) while the other relates to the location of the column feed stage. 

The sensitivity analysis also helps to highlight the most significant decision 

variables having the highest influence on the specified performance measures and to 
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define meaningful bounds on the decisions variables which are required for the 

construction of the optimisation problem in the following Section 5.8 The effect of these 

variables on various performance measures such as membrane area, condenser duty, 

and most importantly % power savings offered by the hybrid configuration compared to 

cryogenic distillation is presented. 

Conditions used in the sensitivity analysis 

The nominal conditions used in the sensitivity analysis are as before; the column 

feed is saturated vapour, containing 10 mol% Ar, 90 mol% and, 10 ppm N2, at a flow 

rate of 446 kmol/hr (10000 scmh). The desired Ar product contains 1 ppm O2. The 

column has 150 stages including the condenser. The membrane selectivity for O2 over 

Ar is taken as α = 2.5. In area calculations, O2 permeability is taken as 3.98 barrers, 

permeability of commercial TMPC polymeric membrane with similar O2/Ar selectivity 

(given in Table 2.2). 

It is reported in the literature that the selective layer of polymeric membranes is 

ultrathin; typical thicknesses are smaller than 0.5 𝜇𝑚  (often smaller than 0.1 𝜇𝑚 ) 

(Baker, 2002). Therefore, we assumed a conservative membrane thickness of 0.2 𝜇𝑚. 

In all simulations, N2 permeability is assumed to be half of that of Ar. Considering the 

reported O2/N2 selectivities of polymeric membranes compared to that of O2/Ar, this is a 

reasonable assumption. For example, O2/N2 selectivity of TMPC is reported to be 5.1 

(Pixton et al., 1994). 

The membrane feed temperature for polymeric membranes is set at TMem = 30 °C. 

The permeate side of the membrane is kept at 1.3 bar in all simulations, the pressure 

ratio is varied by altering the membrane feed pressure, i.e. the compressor outlet 

pressure. If not stated otherwise, all simulations performed at a pressure ratio of 𝑟 = 10 

(membrane feed pressure is 13 bar) and the crude argon stream is fed to the column at 

the bottom stage as in the case of standalone distillation. The stages in the CAC are 

numbered 1–150 from the top to the bottom of the column, N) 1, …, NTotal, including the 

column condenser; that is, NCACF = 150. 

5.7.2.2 Membrane feed flow rate, feed composition and stage cut  

     The influence of the membrane stage cut, membrane feed flow rate and the location 

of the column side stream feeding the membrane on membrane unit performance is 

illustrated in Figure 5.8 and Figure 5.9. NMEM–FEED denotes the column stage from which 

membrane feed stream is withdrawn while FMEM–FEED and FCACF denote the membrane 

side-draw and the column feed flow rate, respectively. Following the literature, the 

permeate and retentate are entering the column where stage compositions are almost 

the same as the stream compositions (see Section 5.7.2.3 for further discussion). 
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Figure 5.8 Impact of stage cut and membrane feed flow rate on the performance of 
membrane unit: (a) the retentate Ar recovery and purity; (b) the required 

dimensionless membrane area when NMEM–FEED = 140. 

As clearly shown in Figure 5.8, the higher stage cut leads to a higher Ar purity in the 

retentate stream but at the cost of reduced Ar recovery. The column feed contains 10% 

Ar; therefore when the membrane is placed to NMEM–FEED = 140, the membrane feed 

contains about the same amount Ar. Increasing the stage cut to 0.9 increases the Ar 

purity about by 35% maximum. Surely, a membrane with higher selectivity than 2.5 

would yield higher retentate Ar purity, but in a parallel hybrid configuration, high purity 

membrane products are not necessarily required. 

Moreover, increasing membrane feed flow rate has a slightly positive impact on 

membrane recovery and purity at stage cuts smaller than 0.8, indicating that increased 

membrane feed flow rate causes a favourable change in the membrane feed 

composition. Similarly, the decrease in the corresponding dimensionless membrane 

area with increasing FMEM–FEED, as shown in Figure 5.8(b) reflects this positive impact. It 

was chosen to report the dimensionless area rather than actual area because it better 

captures the impact of stage cut and flow rate on the area requirement. Additionally, 

the membrane area requirement increases, but at a decreasing rate, as the stage cut 

increases as in Figure 5.8(b). 

Figure 5.9(a) shows that the retentate Ar purity slightly increases as the location of 

the membrane side-draw is moved up in the column. Towards the top, the vapour in 

the column is richer in the more volatile Ar and so the membrane feed stream, resulting 
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in a higher Ar concentration at the retentate stream. Similarly, at smaller NMEM–FEED’s, 

smaller membrane areas are required due to increased purity as seen in Figure 5.9(b). 

 

Figure 5.9 Impact of the stage cut and the location of column stage from which 
membrane feed is withdrawn on (a) the retentate Ar recovery and purity; 
(b) the dimensionless membrane area for a membrane feed flow rate 
equivalent of 0.4 of the column feed.  

Figure 5.10 illustrates the influence of stage cut, membrane feed flow rate and the 

membrane feed withdrawal stage, NMEM–FEED on the net power savings in flowsheet 

illustrated in Figure 5.3 compared to conventional distillation. The savings are 

calculated from Eq. (5.3). The membrane side-draw flowrate, FMEM–FEED, is varied 

between 10% and 80% of the column feed flowrate, FCACF. The red line indicates the 

conditions yielding no net savings. Results clearly indicate that parallel configuration 

can save energy (i.e., compression power) compared to standalone distillation. 

As expected, the location of membrane feed stream, NMEM–FEED has an impact on 

net power savings. Greater savings are observed when moving NMEM–FEED closer to the 

bottom of the column, i.e. closer to the column feed stage (Figure 5.10(a–b–c)). Figure 

5.10(d) further demonstrates the association of the location of the membrane feed 

withdrawal stage with net power savings for a fixed membrane feed flowrate, 

suggesting that there is an optimum NMEM–FEED and it is closer to the column feed stage, 

which is consistent with the findings of previous on membrane-assisted distillation 

studies for separation of close-boiling gas mixtures (Caballero et al., 2009; Motelica et 

al., 2012; Ploegmakers et al., 2013). 
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Figure 5.10 Effect of stage cut and membrane feed molar flow rate on net power 
savings when the membrane is placed at: (a) 140th; (b) 145th; (c) 150th 
stage and; (d) effect of the location of membrane side-draw and the stage 
cut on net power savings when membrane feed flow rate is 0.4 of column 
feed flowrate. 

At stages cuts lower than 0.3, no savings are possible regardless of the membrane 

feed flow rate. Clearly, the highest savings for NMEM–FEED’s considered in Figure 5.10(a–

b–c) are obtained when the hybrid is operated with a membrane feed to column feed 

flowrate ratio about 0.3 to 0.4 and stage cut 𝜃 = 0.7. 

Table 5.3 reports the changes in condenser duty and argon recovery at different 

FMEM–FEED’s when FMEM–FEED = 0.4FCACF and 𝜃 = 0.7. For the same CAC feed flow rate, 

the membrane-assisted process always yields a higher argon recovery than the 

standalone column. This is because the reflux ratio of the CAC reduces when coupled 

with the membrane unit (from 33 to around 27). And for the conditions considered here, 

the hybrid produces more argon at a lower specific power cost than standalone 
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distillation. The results here suggest that with the membrane-assisted process, several 

benefits can be obtained. 

Table 5.3 Results for parallel configuration when the stage cut is stage cut 𝜃 = 0.7 and 
the membrane feed flow rate is equal to 0.4FCACF (Figure 5.10(d)). 

 

The results here can be interpreted as follows. Firstly, if desired, argon recovery 

can be the same as the standalone distillation and the power consumption of the 

process can be reduced. In such case, the feed flow rate to the column should be 

decreased accordingly. For example, when the membrane is placed to 147 stage of the 

column, the same amount of argon can be produced from CAC by processing a column 

feed equivalent of 81% of the standalone column feed flow rate (Table 5.1). Secondly, 

the hybrid arrangement can also be used to increase the argon recovery from the ASU. 

For example, assuming that the overall Ar recovery from the ASU is 70% when the 

standalone column is used, 10% more Ar can be produced with a feed flow rate 

equivalent of 92.7% of the standalone column when NMEM–FEED = 147 (Table 5.3.). 

In that case, not only argon recovery is increased but also argon is produced at a 

lower specific power consumption compared to standalone distillation. Implications of 

the assumption of decoupling of CAC will be discussed later in Section 5.9.7. 

Table 5.3 shows that the highest savings are obtained when the reflux ratio in the 

column is the smallest and the argon recovery from the column is the highest. 

 

Standalone Parallel configuration 

NMEM–FEED   141 143 145 147 149 

 Same feed flow rate (446 kmol/h) 

% Argon recovery from CAC, 𝛾Ar 30.70 37.20 37.53 37.74 37.85 37.83 

Reflux ratio, RR 33.02 27.08 26.84 26.68 26.60 26.62 

Condenser duty (kW), QCond 799.50 794.46 794.20 794.02 793.93 793.93 

Argon flow (kmol/h), FAR 13.69 16.59 16.74 16.83 16.88 16.87 

Membrane area (m
2
) 

 
4834 4821 4827 4802 4796 

       Same argon recovery as standalone distillation 

Argon flow (kmol/h) 13.69 13.69 13.69 13.69 13.69 13.69 

Condenser duty (kW) 799.50 655.61 649.76 645.96 644.04 644.37 

Relative column feed flow rate
a
 1.0 0.825 0.818 0.814 0.811 0.812 

Membrane area (m
2
) 

 
3989 3944 3927 3896 3892 

       10% increase in overall Ar recovery from ASU
b
 

Argon flow (kmol/h) 13.69 15.65 15.65 15.65 15.65 15.65 

Condenser duty (kW) 799.50 749.27 742.58 738.24 736.05 736.42 

Relative column feed flow rate
a
 1.0 0.943 0.935 0.930 0.927 0.928 

Membrane area (m
2
)  4559 4507 4487 4452 4448 

       

Specific power savings (%)   3.95% 4.82% 5.38% 5.66% 5.62% 
a
Column feed flowrate relative to standalone distillation. 

b
Assuming the overall Ar recovery from 

ASU is 70%. 
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Moreover, it can be seen that the membrane area requirements of hybrid flowsheets 

are not extremely large for the polymeric membrane used in the simulations. 

When looking at hybrid flowsheet in Figure 5.3, there are two main power 

consumers, condenser associated with distillation and compressor associated with the 

membrane unit. Hence, a trade-off between condenser duty (equivalent power 

demand) and the membrane feed compression duty is expected depending on the 

separation loads on distillation column and membrane unit. Figure 5.11(a–b) 

demonstrates this trade-off relationship. Here, the term ‘separation loads’ is used to 

indicate the amount of separation performed by individual units. For example, the 

separation load of the membrane is increasing with increasing the feed flow rate to the 

membrane, which in turn decreases the separation load of the column as the purity of 

the column side feeds (membrane retentate and permeate streams) increase. 

 

Figure 5.11 Effects of membrane feed flowrate and stage cut on: (a) power equivalent 
of condenser duty; (b) membrane unit net power consumption: membrane 
compression duty minus expander power generation. The red star sign 
marks the power equivalent of standalone column condenser duty. 

Increasing the membrane feed flow rate increases the compression power demand 

but decreases the condenser duty and hence the power required to generate 

refrigeration for the condenser. The effect of stage cut on the separation load of the 

column can be clearly seen in Figure 5.11(a). This behaviour basically stems from the 

purity-recovery trade-off problem of membrane separations, as demonstrated in 

Section 3.5.1. Increasing stage cut increases the retentate argon purity but it also 

means that more argon is passing through the membrane, resulting in a lower retentate, 

i.e. argon flow to the column—the typical purity-recovery trade-off encountered in 

membrane separations. The point indicated with a red star represents the condenser 

duty of the standalone column. 
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5.7.2.3 The location of retentate and permeate feed stages 

The feed stages of retentate and permeate streams are two important degrees of 

freedom in the hybrid system; both streams should enter the column at a stage that is 

optimal in terms of energy consumption. When designing a column with side-feeds, the 

maximum column performance, i.e. degree of separation, is achieved when the 

composition of feed matches that of its feed stage, as shown in some hybrid studies 

such as Pettersen et al. (1996); Ayotte-Sauvé et al. (2010); Etoumi (2014). 

Inherently, an exact match is not always the case and hence the side feeds are 

introduced at stages with best close composition match. The retentate will always be 

more Ar-rich than the membrane feed and hence it has to be returned to a stage 

physically above the membrane feed withdrawal stage, that is, NRET < NMEM–FEED. 

Obviously, the opposite is true for the O2-rich permeate (NPERM > NMEM–FEED) as also 

illustrated in Figure 5.12. Figure 5.12 also demonstrates how the retentate feed stage 

has an impact on the energy requirement of the hybrid system. Obviously, the lowest 

condenser duty and highest energy savings are obtained where retentate composition 

closely matches with the composition at the respective feed stage. 

  

Figure 5.12 Effect of location of retentate feed stage on a) column condenser duty; b) 
net power savings compared to standalone distillation. 

As CAC is a rectifier, the mole fraction of O2 is the highest at the feed stage, i.e. at 

the bottom of the column. Accordingly, when a vapour stream from the column is 

treated in an O2-selective membrane, the permeate O2 mole fraction could be higher or 

lower than that of the vapour and liquid streams in the CAC, i.e. the feed composition—

depending on the location of membrane feed and membrane operating conditions. For 

instance, in most cases when the membrane is placed close to the bottom of the CAC 

and operated at a high stage cut, the permeate contains more O2 than any stage in the 
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CAC. Therefore, the permeate stream in such circumstances has to be and is returned 

to the bottom stage of the CAC where its composition is the closest to the composition 

of the internal vapour.  

Such mixing in the trays results in an increase in the overall exergy loss of 

distillation (Ayotte-Sauvé et al., 2010). However, for the cases described above, O2-rich 

permeate can only be returned to a stage with matching composition if the column feed 

stage location is changed. This configuration, which is also known as “across-feed 

parallel hybrid” (see Section 5.2), is investigated in detail in Section 5.8. 

5.7.2.4 The location of the column feed stage  

In the standalone arrangement, since CAC does not have a reboiler, the vapour 

feed enters the column from the bottom stage (i.e. NCACF = 150) to provide the required 

upward vapour flow for the operation of the column. And yet with the hybrid 

arrangement, there is another vapour stream that is available to provide the required 

boil-up (that is, the O2-rich permeate), so the column feed stage can be moved up, 

toward to the top of the CAC. Having seen that a good match between the feed 

composition and its respective feed stage improved the performance of the hybrid in 

terms of energy consumption, the effect of column feed stage location on the energy 

requirements of hybrid is being addressed. 

 

Figure 5.13 Effect of the location of column feed when the membrane is placed at 
140th stage; (b) effect of the location of membrane side-draw on net 
power savings when NCACF = 148. 

The membrane is placed at the 140th stage, i.e. NMEM–FEED = 140 and membrane 

feed is fixed to 0.4FCACF. In Figure 5.13(a), indeed, a sharp increase in power savings 

occurred when the column feed stage is moved two stages up. Then the savings 
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levelled off and achieved a maximum value before decreasing monotonically moving 

the stages further up. Figure 5.13(a) also shows that there exists an optimal feed stage 

that maximises power savings. Results from this figure can be compared with the 

results in Figure 5.10(a) which shows the savings when NCACF  = 150; the difference in 

maximum savings that can be obtained is significant, 3.9% for NCACF = 150 as oppose 

to 8.5% for NCACF = 140. 

In Figure 5.13(b), the membrane feed stage location is varied for fixed NCACF = 148. 

As expected, the savings further increase when moving the membrane feed close to 

column feed, peaking at 11.8% at two stages above the column feed stage. The results 

exhibited trends very similar to those observed in Figure 5.13(d) where the feed enters 

the column at the bottom stage, NCACF = 150. Yet, by moving the column feed stage 

only two stages up, the maximum savings increased notably (from 5.7% to 11.8%). In 

both cases, the highest savings obtained when NMEM–FEED = NCACF – 2 and 𝜃 = 0.7. 

Together these results reveal several important insights: the optimal column feed 

stage is likely to be close to the bottom of the column; the optimal membrane feed 

withdrawal stage is also expected to be just a couple of stages above (two stages for 

the conditions used in the simulations in Figure 5.13) the column feed stage. These 

findings greatly helped to refine the bounds of search space for the optimisation as 

explained later in Section 5.8. 

5.7.2.5 Pressure ratio and no of compression stages 

Figure 5.14 shows the influence of membrane pressure ratio on the specific power 

savings and the required membrane area for a stage cut of 0.72 and for membrane 

feed flow rate of FMEM–FEED = 0.4FCACF. The membrane feed is withdrawn from NMEM–

FEED = 148. These operating conditions are selected because they result in highest 

power savings for the membrane selectivity (𝛼 = 2.5) and the pressure ratio (𝑟 = 10) 

used in the sensitivity analysis (results not shown). Compressor has interstage coolers 

and the compression ratios per stage are kept within practical limits (2.5 maximum). 

Area requirements are presented for the cases of fixed argon recovery (as standalone 

distillation) and the fixed column feed flow rate. 

Obviously, smaller pressure ratios are favoured to obtain high power savings; 

however, area requirements increase dramatically with decreasing the feed pressure. 

Such effects of feed pressure and pressure ratio on membrane area requirements were 

already addressed in detail in Section 3.5.3. Together, the results imply a trade-off 

between operating and capital cost of the membrane unit. This study focuses on 

energy consumption; as a result, the pressure ratio is not selected as a manipulated 

variable for optimisation in Section 5.8 and it investigated through parametric runs. 
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Figure 5.14 Effect of membrane pressure ratio, 𝑟  on specific power savings and 
membrane area (m2). 

As seen, when the pressure ratio is below 6 (𝑟 < 6), the area increases sharply 

while the power savings increase smoothly, suggesting it is not very likely that the 

benefits of low pressure ratio are more than offset the cost of membrane unit. Moreover, 

the membrane area requirements of parallel configuration are not high for the 

polymeric TMPC membrane used in this analysis. For example, 5000 m2 membrane 

area is required for 13.1 ton per day (13.7 kmol/h) high-purity argon production from 

CAC to reduce the specific power consumption by 5.7%. 

Such significantly lower membrane area requirement of the parallel configuration, 

compared to a standalone membrane process, is a resultant of the lower feed flow and 

stage cut requirements. In contrast to standalone membrane separation, a sharp split 

between oxygen and argon is not necessary since the final purification of the product is 

accomplished by the column. This eliminates the necessity of high stage cut operation 

in the membrane (𝜃 = 0.97 is required in a single-stage membrane unit), and hence 

reduces the membrane area requirements. 

Note that, the membrane areas here are calculated assuming that TMPC 

membrane can be fabricated with a skin thickness of 0.2 𝜇𝑚. The membrane area is 

proportional to the effective thickness of the membrane selective layer. In the original 

article of Haraya and Hwang (1992), the thickness of the TMPC membrane was given 

as 36  𝜇𝑚. However, polymeric membranes used in commercial applications nowadays 

have skin thicknesses varying from less than 0.1𝜇𝑚  to 0.5𝜇𝑚 . For example, the 

effective thickness of two commercial polymeric membranes used for O2–N2 separation, 
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PES and Ultem® 1000, are reported to be 0.53 𝜇𝑚 and 1.4 𝜇𝑚, respectively (Chen et 

al., 2017). Therefore, these results should be treated with care; the actual membrane 

area requirements will depend on the exact value of the membrane effective thickness. 

And, based on the currently achieved membrane thicknesses for commercial 

membranes as reported by (Baker, 2002), it can be said that it is likely that the actual 

membrane requirements could be smaller than the estimated values here. 

Another factor that affects power consumption is the number of compression stages. 

As known, there is a minimum of practically relevant compression stages that can be 

used to achieve an overall compression ratio in compressors (i.e., the ratio of 

compressor delivery pressure to suction pressure). Had the overall compression not 

been broken down into a number of stages, the discharge temperature would rise to 

unacceptably high levels that can lead to operation failure (Smith, 2005). 

The required horsepower reduces with increasing the number of compression 

stages; the interstage coolers reduce the volume of gas entering the next stage and 

thereby the required compression work. As seen in Figure 5.14, its increase leads to 

higher power savings (with a more pronounced increase at high pressure ratios). 

However, compressors become more costly when more compressor stages are 

installed. The right compressor choice for the given application provides a good 

balance between the cost and the benefit in term of energy consumption (Perez, 2017). 

Operational safety and reliability are two other important criteria in selecting a 

suitable compressor, especially for applications where high-purity O2 is compressed (as 

mentioned in Section 2.4) (Schmidt et al., 2001). It is recommended to select a 

conservative design pressure ratio limit (i.e. temperature limit) that can manage 

unexpected process conditions. The more compression stages installed, the smaller 

the discharge temperature and hence the higher the reliability. In this study, it is 

decided to use a four-stage compressor for pressure ratios above 8, assuming a 

conservative compression ratio (2 maximum). Clearly, this was not because of 

increased savings but rather because it provides better operational reliability. 

5.7.2.6 Effect of retentate and permeate temperatures  

As described in Section 5.3.1, in parallel hybrid flowsheets with polymeric 

membranes, a multistream heat exchanger is utilised to cool the permeate and 

retentate streams returning to the column against the cold membrane feed stream. 

Initially, it was decided to employ the MHEX because if the permeate and retentate are 

returned to the column at ambient temperature, the column condenser duty increases 

dramatically. However, as these streams are cooled against the cold side-draw 

entering the membrane feed compressor, the power demand of the compressor 
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increases due to higher compressor inlet temperature (side-draw leaves the MHEX 

close to ambient). These effects create a trade-off between required condenser duty 

and membrane feed compressor demand. Therefore, we investigated the effects of 

cold-end temperature approach in MHEX on the power demand of the membrane feed 

compressor and the power demand associated with the condenser. 

 

Figure 5.15 Power demand for membrane feed compressor and column condenser as 
a function of MHEX cold-end temperature approach. 

As indicated by the slopes of the lines in Figure 5.15 for 1 unit decrease in 

membrane feed compressor power demand, the power required for cooling in the 

condenser increases by 1.6 units, suggesting that the cold-end temperature approach 

should be kept as small as possible to minimise the overall power consumption. 

Because of this, the cold-end temperature approach in MHEX is kept constant at the 

practical minimum which is assumed as 3 °C (see Section 5.3.2) throughout this study. 

These results also confirm the benefits of using MHEX from the energy point of view in 

a hybrid configuration with polymeric membranes. Although not shown quantitatively, 

as extremely cold temperatures are involved in the process of interest, the capital cost 

is likely to be justified by the energy savings for large systems. 

Note that the same sensitivity analysis as those for polymeric membranes was 

performed for the parallel configuration with CMS membranes. The same trade-off 

between the power demand for column condenser and for membrane feed 

compression is also present for the CMS membranes. Similar trends are observed for 

the stage cut, membrane flow rate and the pressure ratio. Therefore, the results are not 

presented. Only sensitivity analysis results for the temperature dependency of 
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selectivity—a unique feature of CMS membranes—are presented in the following 

section. 

5.7.2.7 Membrane operating temperature 

As described in Section 2.3, the selectivity of CMS membranes is temperature 

dependent. Therefore, it is crucial to evaluate the effect of CMS operating temperature 

on power savings.  

The selectivity of CMS increases with decreasing temperature. However, as 

mentioned earlier in Section 5.6, no liquid is allowed in the membrane; the membrane 

should be operated above the dew point temperature of the membrane feed stream. 

This constraint limits the minimum operating temperature (i.e. the maximum selectivity) 

for the CMS membrane. For example, when 𝑟 = 10 (i.e. the feed pressure is 13 bar), 

the membrane requires temperatures above –140 °C to function. Therefore, the impact 

of operating temperature, ranging from –140 °C to –60 °C, on net power savings are 

investigated. For a given temperature, selectivity — shown in Figure 5.16(a) for 𝜃 = 0.6 

—is calculated from the data fit given in Figure 5.5(a). 

Figure 5.16 suggests that there is an optimal CMS membrane operating 

temperature. Clearly, this optimal temperature is the result of the trade-off between the 

power equivalent of column condenser duty and the total power consumption of the 

compressor and cooler associated with the membrane unit. For a fixed pressure ratio, 

the condenser duty is lowest when the membrane is operated at –140 °C. This is for 

the two following reasons: first the permeate and retentate streams returning to column 

are at a lower temperature (the column operates at about –183 °C), and second, the 

reflux ratio of the column decreases with increasing membrane selectivity (the 

influence of membrane selectivity is explored in Section 5.8.3). Yet, cooling demand of 

membrane cooler is increased with decreasing membrane operating temperature. 

Therefore an optimum balance between these two competing factors is required. 

For the conditions used here, Figure 5.16 (a) reveals a wide temperature optimum 

stable until around –90 °C and with maximum power savings at around –110 °C. 

Another interesting result is that, even in the absence of membrane feed cooling, the 

power savings with CMS membranes are substantial. As indicated by the black star 

sign in Figure 5.16(a), 20.4% power savings can be obtained when the membrane is 

operated at compressor outlet temperature, –62 °C. Moreover, as anticipated, the 

power savings obtained with low-temperature CMS membranes are considerably 

greater than that of ambient-temperature polymeric membranes. 
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Figure 5.16 Temperature dependency of (a) net power savings; (b) power equivalent 
of column condenser duty; (c) total shaft work consumption of membrane 
compressor and cooler. 

Moreover, in CMS flowsheet, the retentate and permeate streams, which are at a 

higher temperature than the column (–183 °C), are not cooled before entering the 

column. The results presented in Figure 5.16 justify this decision. Let’s assume that the 

membrane unit operates at –110 °C. If these streams are to be cooled to below –

110 °C, it would be best to cool the membrane feed rather than the permeate and 

retentate stream separately. This is because, the cooling requirement in both cases— 

cooling before or after the membrane unit—would be more or less the same in the both 

case as the membrane feed flow is equal to the sum of retentate and permeate flows, 

but the membrane selectivity is higher when the membrane feed is colder, which is 

energetically desired in hybrid configurations as later shown in Section 5.8.3. Overall, 

based on this qualitative assessment together with the results in Figure 5.16, it is 

concluded that the retentate and permeate streams should be returned to the column 

at optimum membrane operating temperature. That is, the coolers are not required.  
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5.7.2.8 Sensitivity analysis — conclusions  

The influence of several design variables in the parallel configuration is studied by 

sensitivity analysis. For fixed configuration, there is a trade-off between the power 

consumption of membrane feed compressor and the power consumption to generate 

the required cooling in the CAC condenser. The membrane feed flow rate and the 

stage cut are the two key parameters that control this trade-off. The power equivalent 

of the condenser duty is the greatest component in the overall power consumption and 

it decreases with increasing the stage cut and the feed flow rate of the membrane unit. 

On the other hand, membrane compression requirement is less significant but 

higher at high stage cuts and membrane feed flow rates. Clearly, these two parameters 

should be tuned to maximise the energy savings obtained by the hybrid process. The 

power cost associated with the column condenser is the dominant cost and therefore 

the highest savings corresponds to stage cut and feed flow rate pair that results in the 

lowest reflux ratio requirement in the column. 

Secondly, the results show that the overall power consumption of the process is 

highly sensitive to NMEM–FEED and NCACF. The overall power requirement is minimum 

when the membrane feed is withdrawn close to the column feed stage and the column 

feed is near the bottom of the column. In addition, the retentate feed stage (NRET) has a 

modest but significant impact on the total power demand. 

For CMS membranes, it has been shown that there is an optimum membrane 

operating temperature and hence an optimum selectivity that minimises the total power 

costs (the cost of electricity) of the parallel hybrid. Low pressure ratios yield higher 

energy savings but membrane area requirements increased significantly (especially 

when 𝑟 < 6) representing a trade-off between operating and investment costs. 

Next, optimisation is performed to fully capture the interactions between these 

critical design variables. The optimal values of operating conditions (i.e. membrane 

feed flow rate and stage cut) and optimal configuration (i.e. column feed, retentate and 

permeate stream feed stages and membrane feed side-draw stage) that maximise 

specific power savings are determined simultaneously. In addition, optimum CMS 

membrane operating temperature is determined. The impact of pressure ratio, on the 

other hand, is explored parametrically. 

5.8 Setting up the process optimisation 

Sensitivity analysis has shown that even a membrane with a quite low selectivity 

can bring notable power savings. Now, optimization is performed to identify the most 

promising process configurations and operating conditions for the membrane materials 
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of interest. The optimisation is necessary to capture the true potential of hybrid 

processes and to allow a fair comparison between alternative membrane materials and 

separation technologies. This study develops an effective optimisation procedure that 

uses the built-in SQP optimization algorithm in Aspen Plus. The modelling, simulation 

and optimisation framework can be seen in Figure 5.1. 

As demonstrated in the sensitivity analysis in Section 5.7.2.1, in the hybrid 

processes shown in Figure 5.3 and Figure 5.4  there are several design degrees of 

freedom affecting the overall power consumption, namely the transmembrane pressure 

ratio in the membrane (𝑟), the membrane feed flow rate (FMEM–FEED), membrane stage 

cut (𝜃), membrane selectivity (𝛼), column reflux ratio (RR) and the membrane operating 

temperature for the CMS membranes (TMem). 

Apart from the operating variables, there are four discrete variables, three of which 

relate to the position of the membrane along the column (i.e. the membrane feed 

withdrawal stage (NMEM–FEED) and feed stages of permeate (NPERM) and retentate (NRET) 

streams) while the other relates to the location column feed stage (NCACF). 

Given the energy-intensive nature of the process of interest, the primary focus on 

this study is on minimisation of net power required by hybrid processes per unit of 

argon. But the objective function is formulated to give the maximum specific power 

savings in order to allow simultaneous comparison of flowsheet alternatives with the 

traditional distillation-alone process. 

The constrained optimisation problem can be described as follows: 

 

where θ is the membrane stage cut (U and L superscripts correspond to upper and 

lower bounds, respectively), FMEM–FEED is the membrane feed molar flow rate, xPAR,O2 is 

the argon product oxygen impurity. The objective function, which can be calculated 
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using Eq. (5.3) together with Eq. (5.1) when polymeric membranes are used and with 

Eq. (5.2) when CMS membranes are used, are formulated in Fortran language within 

the optimisation tool in Aspen Plus. 

There are two optimisation methods available in Aspen Plus, Complex and SQP  

methods, however Complex method is not robust when it is used to solve flowsheets 

with recycle streams and it does not handle equality constraints, such as the distillate 

purity specification in the problem considered here (Aspen Plus, 2000). Therefore, in 

this study the SQP method is used. The SQP is a deterministic method that has been 

shown to be effective for optimisation of large-scale nonlinear optimisation problems 

and utilised in many process optimisation studies (Harvianto et al., 2017). The argon 

purity constraint is imposed as a design specification using Design Spec feature in 

RadFrac column model rather than as a constraint in Optimisation tool, where the 

reflux ratio is manipulated to fulfil the argon product specifications. 

The optimal process can only be identified through simultaneous consideration of 

both continuous and discrete design variables. However, none of the optimisation 

solvers available in Aspen Plus can handle discrete variables. In order to overcome this 

limitation, a hybrid approach that uses optimisation techniques together with parametric 

runs (i.e. parametric optimisation) is developed. Continuous variables are optimised by 

SQP algorithm and discrete variables by using parametric optimisation. 

However, parametric optimisation of discrete variables is a challenging task given 

the extensively large design space to be explored (i.e. for the four discrete variables 

considered in this problem, there are 1504 possible combinations for a column with 150 

stages). Yet, the search space for discrete variables can be narrowed considerably 

with the help of result from the sensitivity analysis. 

First of all, when the column feed is introduced at the bottom stage NCACF = 150, it 

is shown in Figure 5.10 that the highest power savings are obtained near the bottom; 

suggesting that the design space should be explored starting from the bottom stage for 

the membrane feed stage (i.e. NMEM–FEED =  150) then continuing to upwards (i.e. 

moving NMEM–FEED a stage above). Moreover, for the cases where NMEM–FEED is near 

NCACF, simulations showed that the permeate stream—even at low stage cuts—

contains more O2 than column feed stream and hence NPERM = 150. Secondly, for the 

cases where column feed is not introduced from the bottom, permeate stream should 

be returned to the column at the bottom to provide boil-up, NRET = 150. This constraint 

reduces the size of search space considerably. Moreover, sensitivity results (Figure 

5.13) shows that when 144 < NCACF < 149, the hybrid arrangement yields more power 

savings; this greatly reduces the design space for NCACF. Therefore, as in the search for 



220  

 

optimal NMEM–FEED, the search for optimum NCACF is carried out starting from the bottom 

stage NCACF = NBOTTOM. 

And thirdly, simulations revealed that, for an arbitrarily chosen retentate return 

stage, when kept constant in all simulations, the optimum NMEM–FEED can be found even 

the retentate composition does not match the stage composition. This also allows the 

use of sensitivity tool in Aspen Plus along with the SQP optimiser, which reduces the 

time and the number of simulations to find the optimum NMEM–FEED. The cut and FMEM–

FEED is optimised by SQP for each specified NMEM–FEED in the sensitivity tool. After 

finding the optimal NMEM–FEED, the retentate return stage is optimised to generate the 

best-performing flowsheet structure. With the help of these insights an optimisation 

procedure that allows quick identification of optimal process structure and conditions 

using process simulations in Aspen Plus is developed. 

 

 

Figure 5.17 The optimisation procedure for finding the optimum decision variables for 
the fixed column feed stage (NCACF) for the hybrid flowsheets shown in 
Figure 5.3 and Figure 5.4. 

Yes

Start from NMEM-FEED = NBOTTOM and fix NRET and NPERM

If the energy savings are higher than previous stage

SN-1 > SN (S: energy savings) move the membrane side-draw one 

stage above (NMEM-FEED = NMEM-FEED –1 )

Update NRET and NPERM with the results from previous 

run and run the optimisation until the stage and

retentate and permeate compositions match

Display the NMEM-FEED, NRET and NPERM, 

Smax, θ and FMEM-FEED

Find optimum membrane stage cut (θ) and membrane feed flow rate 

(FMEM-FEED) with SQP optimiser

If NMEM-FEED = NBOTTOM then move the membrane side-draw one 

stage above (NMEM-FEED = NMEM-FEED –1 )

No

Yes

Yes

No

Check if retentate and permeate composition matches with stage 

composition  

No



 

 

221 

 

The optimization procedure, a schematic representation of which can be seen in 

Figure 5.17, is as follows. First, introduce the column feed from the bottom stage, i.e. 

NCACF = 150. Place the membrane to bottom stage of the column, NMEM–FEED = NBOTTOM 

= 150 and then specify the NRET and NPERM. NRET should be introduced to the column 

from above NMEM–FEED as explained earlier whereas NPERM below NMEM–FEED. When 

NMEM–FEED is the bottom stage, permeate can only be introduced from the bottom stage, 

so NPERM = 150. Then, evaluate the objective function using SQP to find optimum 𝜃 and 

FMEM–FEED. After that, move the membrane feed stage a stage above, i.e. NMEM–FEED = 

NMEM–FEED – 1 and keeping NRET and NPERM the same, repeat the optimisation and 

calculate specific power savings. Repeat this procedure until savings when at NMEM–

FEED = NMEM–FEED is lower than those at NMEM–FEED = NMEM–FEED + 1. If this criterion is met, 

then check whether retentate composition matches the internal vapour composition at 

NRET. If not update NRET using the results from the previous run and run the optimisation 

until the retentate composition matches the composition at NRET. 

This is the procedure for fixed NCACF. In order to identify the optimal NCACF, this 

procedure is repeated starting from NCACF = 150 and moving from NCACF to NCACF – 1 

until power savings when NCACF =  NCACF + 1 is greater than NCACF =  NCACF. The 

optimisation can be completed in a reasonable amount of time by the above procedure.     

The bounds and initial points for continuous variables, stage cut and membrane feed 

flow rate, are defined based on the results from sensitivity analysis. 

After building the model and setting up the optimisation, a simulation workbook is 

created in Microsoft Excel using Aspen Simulation Workbook tool. This tool allows 

users to create a convenient, user-friendly Excel interface for complex simulation 

flowsheets with a large number of variables (Aspen Plus, 2014). This tool is particularly 

useful for this study for the following reasons. It is possible to vary discrete variables 

and run the process simulation through Excel interface without using Aspen Plus 

graphical interface. The simulation results can be accessed through Excel. Most 

importantly, multiple scenarios can be run automatically without user interruption. This 

provides a convenient way to assess discrete variables, such as NCACF and NMEM–FEED in 

the above procedure. Moreover, as it is possible to access the column composition 

profile through Excel, and hence optimal NRET that matches retentate composition can 

be easily found. 

Next, for given membrane type and pressure ratio, the optimisation procedure is 

successfully applied to determine optimal process configuration and the optimum 

corresponding operating conditions for polymeric and carbon molecular sieve 

membranes. 
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5.8.1 Optimisation — results and discussion 

In this section, optimisation results for parallel hybrid configuration with polymeric 

membranes and CMS membranes are presented separately and then a comparison 

between the membrane types follows. Moreover, the range of applicability of the results 

is tested through sensitivity analysis. The crude argon column feed composition, 

temperature and pressure and argon product specifications are kept as in the 

sensitivity analysis. The optimisation is aimed at determining the optimum configuration 

when the total no of stages in the column is kept constant. 

5.8.2 Optimum membrane location 

The methodology described in Section 5.8 is applied to optimise the flowsheet in in 

Figure 5.3 when a polymeric membrane with a selectivity of 2.5 is used. The pressure 

ratio is assumed as 𝑟 =10. Figure 5.18(a) shows the maximum % specific power 

savings obtained when 140 ≤ NMEM–FEED ≤ 150 and the column feed is introduced from 

the bottom stage (i.e. NCACF = 150). The specific power savings reach a maximum of 

6% at NMEM–FEED
OPT = 148. When NCACF is also optimised, as seen in Figure 5.18(b), the 

maximum % specific power savings doubles to 12% when NCACF
OPT = 148 and NMEM–

FEED
OPT = 147. 

 

Figure 5.18 Effect of (a) NMEM–FEED on % specific power savings (bars) and optimal 
retentate return stage (line) for fixed NCACF; (b) NCACF on % specific power 
savings (bars) and optimal NMEM–FEED (line).  

The savings are the greatest when the membrane unit is placed close to the feed 

stage. The same conclusion has been found by other authors for hybrid membrane–

distillation processes for close boiling mixtures (Pettersen et al., 1996; Kookos, 2003; 

Caballero et al., 2009). 
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Detailed results for optimal process structure for both cases considered; Case a: 

NCACF = 150 and Case b: NCACF = NCACF
OPT are presented in Table 5.4. First of all, 

compared to standalone distillation, a significant decrease is observed in reflux ratio by 

coupling the column with a membrane unit; the decrease in reflux requirements for 

Case a and Case b are 20% and 25%, respectively. 

Table 5.4 Optimisation results for parallel configuration with polymeric membranes 

(𝛼 = 2.5). 

 

As mentioned earlier in Section 4.3.8, such decrease in the reflux ratio of CAC—as 

CAC is a rectifier—results in an increased argon product flow, if the column feed flow 

rate is unchanged. Therefore, the results in Table 5.4 are normalised for the same 

argon product flow as standalone distillation (FAR =  13.7 kmol/h) by reducing the 

column feed flow rate. In accordance with the reduction in the reflux ratio, 20% and 

25% less column feed are needed to be separated for Case a and Case b, for an 

equivalent argon product flow as the standalone column. This is because the hybrid 

configurations have a higher overall argon recovery than CAC; % argon recovery for 

Cases a and b are 38% and 41%, respectively as oppose to 31% of CAC alone. When 

looking at the power requirements associated with the distillation and membrane units, 

  Standalone Parallel configuration 

 
  Case a Case b 

Same argon product flow as standalone distillation   

Argon flow (kmol/h), FAR 13.7 13.7 13.7 
% Argon recovery from CAC, 𝛾Ar 30.7 38.4 41.0 
Reflux ratio, RR 33.0 26.3 24.6 
Relative column feed flow rate

a
 1 0.80 0.75 

    
Condenser duty (kW) 800 637 596 
Power equivalent of condenser duty (kW), WCond 2286 1820 1703 
Compressor shaft power (kW), WComp  362 339 
Expander power output (kW), WExp  34 32 
Membrane area (m

2
) 

 
4300 4073 

    Optimised variables       

Stage cut (θ) 
 

0.73 0.73 
FMEM–FEED/FCACF

b
 

 
0.43 0.43 

    Feed and side-draw stages 
   NCACF 150 150 148 

NMEM–FEED 
 

148 147 
NRET 

 
136 138 

 NPERM 
 

150 150 

    O2 mole fraction   
  Membrane feed  

 
0.91 0.90 

Permeate 
 

0.94 0.94 
Retentate   0.82 0.79 

 
 

  Specific power savings (%)   5.99% 12.04% 
a
Column feed flow rate relative to standalone distillation. The standalone column feed flow rate 

is 446 kmol/hr. 
b
FCACF is the feed flow rate of CAC in the hybrid process. 
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it is clear that the condenser cooling cost is the dominant cost, accounting for about 

85% of total power cost for Case a and b. 

The optimum stage cut and membrane feed flow rate (given as relative to column 

feed flow rate in Table 5.4) are the same for Case a and b. Optimal operating 

conditions are consistent with the sensitivity analysis results where highest power 

savings are shown to be achieved when 0.6 < 𝜃 < 0.8 and 0.3FCACF < FMEM–FEED < 

0.5FCACF. The permeate stream is returned to the bottom stage, NPERM = 150. The area 

requirement is higher as the feed flow to the column in Case a is 5% higher than Case 

b. However, the area requirements are not too high; 4073 m2 is a large membrane area 

but not extremely large. Note that membrane areas are calculated for TMPC 

membrane — which has 𝛼 = 2.43 and 3.98 barrer permeability. The membrane area 

requirements for PPO membrane—the second best polymeric membrane in terms of 

selectivity (𝛼 = 2.27) and permeability (11.4 barrer) (Table 2.2)— are 1501 m2 and 

1422 m2 for Case a and b, respectively. 

The impact of column feed stage (NCACF) on the performance of the hybrid process 

can be better understood from Table 5.5. The highest reduction in reflux ratio and 

hence in condenser duty compared to standalone distillation is observed for the optimal 

configuration (i.e. NMEM–FEED = 147 and NCACF = 148). Likewise, the increase in argon 

recovery is highest. 

As explained in Section 3.5, the split achieved in the membrane depends on 

several factors. To quantify the degree of separation in the membrane in each case 

presented in Table 5.5, membrane separation factor (SF) is calculated (see Section 

3.5.4 for detailed information on separation factor). Separation factors are quite similar 

for all the cases, showing a slight decrease from NCACF = 142 to NCACF = 149. As 

indicated by low separation factors (also can be seen from the retentate and permeate 

stream compositions in Table 5.5), membrane performs a bulk separation between 

oxygen and argon. The separation factor, and hence the split between retentate and 

permeate stream could be enhanced by increasing the stage cut. Although this would 

be desirable for the membrane operation, optimal results here suggest that a sharp 

split is not desirable in the hybrid configuration from an energy benefit point of view. 

The obvious conclusion drawn here is that, in hybrid arrangement even the 

membrane unit performs very little separation, as long as it is operated in a 

composition region where distillation is constrained due to low driving forces, the 

separation efficiency can be enhanced considerably. The implications of tight vapour-

liquid equilibrium in CAC are discussed earlier in Section 4.3.8.  
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Table 5.5 Optimisation results for parallel configuration with polymeric membranes 

(𝛼 = 2.5) for different NCACF. 

 

As shown by McCabe–Thiele diagram in Figure 5.19, it is not possible to vary the 

L/V ratio (or reflux ratio) due to tight equilibrium and there is a pinch point near the feed 

stage of the column. When the column is coupled with the membrane, this pinch point 

moves upward in the equilibrium line as a stripping section below the feed stage is 

formed; the permeate stream provides the required boil-up in the stripping section. This 

moves the operating line closer to the equilibrium line, yielding a more efficient 

separation from an energetic point of view. That is, the reflux ratio of the column 

reduces and argon recovery from the column increases. 

  

  Standalone Parallel configuration 

NCACF   142 144 146 148 149 

Same argon product flow as standalone distillation         

Argon flow (kmol/h), FAR 13.7 13.7 13.7 13.7 13.7 13.7 

% Argon recovery from CAC, 𝛾Ar 30.7 39.1 39.9 40.7 41.0 40.8 

Reflux ratio, RR 33 25.9 25.3 24.8 24.6 24.7 

Relative column feed flow rate
a
 1 0.786 0.770 0.755 0.748 0.752 

       Condenser duty (kW), QCond 800 635 622 609 604 607 

Compressor shaft power (kW), WComp 341 334 335 339 349 

Expander power output (kW), WExp 28 28 28 32 33 

Membrane area (m
2
)   4264 4227 4186 4073 4178 

       Optimised variables             

Stage cut (𝜃) 
 

0.76 0.76 0.76 0.73 0.73 

FMEM–FEED/FCACF
b
 

 
0.41 0.41 0.42 0.43 0.44 

       Feed and side-draw stages 
   

   NCACF 150 142 144 146 148 149 

NMEM–FEED 

 
142 144 146 147 148 

NRET 

 
135 136 146 138 138 

NPERM 

 
150 150 150 150 150 

       O2 mole fraction 
   

   Membrane feed  
 

0.894 0.896 0.897 0.897 0.900 

Permeate 
 

0.932 0.933 0.934 0.935 0.937 

Retentate 
 

0.775 0.778 0.780 0.793 0.799 

Separation Factor (SF)   3.970 3.968 3.966 3.768 3.763 

       Specific power savings (%)   7.96% 9.90% 11.40% 12.04% 11.24% 
a
Column feed flow rate relative to standalone distillation. The standalone column feed flow rate 

is 446 kmol/hr. 
b
FCACF is the feed flow rate of CAC in the hybrid process. 
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Figure 5.19 (a) McCabe–Thiele plot for CAC of parallel hybrid configuration and 
standalone CAC (b) detailed view of the bottom section of McCabe–
Thiele plot shown in (a) (The hybrid results are for the Case presented in 

Table 5.5 when NCACF = 148) 
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5.8.3 Polymeric membranes — effect of membrane selectivity 

Next, the effect of selectivity on the performance of parallel hybrid configurations is 

investigated for hypothetical ambient-temperature membranes with selectivities, 5, 10 

and 20. Polymeric membranes with similar properties can be found in the literature; for 

instance, cellulose nitrate, shown in Table 2.2, has O2/Ar selectivity around 18. 

Moreover, there are novel carbon- or zeolite-based materials with selectivities ranging 

between 2 to 7. 

Figure 5.20 shows the specific power savings of the hybrid configuration as a 

function of membrane selectivity. The power savings increase almost three-fold when 

doubling the selectivity from 2.5 to 5. Yet, for 𝛼 > 5, savings increase at a decreasing 

rate. Accordingly, the recovery rate shows a sharp increase from standalone distillation 

to hybrid configuration for 2.5 selectivity, but then continues to increase, although at a 

decreasing rate. 

 

Figure 5.20 Effect of membrane selectivity on (a) % specific power savings; (b) argon 
recovery from CAC of hybrid flowsheet compared to distillation alone 
process. 

The optimum column feed location does not change as the selectivity increases 

(NCACF
OPT = 148) and the optimum membrane feed side-draw location is the same for 

selectivity 5 and selectivity 2.5 (NMEM–FEED
OPT = 148), but it moves one stage up for 

selectivities 10 and 20, as shown in Table 5.6. 

With increasing selectivity, the split in the membrane becomes sharper, i.e. 

permeate is richer in oxygen and retentate is richer in argon. These trends have 

competing effects on the performance of the hybrid process. The condenser duty 

decreases with increased argon mole fraction in the retentate. Conversely, as the 

permeate is returned to the bottom of the column, the oxygen content of the membrane 

feed is lower when a highly selective membrane is used, but an oxygen-lean feed 

reduces the separation factor of the membrane. It was shown in Section 3.5 that apart 
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from membrane selectivity, separation factor also depends on the feed composition 

and the higher the oxygen content of the feed, the higher the separation factor. Note 

that, the impact of lower O2 content of the feed on separation factor cannot be seen 

from the values listed in Table 5.6 because the selectivity is different in each case. 

Moreover, although a high selectivity enhances the separation in the membrane, it also 

results in lower driving forces across the membrane for oxygen permeation compared 

to a low selectivity (see Section 3.5.2). Owing to the combined effects of unfavourable 

feed composition and low driving forces, the savings increase at a diminishing rate. 

Table 5.6 Optimisation results for parallel configuration with polymeric membranes for 
selectivities ranging between 2.5 to 20.  

 

When looking at the membrane materials in Table 2.2, the majority of polymeric 

materials show selectivities lower than 2. An exception is the cellulose nitrate 

membrane with O2/Ar selectivity around 18. Therefore, the corresponding membrane 

areas are only calculated for selectivities 2.5 and 20 using the reported permeability of 

TMPC (for selectivity 2.5) and cellulose nitrate (for selectivity 20) membranes. As 

expected, the membrane area of a highly-selective membrane is considerably larger 

than that of the membrane with low selectivity. As explained in Section 2.6.1.2, this is a 

  Standalone Parallel configuration 

Selectivity (𝜶)   2.5 5 10 20 

Same argon product flow as standalone distillation       

Argon flow (kmol/h), FAR 13.7 13.7 13.7 13.7 13.7 

% Argon recovery from CAC, 𝛾Ar 30.7 41.0 44.9 47.2 50.2 

Reflux ratio, RR 33 24.6 22.4 21.2 19.9 

Relative column feed flow rate
a
 1 0.75 0.68 0.65 0.61 

      Condenser duty (kW), QCond 800 596 542 514 482 

Compressor shaft power (kW), WComp 339 283 257 269 

Expander power output (kW), WExp 
 

32 18 14 10 

Membrane area (m
2
) 

 
4073 — — 11959 

      Optimised variables           

Stage cut (𝜃) 
 

0.73 0.81 0.84 0.88 
FMEM–FEED/FCACF

b
 

 
0.43 0.39 0.37 0.41 

      Feed and side-draw stages 
     NCACF 150 148 148 148 148 

NMEM–FEED 

 
147 147 146 146 

NRET 

 
138 138 136 129 

 NPERM 

 
150 150 150 150 

      O2 mole fraction 
   

  Membrane feed  
 

0.90 0.89 0.87 0.86 

Permeate 
 

0.94 0.95 0.96 0.96 

Retentate 
 

0.79 0.63 0.41 0.13 

Separation Factor (SF)   4 11 35 183 

      Specific power savings (%)   12.0% 20.7% 25.1% 28.4% 
a
Column feed flow rate relative to standalone distillation. The standalone column feed flow rate is 446 

kmol/hr. 
b
FCACF is the feed flow rate of CAC in the hybrid process 
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result of a well-known trade-off between the selectivity and permeability for polymeric 

materials. For example, if PPO membrane which has a slightly lower selectivity but two 

times higher permeability than TMPC—PPO and TMPC have selectivities of 2.28 and 

2.43 and permeabilities of 3.98 and 11.4 barrer, respectively—is used, the membrane 

requirement of the hybrid would be 1422 m2, eight times smaller than that of highly 

selective cellulose nitrate. The maximum specific power savings for PPO (𝛼 = 2.28) is 

also found as 10%, with 2% less savings compared to 𝛼 = 2.5. 

The diminishing returns in energy savings with increasing selectivity and the 

selectivity–permeability trade-off suggest that a polymeric membrane with a moderate 

selectivity (i.e. selectivities around 5 to 10) could be a promising candidate for the 

hybrid process considered here. Yet, of course, a full cost analysis accounting 

membrane capital cost the power cost is required as membrane cost may vary for 

different materials. 

Table 2.2 also lists other promising non-polymer based novel materials that can be 

operated at ambient temperature. Some of these materials, particularly carbon-based 

and mixed matrix membranes, have quite promising properties. For example, carbon-

based Cello550 has O2/Ar selectivity of 6.5 and 4.4 barrer permeability. Moreover, the 

selectivity of temperature-dependent CMS membrane, which will be considered next 

for low-temperature operation, is 5.5 when operated at 28 °C, implying that CMS 

membrane has a great potential for use in the hybrid process even when it is operated 

near ambient temperature. Furthermore, due to the exceptionally high permeability of 

CMS membrane, the area requirements are appreciably lower than that of polymeric 

materials. For example, 450 m2 effective area is required for CMS membrane as 

opposed to 1422 m2 when PPO, a highly permeable polymeric material, is used. 

5.8.4 Carbon molecular sieves — effect of membrane temperature 

In the sensitivity analysis, the low-temperature CMS membranes are shown to offer 

even superior performance compared to ambient-temperature membranes. The same 

methodology used for polymeric membranes is applied for optimisation of hybrid 

flowsheet with CMS membranes (Figure 5.4). As shown in Section 5.7.2.7, the 

operating temperature of the CMS membrane is an important factor affecting the 

performance of the hybrid process. The influence of membrane temperature (TMem) on 

the objective function is investigated parametrically, that is optimisation performed to 

find the optimum conditions and configuration for fixed TMem. 

The maximum % power savings with CMS membranes as a function of membrane 

operating temperature can be seen in Table 5.7 for 𝑟  = 10. Similarly to polymeric 

membranes, the highest savings are realised when the membrane feed and the column 
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feed is near the bottom stage. The results show that there is an optimum membrane 

operating temperature, i.e. selectivity, for the CMS membrane. However, similarly to 

the results presented in sensitivity analysis for fixed NCACF = 150, the objective function 

shows little sensitivity to operating temperature between –90 °C to –120 °C and the 

decrease in % savings outside this temperature range is small. The maximum savings 

(32.4% compared to standalone distillation) is achieved when the membrane is 

operated at –110 °C (𝛼 =19.9) and the membrane feed side-draw is taken from 

NMEMFEED =  146 and the column feed is at NCACF =  147. The optimum cut and 

membrane feed flow rate are 𝜃 = 0.91 and FMEM–FEED = 0.65FCACF, respectively. 

Table 5.7 Optimisation results for CMS membrane for operating temperatures ranging 
between –60 °C and –130 °C. 

 

As seen from Table 5.7, as the operating temperature of the membrane decreases, 

the condenser duty of the column decreases (because permeate and retentate streams 

returned to the column are at a lower temperature, i.e. the membrane operating 

temperature) but the cooling duty of the cooler increases and the temperature at which 

cooling required decreases. Moreover, decreasing membrane feed temperature 

  Parallel configuration 

Membrane operating temperature, TMem –60 –90 –100 –110 –120 –130 

Same argon product flow as standalone distillation         

Argon flow (kmol/h), FAR 13.7 13.7 13.7 13.7 13.7 13.7 

% Argon recovery from CAC, 𝛾Ar 63 62 62 61 61 60 

Reflux ratio, RR 20.8 20.0 19.7 19.3 19.0 18.8 

Relative column feed flow rate
a
 0.49 0.49 0.50 0.50 0.50 0.51 

       Condenser duty (kW) 504 483 476 468 461 456 

Power equ. of condenser duty(kW), WCond 1440 1381 1360 1337 1317 1302 

Compressor shaft power (kW), WComp 135 141 142 145 144 140 

Power equivalent of cooler duty(kW), WCool 0.0 29 44 64 88 114 

Selectivity 11.5 15.7 17.6 19.9 22.7 26.1 

Membrane area (m
2
)  789 1079 1205 1419 1613 1814 

       Optimised variables             

Stage cut (𝜃) 0.88 0.90 0.90 0.91 0.91 0.91 
FMEM–FEED/FCACF

b
 0.62 0.64 0.64 0.65 0.64 0.61 

       Feed and side-draw stages 

      NCACF 147 147 147 147 147 147 

NMEM–FEED 146 146 146 146 146 146 

NRET 134 129 127 123 121 118 

NPERM 150 150 150 150 150 150 

       O2 mole fraction 
      Membrane feed  0.882 0.877 0.874 0.878 0.876 0.876 

Permeate 0.962 0.960 0.960 0.958 0.958 0.959 

Retentate 0.291 0.128 0.102 0.060 0.045 0.035 

Separation Factor (SF) 62 164 213 364 488 651 

       Specific power savings (%) 31.1% 32.2% 32.3% 32.4% 32.3% 31.9% 
a
Column feed flow rate relative to standalone distillation. The standalone column feed flow rate 

is 446 kmol/hr. 
b
FCACF is the feed flow rate of CAC in the hybrid process. 
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increases the selectivity but similarly to the results obtained for polymeric membranes, 

an increase in selectivity does not cause a proportional increase in attained specific 

power savings. Together these effects result in an optimum operating temperature, 

where % the specific power savings is the highest. 

Nonetheless, in contrast to polymeric membranes, argon recovery from the process 

increases towards the high-end of the temperature range (i.e. increases with 

decreasing selectivity). As a result, less column feed is needed in CAC compared to 

when membrane operated at a lower temperature. Moreover, as the permeability is 

directly proportional to membrane temperature, the membrane area requirements are 

smaller at high TMem’s. For example, area requirement is 350 m
2 lower at –90 °C 

compared to optimum temperature (–110 °C) but % savings are only 0.2% lower than 

the maximum possible power savings. Based on this trend, it can be concluded that it 

could be more beneficial to operate the membrane at a higher temperature than the 

energetically optimum temperature high (TMEM
OPT), as membrane areas can be 

noticeably decreased while maintaining almost identical savings. In fact, the membrane 

feed cooler can even be eliminated, reducing the capital cost and the complexity of the 

process. The minimum temperature investigated in Table 5.7 (–60 °C) corresponds to 

operation when the membrane is operated at compressor outlet temperature; as seen 

when TMem = –60 °C, the membrane area requirement decreases to half of that for 

TMem
OPT while power savings are almost unchanged (0.8% decrease). 

5.8.5 Comparison of membrane types 

Lastly, the performance of parallel hybrid configurations with PM and CMS 

membranes are compared. As shown in Figure 5.21(a) the highest % specific power 

savings is obtained when the CMS membrane is coupled with the cryogenic crude 

argon distillation column of ASU. The increase in the savings when comparing 

commercially available polymeric materials with carbon molecular sieves is striking 

(savings increase to 32% from 12%). 

Interestingly, a polymeric membrane (or any ambient-temperature membrane 

material) of similar selectivity as CMS (𝛼 = 19.9), if available, would yield quite high % 

power savings, only 4% lower than low-temperature CMS membrane. The reason why 

a membrane of the same selectivity when operated at temperatures lower than ambient 

temperature is more energetically favourable is apparent: less work is consumed for 

compression at lower temperatures. In CMS flowsheet, the compressor feed is near 

column temperature whereas in PM flowsheet, it is near ambient temperature due to 

heat recovery between column-feed and warm membrane product streams in MHEX. 

Considerably lower compression power demand of CMS compared to polymeric 
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membranes can be seen in Table 5.8. As expected, the highest reduction in column 

condenser duty (and hence WCond) and the reflux ratio are observed for CMS 

membranes. 

 

Figure 5.21 Comparison of membrane types: (a) % specific savings; (b) power 
equivalent of condenser cooling duty (WCond). 

In all cases, the hybrid configuration has a higher argon recovery rate compared to 

standalone distillation. For example, recovery from the column increases from 30% 

(standalone distillation) to 60% and 41% when CMS with 𝛼 = 19.9 and a commercially 

available polymeric membrane with 𝛼 = 2.5 are used in hybrid, respectively. As a result 

of that, for the same argon production rate, significantly less column feed flow is 

required (e.g. 50% less when CMS is used). This implies that for a new design of 

hybrid process, a smaller diameter column is needed; that is, besides considerable 

energy savings, capital cost savings for argon column can be realised. 

Moreover, the hybrid flowsheet with CMS membranes requires less equipment and 

is less complex than that with polymeric membranes. Apart from the compressor and 

the membrane unit, a multi-stream heat exchanger and an expander are required in 

PM flowsheet whereas, in CMS flowsheet, the cooler (with a smaller cooling capacity 

than MHEX in PM flowsheet) is the only additional equipment required. In fact, as 

shown in Section 5.8.4, even only a compressor and CMS membrane unit are used; 

the maximum % savings are 31%, which is 96% of the maximum possible power 

saving with CMS membranes. 

The compressors and the membrane unit (for the CMS membrane) are the highest 

capital cost items in the hybrid flowsheets. It should be mentioned here that, as 

explained in Section 2.4, compression of oxygen-rich streams (as in the case for 

optimal hybrid configuration) requires expensive materials of construction such as 

stainless steel. Therefore, the cost of compressors in hybrid settings expected to be 
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higher than standard air compression equipment. However, the capacity of membrane 

feed compressors (for both PM and CMS hybrid configurations) are significantly lower 

than that of MAC as can be understood from the relative rates of air feed to ASU to 

FMEM. For example, for the results presented in Table 5.8, membrane feed flow rate 

corresponds to 7% and 6% of the air feed to ASU for the polymeric membrane (𝛼 =

 2.5) and CMS membrane, respectively. Moreover, the electricity generated by the 

expander in ASU can be used to drive the membrane feed compressors as in 

compander arrangement (Section 2.4) used in conventional ASUs to reduce the power 

requirement and the compression capacity needed. 

Table 5.8 Comparison of membrane types and selectivities. 

              

Lastly, the effective membrane area required by all hybrid configurations can be 

compared. For PM, membrane areas for selectivities of 2.5 and 20 are calculated using 

reported permeabilities of TMPC and cellulose nitrate membranes as before. The CMS 

membrane area is calculated using the experimental permeance data in Figure 5.5. As 

  Parallel configuration 

Membrane type Polymeric CMS 

Selectivity (𝛼) 2.5 5 10 20 19.9 

Same argon product flow as standalone distillation         

Argon flow (kmol/h), FAR 13.7 13.7 13.7 13.7 13.7 

% Argon recovery from CAC, 𝛾Ar 41.0 44.9 47.2 50.2 61 

Reflux ratio, RR 24.6 22.4 21.2 19.9 19.3 

Relative column feed flow rate
a
 0.75 0.68 0.65 0.61 0.50 

      Condenser duty (kW) 596 542 514 482 468 

Power equivalent of condenser duty(kW), WCond 1702 1547 1469 1378 1337 

Compressor shaft power (kW), WComp 339 283 257 269 145 

Expander power output (kW), WExp 32 18 14 10 
 Power equivalent of cooler duty(kW), WCool 

    
64 

Membrane operating temperature, TMEM 30 30 30 30 –110 

Membrane area (m
2
)  4073 — — 11959 1419 

      Optimised variables           

Stage cut (𝜃) 0.73 0.81 0.84 0.88 0.91 
FMEM–FEED/FCACF

b
 0.43 0.39 0.37 0.41 0.65 

      Feed and side-draw stages 
     NCACF 148 148 148 148 147 

NMEM–FEED 147 147 146 146 146 

NRET 138 138 136 129 123 

 NPERM 150 150 150 150 150 

      
O2 mole fraction      

Membrane feed  0.90 0.89 0.87 0.86 0.88 

Permeate 0.94 0.95 0.96 0.96 0.96 

Retentate 0.79 0.63 0.41 0.13 0.06 

Separation Factor (SF) 4 11 35 183 364 

      
Specific power savings (%) 12.0% 20.7% 25.1% 28.4% 32.4% 
a
Column feed flow rate relative to standalone distillation. The standalone column feed flow rate 

is 446 kmol/hr. 
b
FCACF is the feed flow rate of CAC in the hybrid process. 
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shown in Table 5.8, the membrane area required for CMS hybrid configuration is less 

than one-third of the membrane area required for PM with the selectivity of 2.5. If 

highly-permeable PPO membrane is used instead of TMPC the membrane area 

requirement would be 1376 m2 against 1419 m2 of CMS membranes. 

The reasons for this significant difference are: firstly, the permeance of CMS 

membrane (117 GPU at –110 °C) is considerably higher than that of polymeric 

membranes (20 GPU for TMPC and 57 GPU for PPO) and secondly, the feed flow rate 

to the membrane is similar in both cases. For example, for 𝛼 = 2.5 (PM) and 𝛼 = 19.9 

(CMS) the membrane feed flow rates are 144 kmol/h and 145 kmol/h, respectively (for 

the same product throughput as distillation alone, 13.7 kmol/h). Although optimal FMEM–

FEED to FCACF ratio is higher for CMS membranes (0.45 for PM and 0.65 for CMS in 

Table 5.8), as less column feed is required for CMS due to higher overall Ar recovery, 

the membrane feed flowrate reduces proportionally. 

Another benefit which is overlooked in earlier results deliberately so as not to 

confuse the reader is that, as hybrid configurations always have higher argon recovery 

than the standalone distillation, argon throughput from the ASU can be increased if 

desired. Table 5.9 presents the optimum results when the overall argon recovery of 

ASU increased from 70% to 80% by coupling the CAC with a membrane in parallel.  

Table 5.9 Comparison of parallel hybrid flowsheets (with polymeric and CMS 
membranes) with distillation alone process when the hybrid process has 
10% higher overall argon recovery. 

 

The feed flow to CAC, the condenser duty and compression demand increase 

proportionally with the increase of argon production (can be seen by comparing Table 

 
Standalone Parallel Configuration 

Membrane type 
 

Polymeric CMS 

Selectivity (𝛼)  2.5 5 10 20 19.9 

10% increase in overall Ar recovery from ASU
a
 

  
 

 
 

Argon flow (kmol/h), FAR 13.7 15.65 15.65 15.65 15.65 15.65 

% Argon recovery from CAC, 𝛾Ar 30.7 41.0 44.9 47.2 50.2 61.5 

Reflux ratio, RR 33 24.6 22.4 21.2 19.9 19.3 

Relative column feed flow rate
b
 1 0.86 0.78 0.74 0.70 0.57 

 
      

Condenser duty (kW) 800 681 619 587 551 535 

Power equ. of condenser duty(kW), WCond 2286 1945 1768 1678 1575 1528 

Compressor shaft power (kW), WComp  387 324 293 307 166 

Expander power output (kW), WExp  36 21 16 12 — 
Power equivalent of cooler duty (kW), 
WCool 

 — — — — 73 

Membrane operating temperature, TMEM  30 30 30 30 –110 

Membrane area (m
2
)   4655 — — 1366

5 
1622 

TOTAL POWER DEMAND (kW) 2286 2296 2071 1956 1870 1766 
       

Specific power savings (%)/kmol  12.0
% 

20.7
% 

25.1
% 

28.4
% 

32.4
% a

Assuming the overall Ar recovery from ASU (standalone distillation) is 70%.
 b

Column feed flow rate 
relative to standalone distillation. The standalone column feed flow rate is 446 kmol/hr. 
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5.9 and Table 5.8). As seen in Table 5.9, for all the membrane selectivities, the total 

condenser duty and the feed flow rate to the CAC are lower than standalone distillation. 

This implies that further increase in argon recovery could be possible, which is later 

discussed in more depth in Section 5.9.7. 

Moreover, the hybrid configurations, except when polymeric membrane with 𝛼 = 

2.5 is used, produce 10% more argon at a lower total power consumption than 

standalone distillation. The membrane area requirements increase only by 15% and 

14% for commercial polymeric membrane (𝛼 = 2.5) and CMS membrane operating at –

110 °C (𝛼 = 19.9), respectively. 

5.8.6 Sensitivity of results to the cooling-to-power ratio 

Due to the decoupling of the crude argon column from ASU, this work uses a 

cooling-to-power ratio to calculate the power equivalent of CAC condenser duty that is 

originally provided by the MAC compressing the feed air. The reliability of this 

assumption could not be evaluated. Therefore, following the optimisation, we 

performed a sensitivity analysis to evaluate the range of applicability of the results 

presented in this chapter. The optimum operating conditions and flowsheet structure for 

a polymeric membrane (𝛼 = 2.5) and CMS membrane operating at –60 °C (𝛼 = 11.4) 

are found applying the same optimisation methodology but this time using 0.45 and 

0.55 cooling-to-power ratio instead of 0.35. Figure 5.22 shows how the attained % 

power savings depends on the cooling-to-power ratio for the hybrid flowsheets with 

polymeric and CMS membranes. 

 

Figure 5.22 The effect of assumed cooling-to-power ratio on maximum % power 
savings attained by hybrid flowsheets with CMS and PM membranes. 
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As expected, when a higher cooling-to-power ratio is used, the maximum attainable 

power savings decreases. This is because as shown earlier, the compressor power 

demand required to provide the cooling in the CAC condenser is the most dominant 

component of the overall power demand of the process. When a larger cooling-to-

power ratio is used, the power equivalent of condenser duty is reduced and hence the 

energy benefit obtained due to the coupling of the membrane unit. However, the 

decrease for both types of membranes is not too dramatic, smaller for CMS 

membranes as they are more energetically beneficial. Estimated % savings for CMS 

membrane decreased by about 3%; whereas a decrease of 7% is observed for 

polymeric membranes when % savings are calculated assuming a more conservative 

cooling-to-power ratio (i.e. 0.55 instead of 0.35). Table 5.10 shows the detailed 

optimisation results. 

Table 5.10 Optimisation results for parallel configuration when the cooling-to-power 
ratio of 0.35, 0.45 and 0.55 used to calculate power equivalent of 
condenser duty (WCond). 

 

As the cost of energy required for distillation is less when a larger cooling-to-power 

ratio is used, the flow rate to the membrane unit is decreased to maintain the optimal 

balance between the compressor power demand (WComp) and the power equivalent of 

condenser duty (WCond). It is rather interesting but not surprising that the optimal stage 

cut does not change when the cooling-to-power ratio reduces. Moreover, the optimal 

  Parallel configuration 

Membrane type Polymeric (𝜶 = 2.5) CMS (𝜶 = 11) at –60 °C 

Cooling-to-power ratio 0.35 0.45 0.55 0.35 0.45 0.55 

Same argon product flow as standalone distillation         

Argon flow (kmol/h), FAR 13.7 13.7 13.7 13.7 13.7 13.7 

% Argon recovery from CAC, 𝛾Ar 41 40 39 63 61 59 

Reflux ratio, RR 24.6 25.3 26.1 19.3 21.0 21.2 

Relative column feed flow rate
a
 0.75 0.77 0.79 0.49 0.50 0.52 

 
      Condenser duty (kW) 596 614 632 504 507 513 

Power equ. of condenser duty (kW), WCond 1702 1753 1807 1440 1449 1465 

Compressor shaft power (kW), WComp 339 292 251 135 125 116 

Expander power output (kW), WExp 32 29 25 — — — 

Membrane area (m
2
)  4073 3458 2967 789 725 665 

       Optimised variables 
      Stage cut (𝜃) 0.73 0.72 0.72 0.88 0.88 0.88 

FMEM–FEED/FCACF
b
 0.43 0.36 0.30 0.62 0.56 0.50 

       Feed and side-draw stages 
      NCACF 147 147 147 147 147 147 

NMEM–FEED 146 146 146 146 146 146 

NRET 138 137 136 134 134 133 

 NPERM 150 150 150 150 150 150 

       Specific power savings (%) 12.0% 8.4% 5.4% 31.1% 29.5% 27.9% 
a
Column feed flow rate relative to standalone distillation. The standalone column feed flow rate is 446 

kmol/hr. 
b
FCACF is the feed flow rate of CAC in the hybrid process. 
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location of the membrane along the column is found the same for all the cases 

considered. Overall, these results confirm that the conclusion made in this study—that 

the considerable energy savings are possible with hybrid configuration—is still valid 

even 0.35 cooling-to-power ratio assumption does not completely hold. 

5.8.7 Comments on decoupling assumption 

Finally, we qualitatively investigated the impact of decoupling of the CAC from ASU 

(i.e. assuming a fixed CAC feed composition) on the results obtained. The results in 

this study are presented for two different cases that can be considered when a 

membrane unit is integrated with the CAC. As these two cases would have different 

implications on the overall operation of ASU, they will be considered separately here. In 

the first scenario, the column feed is accordingly decreased, keeping the number of 

stages constant, to give the same argon recovery as a standalone crude argon column. 

The reduced CAC feed would, in fact, would have a positive effect on the 

separation in LPC. As explained in Section 4.3.8, first of all as a smaller portion of 

CLOX is vaporised in CAC condenser/reboiler—for example, for CMS membranes, as 

the column feed reduces by 50%, condenser duty requirement reduces 

proportionally—reflux ratio between the CLOX feed stage and CAC feed withdrawal 

stage increases. This, in turn, is likely to increase the argon composition at the CAC 

feed, meaning that argon recovery is increased. Moreover, it was shown in Section 

4.3.8 that as the vapour flow to CAC increases; the boil-up available for the nitrogen-

removal section above the CAC feed withdrawal stage reduces. This, in turn, increases 

the nitrogen concentration in the CAC feed and hence the CAC feed should be 

withdrawn from a lower stage with a lower argon composition. In the hybrid 

arrangement, as less vapour is sent to CAC for the same argon product flow, more 

vapour is available in nitrogen removal section, further benefiting the separation in LPC.  

The second scenario is that the argon recovery can be increased and this can be 

done with a less power required per unit of argon. As shown in Table 5.9, even when 

the overall argon recovery increased by 10%, the relative CAC feed flow equal to 57% 

that of standalone CAC for CMS membranes. Similarly to the first scenario, more, but a 

smaller amount CLOX reflux available this time in LPC compared to standalone CAC 

and hence argon concentration in CAC feed is enhanced. This would further reduce the 

reflux requirement of CAC and hence would increase the argon recovery. Note that it 

would be possible to increase the recovery to a certain extent as the CAC feed flow 

and its composition is highly dependent on the operation, i.e. the reflux and boil-up 

available in the sections in LPC as explained in depth in Section 4.3.8. 
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Moreover, as when the column is coupled with CAC, as some of the vapour 

bypasses the column, for example, the retentate stream is fed back to column around 

20 stages above the bottom, the vapour traffic in this section of the column is reduced. 

That is, less packing would be required in the CAC. 

In conclusion, by the above discussion, it can be said that decoupling assumption is 

not expected to negatively alter the positive results obtained. However, a quantitative 

assessment is needed. Thus, we assessed the performance of the integrated system in 

Section 5.10 to truly capture the impact of coupling the CAC of ASU with a membrane. 

5.9 Summary  

In this chapter, hybrid membrane–cryogenic distillation process configurations for 

argon production were developed and analysed through rigorous simulation in Aspen 

Plus. First, the production of argon by standalone distillation, a single membrane unit 

and membrane-assisted distillation for top and parallel configuration was studied for 

industrial grade argon production. After that, the most promising process alternative—

parallel hybrid—is further investigated and optimised. First, key decision variables are 

identified through sensitivity analysis and then optimisation is performed to identify the 

best process configuration and operating conditions. The results of sensitivity analysis 

showed that, in contrast to standalone membrane separations, there are no minimum 

requirements for pressure ratio and membrane selectivity for membrane unit in the 

hybrid configuration to attain power savings while meeting the product specifications; 

even a membrane with quite a low selectivity can bring notable power savings. 

Moreover, it was shown that the magnitude of % savings is highly dependent on the 

process structure (i.e. column feed and side stream locations) and the operating 

conditions (membrane feed flow rate, stage cut and pressure ratio).  

Following sensitivity analysis, rigorous simulations and numerical optimisation 

techniques are appropriately combined to systematically assess the impact of both 

discrete and continuous variables on the objective function. An effective optimisation 

procedure that significantly reduces the search space and time is proposed. The 

performance of hybrid flowsheets is evaluated in terms of % specific power savings 

that can be obtained compared to standalone distillation. 

The optimisation results show that the power savings are highest when the 

membrane is placed near the feed stage (i.e. bottom of the column) for hybrid 

configurations with both polymeric and carbon molecular sieve membranes. For the 

hybrid process with ambient-temperature membranes, four membrane selectivities are 

investigated: 2.5, 5, 10 and 20. It is found that the maximum attainable % specific 

savings and argon recovery increase with decreasing rate when selectivity increases. 
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However, when a highly selective membrane is used, the area requirements are 

expected to be considerably larger due to the inverse relationship between selectivity 

and permeability for polymeric materials. 

The power demand of the conventional process can be reduced by 12% with low-

selectivity commercial polymeric membranes (such as PPO and TMPC). On the other 

hand, the results show that energy savings about 32% are possible for the novel hybrid 

CMS membrane–distillation process while using less equipment and smaller columns 

as compared to hybrid polymeric-membrane–distillation process. For CMS membranes, 

there is an optimum operating temperature (–110°C) that maximises the power savings. 

Moreover, the membrane area required by CMS membranes is found to be significantly 

lower than that is required by commercial polymeric membranes (𝛼 = 2.5); 4073 m2 

and 1419 m2 for PM and CMS, respectively. 

It is also shown that hybrid configurations can be used to increase the argon 

recovery. For example, 10% more argon can be produced at a lower total operating 

cost than standalone distillation, when a polymeric membrane with selectivity 5 is used. 

Lastly, since the results of this study highly dependent on the cooling-to-power ratio 

assumption, we explored the sensitivity of the results to this assumption. For higher 

cooling-to-power ratios the savings are smaller, but still significant. 

In short, the results concluded that hybrid configuration with emerging CMS 

membranes outperformed its counterpart with commercial polymeric membranes and 

the conventional distillation-alone technology. It was demonstrated that CMS 

membranes reported by Soffer et al. (1997) have the most suitable separation and 

operational characteristics (i.e. high selectivity, exceptionally high permeance and 

operability at near cryogenic temperatures) for use in the hybrid membrane–distillation 

process for argon product and has a good potential for industrial applications. They 

have superior separation characteristics and thus yield higher % savings than the 

polymeric materials even when operated at ambient temperature. The high cost, 

brittleness and low chemical stability are the main issues hindering the commercial use 

of CMS membranes. For that reason, further research and development of 

mechanically and chemically robust, low-cost CMS membranes is obviously needed.  

Moreover, the results show that considerably lower but still significant power 

savings can be achieved using commercially available low-selectivity polymeric 

membranes. Polymeric materials, apart from being a mature and commercialised 

technology, have other advantages such as low cost and ease of preparation. Likewise, 

hybrid process with polymeric membrane can greatly benefit from the further 

enhancement of separation properties, selectivity and permeability simultaneously, but 
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the results of this study imply that improving the permeability of materials while 

maintaining a reasonable selectivity could potentially be more beneficial for the hybrid 

arrangement with polymeric membranes. This, however, can be quite a challenging—

and highly ambitious—task for polymeric materials, as they are known to be limited by 

the selectivity-permeability upper-bound.  

However, the literature suggests that this would be a much less ambitious target for 

blends of polymeric materials with other inorganic porous materials, such as zeolites 

(MMM) and carbons. These materials and several other novel carbon- and zeolite-

based materials are shown to have higher selectivities and permeabilities than 

polymeric materials. For example, Cello550 has a selectivity of 6.5 (Table 2.2), 

meaning that if used in the hybrid process, the savings would be nearly one-fold higher 

than that of commercial TMPC or PPO membrane. Therefore, this research would 

highly benefit from the commercialisation of these novel superior materials—which 

seems very likely given the intense research efforts on membrane material 

development in the recent past. In addition, low-temperature testing and operation of 

these novel inorganic materials deserves further research and development. 

As demonstrated in Section 5.8.6, the results obtained in this study depend on the 

assumed cooling-to-power ratio. Moreover, the verification of the assumption that the 

argon sub-system can be modelled in isolation is needed. Therefore, in the last section, 

we evaluated the accuracy of CAC decomposition and cooling-to-power ratio 

assumptions based on the simulation results of integrated flowsheet, i.e. CAC of ASU 

coupled with a membrane unit. 

5.10 Evaluation of decoupling assumption and critical 
 discussion 

Sections 5.8.6 and 5.8.7 discuss the possible impact of decoupling assumption on 

the results obtained qualitatively. However still, the investigation in Section 5.8.6 

suggests that the evaluation of power savings based on the literature value of Agrawal 

et al. (1989) might lead to overestimation of the savings attained with hybrid 

configuration. Therefore, further simulations (and optimisation) with the integrated 

flowsheet (ASU configuration presented in Section 4.3.8 combined with a membrane 

unit) are performed to see how the power savings found from decoupled process relate 

to MAC power demand of the ASU. The Aspen Plus screenshot of the integrated 

flowsheet can be seen in Figure G–1 in Appendix G. The stream summary of the 

results can be found in Appendix G. 

A polymeric membrane with selectivity of 𝛼 = 5 is used in the simulations. 

Membrane feed withdrawal stage and the feed stages of membrane permeate and 
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retentate streams are set to NMEM–FEED = 150, NRET = 121, NPERM = 150 and NCACF = 

150 based on the optimisation results obtained from the decoupled system simulations. 

Stage cut is set to 0.73 and membrane feed flow is taken as FMEM–FEED = 0.2FCACF. The 

crude argon column feed flow rate is 10000 scmh (Nm3/h). In simulations, the 

equipment and product specifications and the feed conditions are taken as given in 

Section 4.3.8 in Chapter 4.  

In all simulations, the crude argon column feed flow rate is kept constant. For ASU 

simulations with and without membrane unit, purity (99.5%) and flow rate (9000 scmh) 

of oxygen and argon purity (< 1 ppm O2) are kept constant as done in Chapter 4. The 

results for the decoupled system presented in Table 5.11 (for both standalone and 

hybrid flowsheet simulations) are calculated using the feed conditions of CAC in ASU 

flowsheet coupled with the membrane unit (i.e. the hybrid ASU model). Initial guesses 

based on the results of decoupled system are successfully used to facilitate the 

convergence of the optimisation algorithm for the complex integrated ASU flowsheet 

model. Two-stage approach that is described in Section 4.3.8 is also employed to allow 

for convergence of CAC design specifications. 

As can be clearly seen from the results in Table 5.11, the overall power demand of 

ASU slightly decreases when the membrane unit is integrated with the crude argon 

column ASU. The argon recovery from the CAC increases by about 4% when the 

membrane coupled to the column as expected and hence the argon recovery from the 

ASU, however as opposed to expectations, the MAC power demand decreases by only 

a total of 44 kW. 

Table 5.11 Comparison of results obtained with overall ASU and decoupled flowsheet 
for high purity argon production. 

 

 

  Integrated flowsheet Decoupled column 

 
Standalone Hybrid Standalone Hybrid 

   
Argon flow (kmol/h), FAR 12.6 13.6 12.0 13.6 

% Argon recovery from CAC, 30.5 34.9 30.6 34.9 

Reflux ratio, RR 33.3 33.3 38.0 33.3 

     
Condenser duty (kW) 798.6 801.1 801.7 800.9 

Compressor shaft power (kW), WComp ― 206.3 ― 206.3 

Expander power output (kW), WExp ― 19.6 ― 19.6 

Overall MAC power demand, WMAC (kW) 4454.6
+
 4410.0

+
 

  
Power-equ. of CAC condenser duty (kW)   2290* 2288* 

     
Specific power savings/kmol Ar (kW) 

   
10.00* 

*Calculated using the formulas in Section 5.3.3 and assuming cooling-to-power ratio of 
0.35. +Aspen Plus optimisation results.  
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The last two columns in Table 5.11 shows the results calculated for the same 

system using the decoupling assumption; these results indicate 10 kW decrease in 

overall power consumption of ASU per kmol of argon produced. However as can be 

seen from the integrated flowsheet results, the overall power demand of the process 

when the membrane is coupled with the CAC is nearly 200 kW higher than the 

distillation-alone process (WHybrid = WMAC + WComp – WExp = 4596 kW). Although the 

amount of argon product is higher than the standalone process, these results clearly 

demonstrate that the power savings are over predicted using the decoupled model and 

the literature value of cooling-to-power ratio. The second discrepancy in the results is in 

the calculated argon product flows using the decoupled system and membrane 

integrated ASU flowsheet. In the following paragraphs the reasons for such 

discrepancy in the results are explored. 

Firstly, there could be two reasons associated with the cooling-to-power assumption 

that may lead to the discrepancy of results. The over predicted savings could be 

related to the low accuracy of the fixed cooling-to-power conversion factor—0.35, i.e. 

the literature value of Agrawal et al. (1989)—or to the validity of the assumption itself 

that a direct connection with CAC cooling duty and MAC power demand can be 

established to accurately quantify the power consumption of argon production.  

It was shown in Section 4.3.8 that argon production has a relatively small impact on 

total power demand of MAC. When argon is produced, the refrigeration in the high-

pressure liquid CLOX stream, which would normally enter LPC at a lower temperature 

(i.e. near CAC top temperature) via liquid CLOX stream in the absence of CAC, enters 

the LPC at a higher temperature (i.e. CAC bottom temperature). Therefore it can be 

said that the cooling associated with the argon production, i.e. CAC condenser duty 

manifests itself in this heat pump energy with a quite low temperature difference 

between the heat source and heat sink. This suggests that a rather high conversion 

factor than the literature value of 0.35 should be used in the calculations. This can also 

be understood from the power-equivalent of CAC condenser duties shown in Table 

5.11 for the decoupled system. According to these results argon production is 

responsible for almost half of the total power demand of ASU. However, the results 

presented in Chapter 4 (Section 4.3.8), clearly demonstrates that this is not the case.  

On the other hand, determining an accurate power-to-cooing ratio that can be used 

for different operating conditions is not straightforward as its value is likely to be case 

dependent. In other words, a fixed factor may not account for the multiple interactions 

between ‘hot’ and ‘cold’ streams in the overall system via MHEX. 
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More importantly, the simulation results in Table 5.11 clearly indicate that fixed 

intermediate flows apart from overlooking the interactions between the hot and cold 

streams in MHEX, it also does not account for interactions between the LPC and its 

thermally coupled side-rectifier CAC. Any change in the CAC operation affects the 

column profile in LPC and thereby the CAC feed composition for fixed CAC feed flow 

rate. The CAC of decoupled model has a lower product flow rate than the CAC of 

overall ASU model (see Table 5.11) as the argon content of its (CAC in decoupled 

system) feed is smaller. This also shows why it is difficult to found an accurate 

comparative basis and allow appropriate calculations for the verification of the 

decoupled system results. Also note that the location of CAC feed in LPC is not 

optimised in the simulations above, which has been shown to have a significant impact 

on the CAC operation and argon recovery from ASU in Section 4.3.8. 

It is important that the results presented in this section should not be interpreted as 

a true reflection of performance of hybrid ASUs; rather it demonstrates the limitations of 

the design and analysis approach used in this study. A comprehensive analysis and 

optimisation of membrane coupled ASU flowsheet with an economic objective function 

that can also take different product purity and flows into account—as will be discussed 

in detail later in this section—is needed to realise the true potential of hybrid system. 

However, it is out of scope of this thesis. 

Decomposition of argon sub-system is a useful strategy and is imperative to allow a 

systematically screening of different hybrid configurations, membrane materials and 

relevant operating conditions (e.g. selectivity, membrane operating temperature, stage 

cut). Decomposition allows rapid and convenient identification of important degrees of 

freedom in the hybrid process and the relationship between the membrane operation 

conditions and column configuration. More importantly, it enables the parametric 

investigations and optimisation for identification of the best configuration for the hybrid 

process—which depends on four discrete variables, NCACF, NMEMF, NPERM and NRET 

apart from three continuous variables. Moreover, by decomposition the systems 

behaviour is learned quickly, enabling identification of good initial estimates for highly 

integrated, computationally challenging simulation of overall flowsheet (see Section 

4.3.8 for the convergence problems faced during simulations). 

Nonetheless, the results obtained in this study provide valuable insights on 

membrane-assisted distillation systems for low temperature separations. Firstly, the 

simulations revealed that the parallel configuration is best configuration from an 

energetic point of view, which uses the membrane to overcome constraints near the 

column pinch. Secondly, the results indicate that the membrane selectivity, stage cut 

and flow rate to the membrane have a significant impact on the performance of the 
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hybrid. It is found that one should seek a balance between selectivity and permeability 

when polymeric membranes are used as the increasing selectivity increases the 

attained energy savings with a decreasing rate.  

Overall, the results presented here shows that the chosen methodology have a 

significant impact on the estimated power savings. The results also implied that for 

highly integrated systems (process flowsheets with strongly dependent mass flows, 

pressures and temperatures) with a side-rectifier should not be modelled in isolation 

from the other units.     

Still, global optimisation of all process degrees of freedom in membrane-assisted 

ASU flowsheet (e.g. discrete variables such as CAC feed stream withdrawal stage from 

LPC, membrane feed and product stream stages in CAC and continuous variables 

such as stage cut, CAC feed flowrate etc.) at once is needed and should be addressed 

in future studies. Global optimisation would reveal the true potential of the membrane-

assisted ASU process for argon production, but it is out of scope of this study because 

of the significant computational challenges associated with the solution of the process 

model and the limited capability of Aspen Plus optimisation tool. 

The author of this thesis suggests the use of a third party software (i.e. MATLAB, 

Excel) together with Aspen Plus to remedy the limitations of built-in Aspen Plus 

optimisation solvers. Such an approach would also allow for the use of more robust 

global optimisation techniques such as genetic algorithm. The use of a simplified 

integrated model can also be employed to conveniently overcome convergence issues 

arising from the model complexity and to lower the much-needed expertise in process 

conditions to allow convergence. Likewise, it might be more effective to use an 

equation-oriented solution approach as it is shown to be superior to traditional 

sequential-modular solution approach in terms of convergence performance and speed 

for analysis and optimisation of complex ASU cycles (Fu et al., 2015). 

Lastly, a full cost benefit analysis is lacking in this study. Therefore, further studies 

on economic viability of the proposed novel hybrid processes should be carried out in 

order to identify the best operating window from both capital and operational cost point 

of view. Such analysis would allow the use of a more suitable objective function that 

takes into account relative prices of ASU products—argon gas is more expensive than 

oxygen and nitrogen gases; the litre prices for argon, oxygen and nitrogen as reported 

by Zhu et al. (2011) are $0.286, $0.176 and $0.113, respectively—as well as the power 

and equipment costs. Thus, the true impact of varying argon recovery and purity and 

purity, flow rates of the other products on process economics of membrane-assisted 

ASU process can be understood. 



 

 

245 

 

6 CONCLUSIONS AND 
FUTURE WORK 

6.1 Overview  

This thesis investigates argon production from air separation units via membrane-

assisted distillation. Novel membrane-assisted distillation process configurations for 

argon production from air are developed, analysed and optimised through modelling 

and simulation. Process configurations, membrane materials and operating conditions 

that could be potentially competitive with the conventional technology are identified. Air 

separation units, as well as membrane separations, are modelled in Aspen Plus V8.4. 

Distillation columns are modelled using RadFrac equilibrium model, whereas the multi-

component membrane model of Shindo et al. (1985), is implemented in Aspen Plus as 

a user-defined unit. The membrane model is valid for the types of membrane materials 

considered in this study: ambient-temperature polymeric membranes and low-

temperature carbon molecular sieve membranes. First, important decision variables 

are identified through sensitivity analysis. Following this, each flowsheet variant is 

optimised using the built-in SQP optimiser in Aspen Plus to maximise energy savings, 

compared to the conventional process. This chapter highlights the main contributions of 

the present work and discusses limitations that should be addressed in future research. 

6.2 Conclusions 

In Chapter 3, two types of membrane materials, polymeric and carbon molecular 

sieve membranes are identified as the promising type of materials for oxygen–argon 

separation, through a comprehensive literature review. The membrane properties 

reported in the literature are obtained from permeability tests conducted at ideal 



246  

 

laboratory conditions, often using pure gases. After selecting the materials, the model 

of Shindo et al. (1985) that can be applied to such materials is selected from the open 

literature. The model is written in Fortran. The Fortran subroutine is linked to Aspen 

Plus using the User2 custom unit operation model. The standard solution–diffusion 

model is used to describe the flux of gas molecules through both types of membranes. 

The solution method proposed by Shindo et al. (1985) is modified by introducing an 

effective initialisation strategy, that provided greater stability while improving 

convergence speed. The robust solution technique also allows convergence at high 

stage cuts and high pressure ratios, where the original formulation convergences to a 

physically meaningless solution (i.e. negative component mole fractions)—this 

guarantees the suitability of the developed membrane code for use in this study, where 

good numerical stability over wide range of operating conditions is required. The two 

most prevalent module flow patterns have been considered: crossflow and counter 

current flow. The crossflow model is selected for use in this study because of its good 

compromise between computational robustness and accuracy. 

Due to the lack of experimental data, the selected model was validated by 

comparing the experimental results for molecules of similar properties to that of argon, 

i.e. oxygen and nitrogen. This represents a limitation but it is unlikely that the 

membrane module results would be significantly different for oxygen–argon separation 

given the similar size and shape of oxygen, argon and nitrogen molecules. The model 

has good predictive accuracy, as shown by several validation studies in Section 3.3.4.  

As indicated by the results from the parametric analysis presented in Chapter 3, in 

a single-stage membrane unit, a minimum selectivity of 𝛼 = 16 and a minimum 

pressure ratio of 𝑟 ≅ 12 are required to attain the same purity and recovery as 

conventional distillation. Therefore, the same separation cannot be attained with 

currently available polymeric membranes unless membrane cascades connected in 

series or parallel are used; such arrangements have been reported to be more 

demanding in terms of power consumption and operability when used for high purity 

gas production (Kundu et al., 2012). Carbon molecular sieve membranes, on the other 

hand, are able to produce high purity argon at a recovery comparable with distillation 

when operated at temperatures below –90 °C (𝛼 =16) and pressure ratios above 14 

(𝛼 = 50). However, the evaluation of standalone membrane process in terms of power 

consumption (Chapter 5) showed that high purity argon production using CMS 

membranes are not economically competitive with the traditional technology. 

Chapter 4 models the conventional argon production process. An optimisation-

based solution method using the built-in SQP optimiser in Aspen Plus is developed to 
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maximise heat integration and impose operational constraints in the process. This 

approach also minimises the power consumption of MAC, which is the main economic 

performance indicator for ASUs (see Section 1.1.3). This benchmark process provides 

the basis for the hybrid schemes and a reference case against which results of the 

hybrid configurations are compared. 

Simulations in Chapter 4 demonstrated that the convergence of the benchmark 

process model relies heavily on initial guesses, and the SQP optimiser has difficulties 

satisfying the thermal coupling and high-purity constraints of the crude argon column. 

Nevertheless, an effective strategy is developed that enables convergence to an 

optimal solution, while satisfying tight practical and product constraints. Investigations 

and simulations were carried out to gain insights into the relationships between 

operating conditions and process performance and to understand the factors affecting 

convergence. Using these insights and understanding, a robust flowsheet simulation 

and optimisation strategy is set up. This experience also enabled definition of suitably 

tight bounds and good initial guesses for optimisation. Lastly, the simulation models are 

applied for optimisation, together with strategies to converge the simulations; the 

optimisation results determine the process structure and associated operating 

conditions that minimise power consumption of ASU with 75% argon recovery.  

Due to the convergence problems associated with the high complexity of the 

process flowsheet, the crude argon column (CAC) is decoupled from the ASU. A hybrid 

flowsheet considering only the CAC and a single membrane unit is developed; possible 

benefits for argon production are explored in Chapter 5. After an initial screening of the 

‘top’ and ‘parallel’ hybrid configurations, the parallel configuration is found to be the 

most promising alternative. Therefore this configuration is further explored and 

optimised. Prior to optimisation, a sensitivity analysis is carried out using the process 

models in Aspen Plus to observe the effect of design variables (both continuous and 

discrete) on the objective function.  

The optimal process configuration and operating conditions in this study are 

obtained by maximisation of specific power savings compared to distillation alone. The 

specific power consumption of the novel processes is used as the performance 

indicator since compression power demand is the main source of energy costs for the 

cryogenic distillation of argon and membrane separation systems. In the decoupled 

system, the MAC-power equivalent of the CAC condenser duty is estimated using a 

cooling-to-power ratio of 0.35, following the work of Agrawal et al. (1989). 

Sensitivity analysis confirmed that power savings can be obtained even with a 

membrane of low selectivity but it is also shown that the specific power savings highly 



248  

 

depend on the process structure and operating conditions. The sensitivity analysis 

explored four discrete variables: three relating to the location of the membrane relative 

to the column (i.e. the membrane feed withdrawal stage and the return stages of 

membrane product streams, retentate and permeate), one to the column feed stage 

location. The sensitivity study also explored two operating variables—membrane stage 

cut, θ and the membrane feed flow rate, FMEM–FEED—to be optimised for the hybrid 

flowsheets shown in Figure 5.3 and 5.4. Sensitivity studies also show that the 

membrane operating temperature is an important variable in the design of CMS-

membrane hybrid configurations.  

These sensitivity studies were followed by flowsheet optimisation for determination 

of the optimal process structure and operating conditions. As none of the built-in 

optimisation algorithms in Aspen Plus can handle discrete variables together with 

continuous variables, a hybrid optimisation procedure that utilises parametric 

optimisation (sensitivity) in conjunction with optimisation techniques is proposed for 

simultaneous consideration of discrete and continuous variables. The influence of 

operating variables—stage cut and membrane feed flow rate—on the objective function 

is evaluated by SQP with the Aspen Plus optimisation tool, whereas the influence of 

structural variables is assessed using parametric simulations. An efficient optimisation 

procedure that helps to significantly reduce the search space for discrete variables and 

hence the time taken to explore the whole design space is developed. On the other 

hand, the impacts of membrane type, operating temperature and the transmembrane 

pressure ratio on performance (i.e. the objective function) are parametrically 

investigated.  

Optimisation results provide valuable insights on hybrid membrane–distillation 

processes for argon production. In the parallel hybrid configuration, the maximum 

power savings are obtained when the membrane unit is placed near the column feed 

stage. This result is irrespective of the type, selectivity and operating temperature of 

the membrane. The hybrid configuration has a higher Ar recovery rate than standalone 

distillation and thus less feed requirement for the same Ar product flow.  

Results indicated that 12% specific power savings can be obtained using a 

membrane with commercially available polymeric membranes (such as PPO and 

TMPC membranes with O2/Ar selectivity of around 2.5). Investigations considered 

currently available membrane selectivities as well as hypothetical membrane 

selectivities (𝛼 > 10) in order to examine possible future scenarios. It is found that for 

ambient-temperature polymeric membranes, further membrane development could 

allow significant improvements on the attained power savings. For example; by 

doubling the selectivity from 2.5 to 5, power savings would be increased by 73%.  
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However, a further doubling of membrane selectivity does not lead to a notable 

decrease in power consumption. Taking into account the selectivity–permeability trade-

off for polymeric materials, the results imply that a polymeric membrane with moderate 

selectivity would be the most suitable for the parallel configuration. Moreover, these 

results suggest that novel ambient-temperature membranes (such as MMMs, zeolites 

and carbon membranes) with better properties (selectivities up to 6.5) than commercial 

polymeric membranes have great potential for use in a hybrid process for argon 

production once the problems hindering their commercial use are overcome.  

The low-temperature CMS membrane exhibits significant benefits (higher than 

30%) in terms of power consumption. The optimal membrane operating temperature 

that maximises the specific power savings is found to be –110 °C (corresponding to a 

membrane selectivity of 19.9 and permeance of 117 GPU). It is shown in Section 

5.7.2.7 that the objective function is not sensitive to operating temperature for a wide 

range of temperatures. However, area requirements decrease considerably when the 

temperature is increased to –60 °C, implying that a near optimum operation would be 

more beneficial when taking into account the capital cost of the membrane unit.  

Significantly greater power savings were achieved with CMS membranes, 

compared to commercially available polymeric membranes: CMS membranes achieved 

savings of 32%, compared to 12% with current commercially used polymeric 

membranes (𝛼 > 2.5). The increase in savings is found to be primarily due to higher 

selectivity of CMS membranes and secondarily due to operation at low temperature. 

Moreover, membrane area and column feed flow required per unit of argon produced is 

considerably smaller when CMS membranes are used in the parallel hybrid 

configuration.  

Overall, the results demonstrated the merits of low-temperature carbon molecular 

sieve membranes over polymeric membranes. However, their poor oxygen stability, 

brittleness and relatively high cost of manufacture hindered industrial applications as 

explained in Section 2.6.1.2. Therefore, the development of engineering technology 

that will enable cheap fabrication of robust and stable CMS membranes and modules is 

a key for the industrial realisation of the hybrid process with CMS membranes. The 

encouraging results herein also emphasise the need for further research on CMS 

membranes and on synthesis and testing of novel materials and structures that can 

operate at low temperatures.  

Lastly, simulations are performed with integrated flowsheet (i.e. ASU with a 

membrane unit linked to the CAC) to test the validity of the decoupling of the CAC from 

the overall ASU flowsheet. The simulations clearly demonstrate the limitations of 
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modelling the argon subsystem in isolation from the ASU and of using a fixed value of 

cooling-to-power ratio in the simulations to correlate condenser duty with power 

demand of the MAC. Earlier results from benchmark ASU cycle simulations in Section 

4.3.8 suggest that a higher power-to-cooling ratio would lead to more accurate 

predictions of the power demand of argon production. However, it is found that, with 

fixed intermediate flow rates and a fixed cooling-to-power conversion factor, it is not 

possible to account for important interactions between temperature, flow and 

composition interdependent process streams and units. Thus, it is concluded that it is 

important to analyse the overall flowsheet of the ASU to provide a valid comparison of 

the benchmark and hybrid process flowsheets.  

Apart from the above useful results, Chapter 5 demonstrates an effective modelling 

and optimisation strategy that could benefit studies on design and evaluation of 

membrane-assisted distillation processes for production of valuable products. The 

proposed strategy makes use of available process models and hence is relatively easy 

to implement—code for the membrane model and instructions for implementation are 

provided in Appendix B. The strategy allows rapid screening of process alternatives in 

the search for the best process configuration along with the optimal operating 

conditions.  

As in any modelling studies, one concern in this study is the validity and accuracy of 

the model, which in turn depends on the accuracy of physical property models, process 

and equipment models, and unit specifications used in the simulations. The Peng–

Robinson fluid package is selected for use in all simulations after comparing the results 

of four physical property methods (see Appendix F). It provides a good level of 

computational efficiency and confidence that it is accurate enough for the conceptual 

design stage. The unit specifications, such as compressor, expander efficiencies, are 

obtained either from the literature or from the industrial party. That is, the estimated 

power demand values and hence optimal points largely depend on these inputs. Given 

that the efficiencies used in the analysis were conservative, higher savings could, 

therefore, be achievable in real systems.  

A convenient simplification made here is that the distillation model assumes that 

vapour and liquid phases in a stage are in equilibrium. In reality, equilibrium is not 

always achieved and hence a greater number of stages than the theoretical number 

may be required to perform the desired separation. However, despite these limitations, 

the results presented here are still valid given that the errors for membrane-assisted 

and standalone distillation (i.e. flowsheets with and without the membrane) could be 

expected to be fairly similar. 
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6.3 Future work 

Future work should further explore the hybrid configurations, following the same 

approach but with an objective function that includes capital investment cost along with 

operating cost. By doing so, an optimal balance between the investment cost and 

energy cost savings should be pursued. This optimisation should be done using the 

integrated process model (i.e. the ASU flowsheet with CAC coupled with a membrane) 

in order to accurately capture interactions between units associated with argon 

purification and other units in ASU (i.e. main air compressor power demand, heat 

balance in the multistream heat exchanger) and thereby make a valid comparison 

between the hybrid and the conventional processes. 

The optimisation technique used in this study does not allow simultaneous 

optimisation of operating and design parameters, i.e. applying MINLP optimisation 

techniques. Future work could use a third-party software such as Excel and Matlab 

together with Aspen Plus to perform single or multi-objective MINLP optimisation of the 

hybrid flowsheets using an external optimisation algorithm such as stochastics I-MODE 

(Improved multi-objective differential evolution) as shown by Rangaiah (2016). In such 

an approach, the main challenge would relate to the complexity and computational 

intensity of the process flowsheets considered in this study. Two methods are 

suggested for use in future studies to tackle present challenges associated with the 

solution and optimisation of membrane-assisted ASU processes: a) use of simplified 

process models and b) equation-oriented solution of the rigorous process model. 

The selected membrane materials need to be tested under real operating 

conditions, taking into account non-ideal operation, such as competitive permeation 

and concentration polarisation. Moreover, validation of the membrane model with 

experimental results for oxygen–argon separation is warranted. Experimental data 

would also allow the use of a more sophisticated flux model than a solution–diffusion 

mechanism to describe the flux through the membrane. In addition, the model could be 

modified to take into account various non-idealities in the module, such as pressure 

variations, concentration polarisation and Joule–Thompson effect. Such models should 

be used for later detailed design stages. 

Our findings showed that thermal stability and separation properties of the novel or 

the state-of-the-art materials at low temperatures might merit experimental 

investigation. Especially, polymer blends with cold-resistant materials, such as CMS 

and zeolites i.e. MFI membranes (Ye et al., 2015), are worth testing for low-

temperature operation. Also, graphene-based membranes, in which gas separation is 

based on molecular sieving as in CMS membranes, shown to exhibit exceptional 
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separation properties for gas mixtures such as CO2–N2 and O2–N2 (Yoo et al., 2017), 

therefore they might be suitable for oxygen–argon separation. Although the research 

on graphene membranes is often limited to molecular simulations, the results in the 

literature indicate a promising potential for graphene-based membranes for future 

applications in gas separation (Xu and Zhang, 2016). 

The control of membrane-assisted distillation process, due to increased complexity, 

could be more challenging; better, more sophisticated control systems might be 

needed to be utilised for optimal operation of the plant. Therefore, control implications 

need to be investigated. 

The Peng–Robinson model used in this work has been shown to be able to 

describe the equilibrium compositions and pressures and the relative volatility with 

reasonable accuracy, but the accuracy of the model in predicting other important 

physical and thermodynamic properties, such as liquid density and enthalpy, has not 

been verified. This validation would provide further confidence in the accuracy of the 

selected model. 

Moreover, it may be better to use a more sophisticated equation of state for detailed 

design such as that of Lemmon et al. (2000), which is developed for mixtures of 

oxygen, argon and nitrogen. Using such a model could enhance the accuracy of 

simulation results. Future research should also explore multi-stage membrane systems. 

Such arrangements are highly likely to lead to further reductions in power requirements 

of the process, while at the same time setting less ambitious targets for membrane 

property requirements. Moreover, the models and the methodology presented in this 

thesis can be used to analyse other possible configurations for hybrid air separation 

units. An extension of the present work would be to consider different air separation 

cycles in which, for example, columns are operated at elevated pressures or argon is 

not co-produced. 

     Another potentially rewarding future direction would be the use of other technologies 

to separate argon and oxygen, such as absorption, adsorption or more sophisticated 

distillation configurations such divided-wall column as the base case.(Hsieh, 1963) 

(Teplyakov and Meares, 1990). 
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 — The list of membrane materials and properties Appendix A 

This appendix provides a full list of properties of membrane materials that have 

been examined for oxygen–argon separation previously. The temperatures at which 

property measurements have been made are also presented. The permeability data 

are obtained from pure gas permeability tests unless stated otherwise. Oxygen 

permeabilities are given in barrer (1 barrer = 10–10 cm3(STP).cm.s–1.cm–2.cm Hg–1). 

Table A-1 Experimental data of gas separation properties of membrane materials. 

 

 

 

Membrane material T 
(°C) 

Selectivity, 𝜶 O2 

permeability 
(Barrers) 

Reference 

  O2/Ar   O2/N2 

POLYMERS      

 Cellulose nitrate 25 17.7 16.8 1.95 [1] 

 Liquid-crystalline polyester 35 4.71 15.7 0.000470 [2] 

 Polyimide 25 4.20 7.90 0.250 [3] 

 Poly (vinyl chloride) 25 3.95 3.82 0.0453 [4] 

 Biaxially oriented PEN 25 3.75 4.41 0.00750 [5] 

 Poly (methyl methacrylate) 35 3.20 7.77 0.0863  [6] 

 Polyacrylonitrile 35 2.99 18.6 0.000540 [2] 

 Poly (vinyl acetate) 25 2.51 n/a 0.384 [7] 

 TMPC 25 2.43 5.59 3.98 [8] 

 PPO 25 2.28 5.02 11.4 [8] 

 Cellulose acetate 25 2.30 5.90 0.790 [9] 

 Biaxially oriented PET 25 2.25 4.00 0.0360 [5] 

 Nafion 117 35 2.21 4.15 1.08 [10] 

 Poly (ethylene terephthalate) 25 2.15 4.42 0.0636  [11] 

 Poly (vinyl benzoate ) 25 2.11  6.00 0.966 [12] 

 Styrene/acrylonitrile 35 2.10 6.30 1.90 [13] 

 Poly (ethyl methacrylate) 35 2.00 5.70 1.86  [14] 

 Poly (vinyl alcohol) 25 1.59  3.11 0.00184 [15] 

 Poly (vinylidene fluoride) 35 1.55 3.70 0.00826 [16] 

 Poly (vinyl cyclohexane 

carboxylate) 

25 1.53  5.01 0.730 [17] 

 Ethyl cellulose 25 1.40 3.32 14.7 [1] 

 Polystyrene 30 1.38 2.93 7.47 [18] 

 PVTMS 25 1.33 4.00 44.0 [19] 

 Poly (isoprene) 25 1.02 2.47 23.5  [20] 

 Polyisoprene 25 1.00 2.30 23.0 [19] 

      

 Poly (α-aminoacid)      

Poly (Nε-carbobenxoxy-L-lysine) 20 2.00 6.67 0.020 [21] 

  Poly (γ-benzyl-L-glutamate) 20 1.87 4.67 0.280 [21] 

  Poly (L-methionine) 20 1.64 4.52 0.410 [21] 

  Poly (γ-L-glutamic acid) 20 1.50 6.00 0.000600 [21] 

  Poly (γ-methionine) 20 1.40 3.52 0.810 [21] 

  Poly [bis(trifluoro 

ethoxy)]phosphazene] 

25 1.29 2.41 35.4 [22] 

  Poly (L-leucine) 20 1.13 4.48 8.61 [21] 
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Table A-1 (Continued). 

 

Membrane material T 
(°C) 

Selectivity, 𝜶 O2 

permeability 
(Barrers) 

Reference 

 O2/Ar  O2/N2 

 Polycarbonate      
  Tetramethyl bisphenol-A 35 2.30 5.40 5.50 [13] 

  Bisphenol chloral 35 2.00 5.00 1.30 [23] 

  Bisphenol-A (Lexan) 25 1.75 4.67 1.40 [24] 

  Polychloroprene 25 1.04 3.36 3.95 [25] 

      

 Polyethylene      

  Marlex 6003 25 8.67 n/a 3.25 [26] 

  d=0.918 30 1.79 5.00 5.00 [15] 

  d=0.928 30 1.18 2.71 1.90 [15] 

  d=0.957 30 1.18 3.25 1.30 [15] 

  d=0.957 30 1.18 3.25 1.30 [15] 

  Alathon 14 (d=0.9137) 25 1.06 2.98 2.89 [20] 

  Hydropol (d=0.894) 25 1.02 2.83 11.3 [20] 

  Grex (d=0.964) 25 1.13 2.82 0.403 [8] 
      
 Polyurethane      
  Estane 5710 30 3.77  0.895 1.34 [27] 
  Estane 5714 30 0.415 2.12 5.81 [27] 
      
 PIMs      
  PIM-1 30 1.85 4.02 370 [28] 
  PIM-7 30 1.90 4.52 190 [28] 
      
CARBON MEMBRANES      
 Carbon molecular sieves

a
      

  CMSM-1 –169 50.3 n/a 64.2 [29] 
  CMSM-1 –121 22.8 n/a 119 [29] 
  CMSM-1 –96 16.4 n/a 133 [29] 
  CMSM-1 –66 13.5 n/a 144 [29] 
  CMSM-1 28 5.50 n/a 182 [29] 
      
  CMSM-2 –160 3.40 n/a 198 [29] 
  CMSM-2 –150 3.00 n/a 264 [29] 
  CMSM-2 –100 2.90 n/a 233 [29] 
  CMSM-2 –51 3.00 n/a 167 [29] 
      
 Nanoporous carbon

a
 

membranes 

     
  Membrane A  35 3.94 6.42 20.0 [30] 
  Membrane A

b
 35 3.80 n/a 5.68 [30] 

  Membrane A
c
 35 3.25 4.33 3.88 [30] 

      
  Membrane B  35 3.44 3.95 36.1 [30] 
  Membrane B

b
 35 2.78 n/a 7.47 [30] 

  Membrane B
c
 35 2.50 3.00 4.48 [30] 

      
 Cellophane paper      
  Celo400 30 4.00 9.30 0.930 [31] 
  Celo450 30 3.90 8.20 3.03 [31] 
  Celo500 30 6.10 17.5 3.50 [31] 
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Table A-1 (Continued). 

 

a 
permeability is calculated from given permeance assuming 1 𝜇𝑚 membrane thickness. 

b 
permeability data obtained through permeation experiments of equimolar binary gas mixtures 
(oxygen–argon and oxygen–nitrogen).  

c
 permeability data obtained through permeation experiments of equimolar ternary gas mixture 
(oxygen–nitrogen–argon).  

d 
permeability is calculated from given permeance and given membrane thickness (15 𝜇𝑚). 

e 
permeability is calculated from given permeance and given membrane thickness (5 𝜇𝑚). 

f
 zeolite content (wt%) in the mixed matrix membrane. 

g 
GPU is the permeance unit and 1 GPU is equal to 10

–6
 cm

3 
(STP).cm

–2
.s
–1

.cm.Hg
–1

. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

Membrane material T 
(°C) 

Selectivity, 𝜶 O2 

permeability 
(Barrers) 

Reference 

 O2/Ar  O2/N2 

  Celo550 30 6.50 13.1 4.33 [31] 
  Celo600 30 7.70 7.70 0.23 [31] 
  Celo550-ST60 30 6.30 11.3 4.87 [31] 
  Celo550-ST240 30 5.10 16.7 

 
1.67 [31] 

  Celo550-ST480 30 10.0 17.5 0.70 [31] 
      

  Nanoporous carbond
 25 3.30 5.08 0.58 [32] 

  Heat treated nanoporous carbon 25 3.26 4.30 1.16 [32] 
      

ZEOLITE      

  DD3Re
 30 1.77 2.17 58.24 [33] 

      

MIXED MATRIX MEMBRANES   

(polyet

hersulf

ane)+

13X 

   

  PES  25 2.89 3.71 0.520 [34] 

  PES + 13X (42 wt%) f
 25 2.50 4.17 0.500 [34] 

  PES + 13X (42 wt%) 25 2.68 4.25 0.510 [34] 
  PES + 4A (17 wt%) 25 3.36 3.92 0.470 [34] 
  PES + 4A (33 wt%) 25 3.42 4.23 0.410 [34] 
  PES + 4A (50 wt%) 25 3.14 4.40 1.10 [34] 
      
OTHERS      
  Microporous vycor glass 25 1.13 0.935 53014 [35] 
      
 Coated membrane       
  Hyflon®AD60 35 2.10 

0 

3.50 180a
 [36] 

  Hyflon®AD80 35 2.00 
 

3.10 574a
 [36] 

  Cytop® 35 2.30 3.80 130a
 [36] 
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 — Membrane model Fortran code Appendix B 

This appendix provides the Fortran code for numerical implementation of the model 

for ternary crossflow membrane. Code descriptions are written in red next to the 

corresponding code segments. 

       SUBROUTINE TERNARY (NMATI, MSIN, NINFI, SINFI, NMATO, 
     2                     SOUT, NINFO, SINFO, IDSMI, IDSII, 
     3                     IDSMO, IDSIO, NTOT, NSUBS, IDXSUB, 
     4                     ITYPE, NINT, INT, NREAL, REAL, 
     5                     IDS, NPO, NBOPST, NIWORK, IWORK, 
     6                     NWORK, WORK, NSIZE, SIZE, INTSIZ, 
     7                     LD ) 
 
      IMPLICIT NONE                              
#include "ppexec_user.cmn"         
#include "dms_plex.cmn"  
       Real*8 B(1) 
         Equivalence (B(1),IB(1)) 
#include "dms_ncomp.cmn"           
 
C----------------Declare Arguments-------------------------- 
 
      INTEGER NMATI, NINFI, NMATO, NINFO, NTOT, 
     +        NSUBS, NINT,  NPO, NIWORK, NWORK, 
     +        NSIZE, NREAL 
 
      INTEGER IDSMI(2,NMATI), IDSII(2,NINFI), 
     +        IDSMO(2,NMATO), IDSIO(2,NINFO), 
     +        IDXSUB(NSUBS), ITYPE(NSUBS), INT(NINT), 
     +        IDS(2,3), NBOPST(6,NPO), 
     +        IWORK(NIWORK), INTSIZ(NSIZE), LD 
      
      REAL*8 MSIN(NTOT,NMATI), SINFI(NINFI),   
     +       SOUT(NTOT,NMATO), SINFO(NINFO), 
     +       WORK(NWORK), SIZE(NSIZE), REAL(NREAL) 
      
C --------------- Declare Local Variables --------------------------------- 
 
      INTEGER OFFSET, IERR, LDATA, KDIAG, IDX(10), NCP, I, J, INDEX,    
     +        LMW, NTUBES, IPERM, IRET, IFAIL, n 
      
      REAL*8  PPERM, CUT, TOL, AREA, PA, PB, PC, CC, yPa(101), 
     +        XFA, XFB, XFC, qA, qB, qC, x1, x2, x3, y1, y2, y3,  
     +        yO1, yO2, yO3, A, C, D, f, H, M, R, X, Z,  
     +        m1A, m2A, m3A, k1A, k2A, k3A, k4A,  
     +        m1B, m2B, m3B, k1B, k2B, k3B, k4B, 
     +        m1C, m2C, m3C, k1C, k2C, k3C, k4C 
      
C ----------------- Declare Functions -------------------------------------- 
 
      INTEGER USRUTL_GET_REAL_PARAM, 
     +        USRUTL_GET_INT_PARAM, 
     +        USRUTL_SET_REAL_PARAM 
 
      INTEGER DMS_IFCMNC 
      REAL*8 DLOG  
 
C ----------------- Begin Executable Code ---------------------------------- 
C ----------------- Get configured REAL variables from Aspen Plus. --------- 
      IFAIL = 0 
      INDEX = 0 
        
      IERR = USRUTL_GET_REAL_PARAM('PPERM', INDEX, PPERM)  
      IF (IERR .NE. 0) THEN 
      WRITE(USER_NHSTRY,*) ' ERROR FETCHING PERMEATE PRESSURE' 
      IFAIL = 1 
      END IF 
       
      IERR = USRUTL_GET_REAL_PARAM('PA', INDEX, PA) 
      IF (IERR .NE. 0) THEN 
      WRITE(USER_NHSTRY,*) 'ERROR FETCHING PERMEABILITY A' 
      IFAIL = 1 
      END IF 

common blocks to pass variables between several subroutines: 
 

dms_plex.com passes arrays containing the component data 
such as viscosity, ppexec_user.cmn pases user variables and 
dms_comp.cmn passes number of components declared in 
Aspen Plus interface.  

Declare the variables used in calculations. 

 

These are the functions that pases values between 
Aspen Plus and Fortran subroutine back and forth. 
  
Parameters are called according to the names 
decleared in “User Model Configuration Editor”. 

 

Insert the value of configured variable “PPERM (e.g. permeate pressure) 
in local variable “PPERM” 

Display error messages in Aspen Plus control window if it is 
not possible be access the variable  
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      IERR = USRUTL_GET_REAL_PARAM('PB', INDEX, PB) 
      IF (IERR .NE. 0) THEN 
      WRITE(USER_NHSTRY,*) 'ERROR FETCHING PERMEABILITY B' 
      IFAIL = 1 
      END IF 
       
      IERR = USRUTL_GET_REAL_PARAM('PC', INDEX, PC) 
      IF (IERR .NE. 0) THEN 
      WRITE(USER_NHSTRY,*) 'ERROR FETCHING PERMEABILITY C' 
      IFAIL = 1 
      END IF 
       
      IERR = USRUTL_GET_REAL_PARAM('CUT', INDEX, CUT) 
      IF (IERR .NE. 0) THEN 
      WRITE(USER_NHSTRY,*) 'ERROR FETCHING STAGE CUT' 
      IFAIL = 1 
      END IF 
       
      IERR = USRUTL_GET_REAL_PARAM('H', INDEX, H) 
      IF (IERR .NE. 0) THEN 
      WRITE(USER_NHSTRY,*) 'ERROR FETCHING RK STEP SIZE' 
      IFAIL = 1 
      END IF 
       
C ---------------- Get configured INTEGER variables from Aspen Plus -------- 
 
      IERR = USRUTL_GET_INT_PARAM('NTUBES', INDEX, NTUBES) 
      IF (IERR .NE. 0) THEN 
      WRITE(USER_NHSTRY,*) ' ERROR FETCHING NUMBER OF TUBES' 
      IFAIL = 1 
      END IF 
 
C ---------------- Model Equations ----------------------------------------- 
 
C   calculate the ratio of permeate pressure to feed pressure 
      r = PPERM / (MSIN(NCOMP_NCC+3,1))   
 
C   defining tolerance 
      tol=10e-15; 
 
C   mole fractions of components in the feed 
      xFa = (MSIN(1,1)/MSIN(NCOMP_NCC+1,1)); 
      xFb = (MSIN(2,1)/MSIN(NCOMP_NCC+1,1)); 
      xFc = (MSIN(3,1)/MSIN(NCOMP_NCC+1,1)); 
 
C   calculate selectivities with respect to the fast permeating component, A; 
      qA = PA / PA ; qB = PB / PA ; qC = PC / PA ; 
 
 
C   initial estimate of the mole fraction of the fast permeating component, A; 
      yPa=xFa/(qA*xFa+qB*xFb+qc*xFc); 
      C= yPa(1)*r; 
 
C   check if the partial pressure of A in the permeate is higher than its feed partial pressure 
 
      IF (C>xFa) THEN 
         yPa(1)=xFa/r; 
      END IF 
 
 
 
C   initial conditions gives solution at f=1 (i.e. stage cut=0)     
      f=1; x1=xFa; x2=xFb; AREA=0; 
 
C -----------------4

th
 Order Runge–Kutta calculations---------------------------      

      DO i=1,(CUT/h) 
 
C -----------------Newton’s algorithm for initial guess---------------       
 
           DO n=1,100 
                yPa(n+1)=yPa(n)-(((yPa(n)+(x2*qB/qA)/(r*(qB/qA-1) 
     +          +(x1/yPa(n)))+((1-x1-x2)*qC/qA)/(r*(qC/qA-1) 
     +          +(x1/yPa(n))))-1)/((x2*x1*qB/qA)/yPa(n)**2 
     +          /(r*(qB/qA-1)+(x1/yPa(n)))**2+((1-x1-x2)*x1*qC/qA) 
     +          /yPa(n)**2/(r*(qC/qA-1)+(x1/yPa(n)))**2+1)); 
 
                          IF (ABS(yPa(n+1)-yPa(n))<tol) THEN 

(MSIN(NCOMP_NCC+3,1)) is membrane feed pressure 
passed from Aspen Plus via MSIN array that stores 

membrane input stream parameters   

Initial estimate for the Newton’s algorithm calculating the local 
permeate mole fraction of fast permeating component, A! 

  
Pressure and selectivity limited cases; if partial pressure of 

component A is bigger than its partial pressure in feed 
(yPa.PPERM>xFa.PFEED) then the separation is pressure 

limited and initial guess provided as yPa=XFa/r. 

Newton’s algorithm calculates 
permeate mole fraction of the fast 

permeating species, A  
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                              y1=yPa(n); 
                              y2=(x2*qB/qA)/(r*(qB/qA-1)+(x1/yPa(n))); 
                              y3=1-y2-y1; 
                              x3=1-x1-x2;  
 
                             IF ((1 >= y1) .AND.  (y1 >= 0) .AND.  
     +                           (1 >= y2) .AND.  (y2 >= 0) .AND. 
     +                           (1 >= y3) .AND.  (y3 >= 0)) THEN 
                                  EXIT 
                             END IF 
                          END IF 
           END DO 
 
      yPa=y1; 
 
C   Approximate for y gives approximate for derivative. 
      k1A =(qA*(x1-r*y1)-x1*(qA*(x1-r*y1)+qB*(x2-r*y2)+qC*(x3-r*y3)))/ 
     +         (f*(qA*(x1-r*y1)+qB*(x2-r*y2)+qC*(x3-r*y3))); 
 
      k1B =(qB*(x2-r*y2)-x2*(qA*(x1-r*y1)+qB*(x2-r*y2)+qC*(x3-r*y3)))/ 
     +         (f*(qA*(x1-r*y1)+qB*(x2-r*y2)+qC*(x3-r*y3))); 
 
C   Intermediate value (using k1). 
      m1A =x1-k1A*h/2;  
      m1B =x2-k1B*h/2;   
      m1C =1-m1A-m1B;   
 
C   Approx derivative at intermediate value. 
      k2A =(qA*(m1A-r*y1)-m1A* 
     +            (qA*(m1A-r*y1)+qB*(m1B-r*y2)+qC*(m1C-r*y3)))/ 
     +         (f*(qA*(m1A-r*y1)+qB*(m1B-r*y2)+qC*(m1C-r*y3))); 
 
      k2B =(qB*(m1B-r*y2)-m1B* 
     +            (qA*(m1A-r*y1)+qB*(m1B-r*y2)+qC*(m1C-r*y3)))/ 
     +         (f*(qA*(m1A-r*y1)+qB*(m1B-r*y2)+qC*(m1C-r*y3))); 
 
C   Intermediate value (using k2).     
      m2A =x1-k2A*h/2;  
      m2B =x2-k2B*h/2;   
      m2C =1-m2A-m2B;        
 
C   Another approximate derivative at intermediate value. 
      k3A =(qA*(m2A-r*y1)-m2A* 
     +            (qA*(m2A-r*y1)+qB*(m2B-r*y2)+qC*(m2C-r*y3)))/ 
     +         (f*(qA*(m2A-r*y1)+qB*(m2B-r*y2)+qC*(m2C-r*y3))); 
 
      k3B =(qB*(m2B-r*y2)-m2B* 
     +            (qA*(m2A-r*y1)+qB*(m2B-r*y2)+qC*(m2C-r*y3)))/ 
     +         (f*(qA*(m2A-r*y1)+qB*(m2B-r*y2)+qC*(m2C-r*y3))); 
 
C   Endpoint value (using k3). 
      m3A =x1-k3A*h;  
      m3B =x2-k3B*h;   
      m3C =1-m3A-m3B;       
 
C   Approximate derivative at endpoint value. 
      k4A =(qA*(m3A-r*y1)-m3A* 
     +            (qA*(m3A-r*y1)+qB*(m3B-r*y2)+qC*(m3C-r*y3)))/ 
     +         (f*(qA*(m3A-r*y1)+qB*(m3B-r*y2)+qC*(m3C-r*y3))); 
   
      k4B =(qB*(m3B-r*y2)-m3B* 
     +            (qA*(m3A-r*y1)+qB*(m3B-r*y2)+qC*(m3C-r*y3)))/ 
     +         (f*(qA*(m3A-r*y1)+qB*(m3B-r*y2)+qC*(m3C-r*y3))); 
 
C   Approximate solution for x1 and x2. 
      x1 =x1-(k1A+2*k2A+2*k3A+k4A)*h/6;  
      x2 =x2-(k1B+2*k2B+2*k3B+k4B)*h/6;  
       
C   Approximate solution for membrane area. 
      AREA=(AREA+(1/(qA*(x1-r*y1)+qB*(x2-r*y2)+qC*((1-x1-x2)-r*y3)))); 
 
C   Update f for the next differential element. 
      f=f-h; 
 
      END DO 
C -----------------Integration ends---------------------------     
 
C   Calculate final permeate molar composition 
      yO1 =(xFa-f*x1)/(1-f); 

Then calculate the mole 
fractions of other components 

in permeate stream  

4
TH

 ORDER RUNGE–KUTTA 
CALCULATIONS 

Update the initial guess for Newton’s algorithm that will 
be used to calculate YPa in the next differential element. 
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      yO2 =(xFb-f*x2)/(1-f); 
      yO3 =(xFc-f*(1-x1-x2))/(1-f); 
 
C   Calculate final membrane area and retentate composition of 3

rd
 component 

      AREA =AREA*h;  
      x3 =1-x2-x1; 
 
C --------------- Assume PERMEATE stream is first, switch if not. ---------- 
 
      IPERM = 1 
      IRET = 2 
      IF (IDSMO(1,1) .EQ. 'RETE') THEN  
      IPERM = 2 
      IRET = 1 
      END IF 
 
C --------------- Fill SOUT array for PERMEATE stream. --------------------- 
 
      SOUT (1, IPERM) = CUT * MSIN (NCOMP_NCC+1,1)* yO1 
      SOUT (2, IPERM) = CUT * MSIN (NCOMP_NCC+1,1)* yO2 
      SOUT (3, IPERM) = CUT * MSIN (NCOMP_NCC+1,1)* (1-yO1-yO2) 
      SOUT (4, IPERM) = SOUT (1,IPERM) + SOUT (2,IPERM) + SOUT (3,IPERM) 
      SOUT (5, IPERM) = MSIN (NCOMP_NCC+2,1)  
      SOUT (6, IPERM) = PPERM 
 
C ----- Fill SOUT array for RETENTATE stream using values from PERMEATE stream.------ 
 
      SOUT (1, IRET) = MSIN (1,1) - SOUT (1, IPERM)  
      SOUT (2, IRET) = MSIN (2,1) - SOUT (2, IPERM) 
      SOUT (3, IRET) = MSIN (3,1) - SOUT (3, IPERM) 
      SOUT (4, IRET) = SOUT (1, IRET) + SOUT (2, IRET)+ SOUT (3, IRET) 
      SOUT (5, IRET) = MSIN (NCOMP_NCC+2,1) 
      SOUT (6, IRET) = MSIN(NCOMP_NCC+3,1)  
 
C ----- Now set values of the variables designated as output parameters. ----------- 
 
        IERR = USRUTL_SET_REAL_PARAM('XRA', INDEX, x1) 
        IF (IERR .NE. 0) THEN 
            WRITE(USER_NHSTRY,*) 'ERROR STORING RET. MOL FRAC. COMP. A' 
            IFAIL = 1 
        END IF 
         
        IERR = USRUTL_SET_REAL_PARAM('XRB', INDEX, x2) 
        IF (IERR .NE. 0) THEN 
            WRITE(USER_NHSTRY,*) 'ERROR STORING RET. MOL FRAC. COMP. B' 
            IFAIL = 1 
        END IF 
         
        IERR = USRUTL_SET_REAL_PARAM('XRC', INDEX, x3) 
        IF (IERR .NE. 0) THEN 
            WRITE(USER_NHSTRY,*) 'ERROR STORING RET. MOL FRAC. COMP. C' 
            IFAIL = 1 
        END IF 
         
        IERR = USRUTL_SET_REAL_PARAM('YPA', INDEX, yO1) 
        IF (IERR .NE. 0) THEN 
            WRITE(USER_NHSTRY,*) 'ERROR STORING PER. MOL FRAC. COMP. A' 
            IFAIL = 1 
        END IF 
         
        IERR = USRUTL_SET_REAL_PARAM('YPB', INDEX, yO2) 
        IF (IERR .NE. 0) THEN 
            WRITE(USER_NHSTRY,*) 'ERROR STORING PER. MOL FRAC. COMP. B' 
            IFAIL = 1 
        END IF 
         
        IERR = USRUTL_SET_REAL_PARAM('YPC', INDEX, yO3) 
        IF (IERR .NE. 0) THEN 
            WRITE(USER_NHSTRY,*) 'ERROR STORING PER. MOL FRAC. COMP. C' 
            IFAIL = 1 
        END IF 
         
        IERR = USRUTL_SET_REAL_PARAM('AREA', INDEX, AREA) 
        IF (IERR .NE. 0) THEN 
            WRITE(USER_NHSTRY,*) 'ERROR STORING MEMBRANE AREA' 
            IFAIL = 1 
        END IF 
        RETURN 
        END 

IDSMO is an argument passed to subrotuine  
to make sure that the results are writtent back 

 to correct stream 
First topermeate stream then to retentate stream 

Fill the output array (SOUT), for 
example SOUT(1, IPERM) is the 

flowrate of component A in 
permeate stream 

NCOMP_NCC is the number of components in the 
feed, 3 in this case 

Molar flowrate of component A in retentate 
Molar flowrate of component B 
Molar flowrate of component C 

Total mole flow 

Stream temperature, unchanged! 
Stream pressure, unchanged! 
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 — Conference preceding A Appendix C 

Conference paper published in ESCAPE 2017 Proceedings is presented in this 

appendix.  

Ceylan, M., Jobson, M. & Smith, R. 2017. Membrane–cryogenic Distillation Hybrid 

Processes for Cost-effective Argon Production from Air. In: Espuña, A., Graells M. & 

Puigjaner L. (eds.) Computer Aided Chemical Engineering. Elsevier, 1117-1122 

.
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Centre for Process Integration,  School of Chemical Engineering and Analytical 

Science, The University of Manchester, Manchester, M13 9PL, United Kingdom 

merve.ceylan@manchester.ac.uk 

Abstract 

This work develops novel hybrid membrane–cryogenic distillation processes, wherein a 

membrane unit is integrated with a cryogenic distillation column for energy-efficient 

argon production from air. The potential of commercially available polymeric 

membranes is considered. The performance of hybrid flowsheets is analysed using 

rigorous simulation software integrated with a user-defined model of the membrane. 

Conventional cryogenic distillation and novel hybrid membrane–cryogenic distillation 

technologies are compared in terms of energy required per mole of argon produced. 

Results show that energy savings – around 3 % of equivalent power demand – can be 

obtained when the membrane is placed in parallel to the distillation column, and that the 

membrane is best placed close to the bottom of the distillation column. 

Keywords: cryogenic air separation, argon production, gas membrane separation, 

membrane–distillation hybrid. 

1. Introduction  

Argon, the third most abundant gas in air, is a useful noble gas which is used in several 

applications such as welding, semiconductor manufacture and light bulbs. Owing to 

rising demand in existing and new applications, the global argon market is projected to 

grow by 6.5 % per annum by 2020 (Research and Markets, 2016). Traditionally, argon 

is obtained by distillation of liquefied air into oxygen, nitrogen and argon at cryogenic 

temperature (Castle, 2002). Cryogenic air separation units, so called ASUs, comprise a 

material and energy integrated multicolumn distillation system for simultaneous 

recovery of oxygen, nitrogen and argon. High pressure liquefied air is first separated 

into oxygen and nitrogen in a double-column arrangement. In this arrangement, the first 

column, which operates at a higher pressure, separates air into nitrogen and oxygen-

enriched liquid air, while the second column, which operates at ambient pressure, 

further purifies that oxygen-enriched stream and produces pure nitrogen and oxygen. 

Oxygen at the bottom of the low-pressure column is vaporized by condensing the 

nitrogen vapour at the top of the high-pressure column in a shared reboiler–condenser, 

so no additional condenser and reboilers are required (Agrawal and Herron, 2000). 

Since the volatility of argon lies between that of oxygen and nitrogen and furthermore, 

it is closer to that of oxygen, the argon composition peaks in the lower section of the 

low-pressure column. A vapour stream, which typically contains 10 mol% argon and 90 

mol% O2 with ppm levels of N2, is withdrawn near that location and sent to the bottom 

of a thermally-coupled rectifier, known as the crude argon column, to recover argon. 

The oxygen content in the crude argon can be reduced to ppm levels at the top of this 

column solely by distillation when high efficiency structural packings are utilized 
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(Castle, 2002). However, separation of close-boiling oxygen and argon by distillation is 

more difficult than oxygen–nitrogen separation; a large number of equilibrium stages is 

needed, e.g. over 175 stages and the reflux rate is high, e.g. 0.96–0.98 of the overhead 

vapour (Agrawal and Herron, 2000). Energy costs of the process are high: power for 

compression is needed to facilitate low-temperature refrigeration in the column 

condenser. The operating costs associated with the ASU are dominated by power 

consumption, which accounts for more than half of the total production costs (Castle, 

2001). Therefore, improved processes are needed in industry that can further reduce the 

energy requirements of argon production. Recent years have seen growing interest in 

hybrid processes, such as membrane-assisted distillation as an alternative to 

conventional distillation (Kreis and Górak, 2003; Akinlabi et al., 2007). Membrane 

separations are relatively simple, compact and can offer low-energy solutions compared 

to distillation. Research on integration of membranes with distillation has shown it to be 

a successful strategy that can bring energy and cost savings (Wankat and Kostroski, 

2011). This paper explores and evaluates the potential of membrane-assisted cryogenic 

distillation processes for argon production from air considering the crude argon column. 

The performance of these hybrid processes is investigated using rigorous simulation.   

2. Models and methods 

Hybrid membrane–distillation processes can be implemented with various structures. In 

particular, when a membrane is placed parallel to a distillation column, there are many 

degrees of freedom related to the location of the membrane feed, permeate and retentate 

recycle streams. In this work, hybrid membrane–distillation processes are modelled in 

Aspen Plus simulation software. Further, the best locations for the feed and product 

streams of the membrane are determined using rigorous simulation studies. The 

configuration, its simulation and the key operational variables are summarized below. 

2.1 Membrane unit design 

The crossflow membrane model developed by Shindo et al. (1985) for multicomponent 

gas separation is selected for use in this study. This model is applicable to commercial 

module configurations, i.e. hollow-fibre and spiral-wound units; the model is 

convenient to apply in design studies since the module geometry (e.g. number and 

diameter of fibres) need not be specified. Transport of the gas molecules through the 

membrane is described by solution-diffusion theory (Shindo et al., 1985). The pressure 

drop on both sides of the membrane is neglected. Permeabilities are assumed to be 

independent of pressure and concentration. It is assumed that membrane operation is 

isothermal. For a given pressure ratio and defined membrane properties, the model 

calculates the permeate and retentate compositions and membrane area as a function of 

stage cut, , defined as the molar ratio of permeate flow to membrane feed flow. 

The membrane model forms a nonlinear system of differential and algebraic equations. 

In the case of negligible pressure drop, the crossflow model is an initial value problem 

that can be solved by appropriate numerical methods, such as fourth-order Runge Kutta. 

This work applies a robust, stable solution method based on those of Shindo et al. 

(1985) and Pan (1986). Membrane models are not available as standard units in 

commercial process simulation software, but can implemented as user-defined units. 

This work codes the model of Shindo et al. (1985) and associated solution methods in  

Fortran. Once embedded in Aspen Plus, the compiled subroutine enables simulation of 

hybrid membrane–distillation flowsheets. 
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2.2 Membranes for oxygen–argon separation 

Membranes offer low-cost solutions for small-scale production of O2-enriched air (25–

50 mol% O2) and pure N2, compared to other technologies (Koros and Mahajan, 2000). 

The permeation rates of air components through membrane are O2 ≫ Ar ≫ N2 for all 

types of materials. However, existing membranes do not have sufficient permeability 

and selectivity to attain high purity products with low energy consumption when 

separating oxygen–argon mixtures. Three types of membranes could be used for 

oxygen–argon separation: i) Polymeric membranes are state of the art membranes for 

gas separation; however oxygen–argon selectivity is relatively low. Typical selectivities 

obtained for polymeric materials are around 2.5 with moderate oxygen permeability 

(Haraya and Hwang, 1992). ii) Advanced membrane materials are demonstrating 

improved separation characteristics. For instance, ceramic-based membranes have 

infinite (100 %) oxygen selectivity and hence can attain desired argon purity; however, 

the membrane and associated energy costs are high as the ceramic membranes operate 

at elevated temperatures of 1070–1170 K (Hashim et al., 2010). iii) Carbon molecular 

sieves have high selectivity O2/Ar (~50 at ~108 K, 15 at ~173 K); their application to 

hybrid gas separations could be highly advantageous, compared to polymeric and 

ceramic-based membranes (Soffer et al., 1997).  

2.3 Cryogenic air separation 

The overall air separation process with argon recovery is a complex process, with 

material and energy exchange between columns. This study focuses on the crude argon 

column and membrane; for simplicity, the crude argon column is decoupled from the 

overall system. The column feed and conditions are treated as fixed. This work uses the 

Peng–Robinson equation of state and the rigorous column model RadFrac in Aspen 

Plus for simulation of oxygen–argon columns. A conventional column is simulated and 

evaluated to provide a basis for hybrid flowsheet development and a benchmark against 

which hybrid flowsheets are compared. The total number of stages in the distillation 

column is taken to be constant in all simulations. The crude argon column is a rectifier: 

the only energy required for distillation is provided in the column condenser. This 

energy represents the overall energy requirement of the conventional process.  

3. Simulation and Optimization 

The flow rate, pressure and composition of the feed to the crude argon column are 

assumed fixed: 100 kmol h
–1

 of saturated vapour at 1.3 bar contains 10 mol% Ar, 90 

mol% O2 and 10 ppm N2. These are typical values for the crude argon from the low-

pressure column of an industrial-scale double-column ASU. The argon vapour product 

is specified to contain 1 ppm O2, where the pressure at the top of the column is 1.2 bar. 

Reflux is provided by condensing argon vapour while evaporating oxygen-enriched 

liquid stream from the bottom of high pressure column in a reboiler–condenser placed 

on the top of the column. The energy required for refrigeration is provided by the main 

air compressor (MAC) of the ASU. For simplicity, it is assumed that 0.35 units of 

cryogenic cooling is equivalent to 1 unit of compression power (Agrawal et al., 1989).  

Figure 1 shows the two hybrid configurations that apply to the crude argon column. In 

the ‘top’ configuration, the membrane is used for final purification of argon-rich 

distillate. Producing high-purity argon with a membrane unit needs either a highly 

oxygen-selective membrane or operation of polymeric membranes with membrane stage 

cuts close to 1. In the latter, permeate is recycled to the column to increase overall argon
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recovery. This recycle arrangement has very high compression power demand and 

extremely large membrane surface areas. While ceramic membranes offer high 

selectivity to oxygen, their operating temperatures are not compatible with those of the 

column, so this option is discounted. 

 

In the ‘parallel’ hybrid configuration, a side stream is withdrawn from an intermediate 

stage of the crude argon column. It is compressed, warmed to a compatible temperature 

(303 K) and fed to the membrane. The oxygen-enriched permeate stream is cooled and 

returned to a column stage with a similar composition. The pressure of the argon-rich 

retentate is reduced by an expander before the retentate is cooled and returned to the 

column.  

In computer simulation of this configuration, a polymeric membrane with an assumed 

O2/Ar selectivity of 2.5 is used. The membrane feed is compressed to 13 bar and the 

permeate and retentate expander outlet pressures are selected so that both streams can 

be returned to suitable stages in the column. A multistage compressor with interstage 

cooling (cooling water at 303 K) is used for membrane feed compression. The 

isentropic and mechanical efficiencies of the compressor and expander are set to 80 % 

and 90 %, respectively. The retentate and permeate streams are cooled by the cold 

membrane feed stream (with a 3 K approach temperature). Additional cooling required 

for the permeate and retentate streams is provided by auxiliary coolers. Again, it is 

assumed that 0.35 units of cryogenic cooling is equivalent to 1 unit of compression 

power (Agrawal et al., 1989). The performance metric – incremental power consumed 

per mole of argon for the hybrid configuration – is that for membrane feed compression 

and retentate and permeate stream cooling less power generated by the expander. 

A key advantage of the parallel configuration is that the membrane feed composition 

and flow rate can be adjusted (by changing the draw stage and draw flow rate) so that 

the maximum benefit can be obtained. For fixed membrane properties, pressure ratio 

and feed composition, the performance of the membrane unit (i.e. separation factor) 

depends only on stage cut. The effects of membrane feed flow rate and stage cut on 

column condenser duty are therefore investigated by simulation for different membrane 

feed stage locations. The net energy increment per mole of argon produced is then 

determined. The equivalent power demand of heat removal in the condenser in the

Figure 1 Membrane–distillation process configurations: (a) Top hybrid; (b) Parallel hybrid 
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standalone unit is given by an assumed cooling-to-power ratio of 0.35 (Agrawal et al., 

1989). This specific power demand is compared with the net specific power demand in 

the hybrid process.  

4. Results and discussion 

Figure 2(a) shows the significant effect of the parallel membrane–distillation 

configuration on the column condenser duty. The reduction in the condenser duty is 

greatest when the membrane feed is withdrawn close to the column feed stage (i.e. close 

to the bottom of the column). This location and composition of the membrane feed 

corresponds to that where distillation is highly constrained by the low driving forces 

near the feed stage. When placed further up the column, this effect diminishes, and the 

membrane contributes little to the separation. However, the membrane separation factor 

is smaller close to the bottom of the column as the membrane feed is richer in the fast-

permeating species. Thus, the optimal stage for the membrane draw stream (NMF) is not 

the bottom stage. Figure 2(a) also shows that, for a fixed membrane feed flow rate (10 

or 50 kmol h
–1

), increasing the stage cut (from 0.1 to 0.5) increases the effect of the 

membrane, resulting in a lower column condenser duty. Furthermore, for the higher 

feed flow rate, the reduction in condenser duty is more substantial for a higher stage cut.  

Figure 2(b) shows that the parallel hybrid configuration can save energy (compression 

power demand per mole of argon produced), compared to standalone distillation. As 

expected, savings can only be achieved when the membrane draw is close to the bottom 

of the column (NMF < 130). On these stages, increasing the membrane feed rate 

decreases the overall power consumption most when the membrane operates at low cuts. 

For the four parallel hybrid cases shown, energy savings of up to 5.2 kWh kmol
1

 can 

be achieved, compared to standalone cryogenic distillation. 

                                          (a)                                                                                        (b) 

Figure 2 Effects of membrane feed flow rate and stage cut as a function of membrane  

feed side-draw location on: a) distillation condenser duty; b) overall energy savings.
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5. Conclusions 

A hybrid membrane–cryogenic distillation process for argon production from air is 

shown to offer potential energy savings. Rigorous simulations in Aspen Plus of the 

membrane and distillation processes allow evaluation of the performance of hybrid 

flowsheets. The results show that integration of a membrane can decrease the 

distillation condenser duty and power requirements per mole of argon produced. 

Savings are greatest when the membrane is placed close to the feed of the column while 

operating at a relatively high stage cut. Future work aims to explore potential benefits of 

the hybrid membrane–distillation process, accounting for other design degrees of 

freedom, other configurations, the overall air separation flowsheet, considering both 

capital and operating costs, and opportunities to reduce the number of stages in the 

distillation column. 
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High-purity argon is produced from air by cryogenic distillation; the process is energy intensive because of the 

similar volatilities of oxygen and argon. This work investigates the potential to reduce the energy consumption 

of argon production by using membrane-assisted distillation in the crude argon column of an air separation 

unit (ASU). Membrane-assisted distillation flowsheets are developed and simulated in Aspen Plus
®
. A 

customised model for the membrane separation is implemented in Aspen Plus as a user-defined unit. The 

built-in optimisation tool in Aspen Plus is used to optimise process operating conditions and the location of the 

membrane unit along the distillation column with the objective of minimising the overall power demand of the 

process. The performance of ambient polymeric membrane separations and low-temperature carbon 

molecular sieve membranes separations is evaluated. 

Detailed simulation and optimisation results show that membrane-assisted distillation offers considerable 

power savings when the membrane is placed in parallel to the distillation column. For both types of membrane 

material, the reduction in specific power demand (i.e. per unit of argon produced) is greatest when the 

membrane is placed close to the feed stage of the distillation column. A reduction in specific power demand of 

12 %, relative to conventional distillation, is found for commercially available polymeric membranes. The 

decrease in specific power demand would be even greater (up to 32 %), if carbon molecular sieve membranes 

operating at low temperatures could be used. 

1. Introduction 

Oxygen, nitrogen and argon are widely used commodity chemicals in the chemicals and other industries. 

Cryogenic air separation is the main technology for producing of large quantities of high-purity oxygen, 

nitrogen and argon in gaseous and liquid forms. Argon, comprising less than 1 mol% of air, is valued for its 

inert behaviour, and is used extensively in lighting applications, for welding and in semiconductor 

manufacturing (Agrawal et al., 1989). In cryogenic air separation units (ASU), liquefied air is separated into 

oxygen, nitrogen and argon by distillation. Although the raw material, air, is free, its separation by distillation is 

highly capital and energy intensive. In particular, the 3°C difference in the normal boiling points of oxygen and 

argon makes it very difficult to separate argon from air by conventional distillation.   

Approaches to reduce the capital and operating costs associated with ASUs can broadly be classified as 

those that modify the process with and without changing the process configuration. Common examples for the 

latter approach are: a) replacement of sieve trays with advanced structured packings; (b) use of advanced 

machinery (e.g. highly efficient compressors and expanders); c) use of enhanced heat exchangers with very 

low temperature driving forces (Castle, 2002). Approaches that make structural changes include: a) adding 

intermediate reboilers to distillation columns (Fu and Gundersen, 2012); b) introducing advanced integrated 

heat recovery options to reduce energy consumption, e.g. using a heat engine to recover waste heat from the 

compressor (Aneke and Wang, 2015) or applying self-heat recuperation, and thus eliminating the condenser–

reboiler in the ASU (Fu et al., 2014). Another approach, with great potential for separating close-boiling 

components oxygen and argon, is membrane-assisted distillation. The synergistic effects of membrane-

assisted distillation, compared to its conventional counterpart, have been investigated in numerous theoretical 

and experimental studies, mainly for close-boiling and azeotropic mixtures (Etoumi et al., 2014; Wankat and 
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Kostroski, 2010). These studies have shown that the integrated (also known as ‘hybrid’) arrangement can 

bring substantial operating and investment cost savings, relative to conventional distillation. Etoumi et al. 

(2014) developed a systematic approach for synthesis and optimisation of membrane-assisted distillation 

schemes for close-boiling ethane–ethylene mixtures and found that the total operating cost of configuration 

with the membrane operating in parallel with the column is 11 % less than that of the stand-alone distillation 

process. Wankat and Kostroski (2010) studied a serial configuration for air separation units producing oxygen, 

where the membrane is used to pre-concentrate oxygen in the air to reduce the equipment size and energy 

consumption of the process. They have found that the membrane-assisted process applying carbon molecular 

sieve membranes requires less power per unit of oxygen, compared to cryogenic distillation alone, and has 

potential to increase production capacity to meet peak oxygen requirements. Although membrane gas 

separation is a relatively immature technology, it has been demonstrated to be a viable alternative to 

conventional distillation in a number of large scale applications such as hydrogen recovery and nitrogen 

production, bringing benefits related to its lower energy consumption, compactness and flexibility (Koros and 

Mahajan, 2000). Despite these advantages, the potential of membranes for gas separation has not been fully 

realised in industrial practice, mainly due to lack of membrane materials with high fluxes and long life-times 

(Koros and Mahajan, 2000). It is anticipated that recent progress in the development of high-performance 

membrane materials, will overcome these barriers and that membrane-assisted distillation processes will 

become more widely applied industrially (Ploegmakers et al., 2013). 

The aim of this study is to evaluate the performance of membrane-assisted distillation for argon production 

from an air separation unit, compared to conventional cryogenic distillation. Evaluation of the overall ASU is 

highly complex because of the intense process integration; therefore the problem is decomposed to consider 

only the units separating argon from an argon-enriched side-draw from the low pressure column of the ASU. 

This paper explores membrane-assisted flowsheet variants through modelling, simulation and optimisation in 

Aspen Plus to identify the best process structure and operating conditions. Since energy costs are the 

dominant cost for air separation units, the specific power demand of the process (per unit of argon produced) 

is used as the performance indicator. Two promising classes of membrane materials identified through an 

extensive literature review – polymeric and carbon molecular sieve membranes – are considered in this study. 

The impact of membrane properties on performance is also investigated, to guide future research and 

development of tailored membrane materials.  

2. Process overview 

Conventionally, air is separated into nitrogen and oxygen by distillation in a double-effect column with heat 

exchange in an integrated condenser–reboiler. A fraction of argon-rich vapour in the low-pressure column is 

withdrawn and fed to an argon column to recover high purity argon. The argon-rich feed typically contains 10 

mol% argon, ppm levels of nitrogen and oxygen. In the argon column, the relatively volatile argon is 

concentrated at the top of the column, while the oxygen concentrates at the bottom. The column condenser is 

cooled by the liquid stream leaving the base of the high-pressure column of the double-effect column (Agrawal 

and Herron, 2000).  

This study uses membrane materials reported in the open literature and patents, and selects promising 

materials, based on their reported selectivity and permeability performance, operating conditions and technical 

maturity. The two types of materials selected are polymeric membranes that must operate at ambient 

temperatures (to avoid freezing) and carbon molecular sieve (CMS) membranes that can operate at low 

temperatures. The first type includes commercial polymeric materials that show moderate or low permeability 

with low selectivity for oxygen over argon (Haraya and Hwang, 1992). As polymeric membranes are widely 

used in industry for gas separations, including for oxygen–nitrogen separation, they are considered in this 

study. A disadvantage of using polymeric materials is that process streams to and from the membrane require 

heating and recooling. By contrast, the selectivity of CMS membranes actually improves at lower 

temperatures; for instance, the O2/Ar selectivity of a CMS membrane is 5.5 at 28 °C and 50 at –169 °C (Soffer 

et al., 1997), compared to 2.5 for a polymeric membrane at ambient temperature (Haraya and Hwang, 1992).  

A distillation column and membrane separation unit can be combined in numerous ways which can be broadly 

classified according to the position of the membrane along the column; these are known as top, bottom, 

parallel and sequential configurations (Kreis and Górak, 2003).  

This study investigates the parallel configuration (Figure 1) where a side-stream from the column feeds the 

membrane and membrane product streams – retentate and permeate – are returned to the column. For close-

boiling mixtures such as oxygen and argon, the parallel configuration has shown good potential for 

performance improvements (Kreis and Górak, 2003) and the membrane is not required to produce a high-

purity product. The parallel hybrid configuration also offers good flexibility for design, compared to other 

configurations, and has a relatively large range of operating conditions for the membrane and distillation units. 
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Screening such a wide design space to identify energy-efficient solutions is a challenging task; therefore this 

work presents a systematic approach to evaluate alternative designs.   

 

Figure 1: Process flowsheet for membrane-assisted distillation process with (a) ambient temperature 

polymeric membranes (b) low temperature carbon molecular sieve membranes.  

3. Modelling and Optimisation Methodology 

In this study, membrane-assisted cryogenic distillation flowsheets are modelled and systematically evaluated 

using rigorous process models in Aspen Plus. Peng Robinson equation of state is used to calculate the 

physical properties of the air. The optimisation tool in Aspen Plus is used to optimise the operating conditions 

(continuous variables) for each user-defined set of membrane and column feed locations; this approach 

provides consistency in the evaluation of flowsheet variants while selecting the best locations for the 

membrane and column feed. The simulation and optimisation framework is presented in Figure 2. First, the 

stand-alone argon column, which is later used in membrane-assisted flowsheet variants, is designed using 

RadFrac distillation model and evaluated, to provide a benchmark. The number of theoretical stages in the 

column is kept constant in all simulations. To allow design and simulation of the membrane separation, a 

tailored membrane simulation subroutine applies the model of Shindo et al. (1985) for multicomponent 

crossflow permeation. The model equations and solution algorithm, described by Ceylan et al. (2017), are 

embedded in a Fortran subroutine that is linked to Aspen Plus. The temperature-dependence of carbon 

molecular sieve membrane selectivity is represented in this model using a non-linear correlation regressed 

from published data. 

The flowsheets with polymeric and CMS membranes (illustrated in Figure 1) differ due to their different 

membrane operating temperatures. For polymeric membranes, a multistream heat exchanger (MHEX in 

Figure 1) before the compressor preheats the membrane feed while cooling the membrane products; the 

compressed feed is then cooled to ambient temperature using cooling water (not shown in Figure 1a). The 

retentate stream is expanded, generating power for refrigeration, before being returned to the column. For 

CMS membranes, as shown in Figure 1b, the membrane feed is compressed and then cooled, to maintain the 

desired low temperature. Again, the pressure of the retentate needs to be reduced to before it is returned to 

the column. However, liquid would form in an expander, so an isenthalpic expansion valve is used instead.  

To simplify the analysis, the argon column subsystem is evaluated; however, decoupling the argon column 

from the ASU means that the total compression power demand of overall system cannot be evaluated 

explicitly. Therefore, this work, following Agrawal et al. (1989), assumes that 1 W of compression power 

produces 0.35 W of cooling at the column condenser temperature (–184 °C). The total power demand of the 

membrane-assisted flowsheet is then calculated by Eq. (1), when polymeric membranes are used, and by Eq. 

(2) when CMS membranes are used: 

WTotal = WCond + WComp −  WExp (1) 

WTotal = WCond + WComp + WCool (2) 

                           (a)                                                                       (b)                                 
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where WCond  is the equivalent power demand of the column condenser, WComp  is the membrane feed 

compressor power demand, WExp  is the power generated by the retentate expander and WCool  is the 

equivalent power demand of the membrane feed cooler.  

The operating variables to be optimised for the flowsheets shown in Figure 1 are the membrane feed flow rate, 

transmembrane pressure ratio and membrane stage cut. There are also four structural degrees of freedom, 

namely the locations of three feeds to the column (including the membrane products) and the stage from 

which the membrane feed is withdrawn. The influence of operational and structural parameters on the total 

power demand was investigated with preliminary sensitivity analyses, results for which are not presented. 

These sensitivity analyses showed that increasing the pressure ratio, increases the total power demand but 

reduces membrane area requirements, implying a trade-off between capital and operating costs. As this study 

focuses on energy demand, the pressure ratio is excluded from the optimisation, but selected through 

parametric studies.  

The optimisation problem is solved using the built-in non-linear optimisation tool in Aspen Plus, using 

sequential quadratic programming. The objective is to minimise total specific power demand; the objective 

function is coded in Fortran (within the optimisation tool). As the non-linear solver cannot optimise discrete 

variables, the feed and draw locations – column feed stage (SC), side draw stage (SM), and retentate and 

permeate return stages (SR and SP) – are specified, and the optimisation is run for each set of specifications. 

The purity of the argon product is specified directly in Aspen Plus (rather than within the optimisation problem), 

where the reflux ratio is the manipulated variable. The constrained optimisation problem is represented by: 

min.     f (θ, FMEM ) = 
 WTotal 

FAR

  (3) 

s.t.       Purity
O2 < 1 ppm in distillate          (4) 

           θL  ≤  θ  ≤ θU          (5) 

          (F
MEM

)
L
  ≤ FMEM  ≤  (FMEM

)
U
   (6) 

where θ  is the membrane stage cut (U and L are upper and lower bounds, respectively), FMEM  is the 

membrane feed molar flow rate. 

4. Case study and results  

The methodology above is applied to a crude argon column of a typical ASU producing steel grade argon 

(<1 ppm O2). The vapour-phase column feed composition is 90 mol% oxygen, 10 mol% argon, 10 ppm N2. 

The column bottom and top pressures are 1.3 and 1.2 bar, respectively. The pressure ratio across the 

membrane is 10 and the permeate pressure is 1.3 bar. The distillation column has 150 theoretical stages. The 

isentropic and mechanical efficiencies of compressor and expander are 80 % and 90 %, respectively; the 

minimum temperature approach in heat exchangers is 3 C; the compressor has 4 stages of equal pressure 

ratio, with interstage cooling to 31 C using cooling water. 

Figure 2: Simulation and optimisation framework membrane-assisted distillation flowsheets.  
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4.1 Polymeric membrane-assisted distillation 

The flowsheet structure shown in Figure 1a, with a single stage membrane unit operating at 30 C, is 

optimised for four hypothetical polymeric membranes, with selectivities () ranging from 2.5 to 20, covering 

the range reported for commercially available polymeric membranes. For each membrane and each set of 

locations of feed and draw streams, the stage cut and membrane feed flow rate are optimised. The best 

location of the membrane is found to be close to the column feed stage, irrespective of the selectivity (results 

are not shown here) and the highest savings are achieved when the composition of the permeate and 

retentate feed stages and the corresponding streams are similar.  

As shown in Table 1, due to synergy between the membrane unit and distillation column, the membrane-

assisted process recovers more argon and has a lower specific power demand than the stand-alone column. 

For the same amount of argon product as a stand-alone column, less column feed has to be processed due to 

higher argon recovery. With a polymeric membrane with low selectivity ( = 2.5), the power demand can be 

reduced by 12 %. For membranes with higher selectivity, further reductions in power demand are obtained: 

savings increase from 12 % to 24 % when the selectivity doubles from 2.5 to 5, but further increases in 

selectivity yield lower additional benefits. Due to the inverse relationship between permeability and selectivity 

for polymeric materials, membrane area increases significantly with increasing selectivity. The membrane 

areas shown in Table 1 are calculated using data available for two polymeric materials with O2/Ar selectivities 

of 2.4 (PPO: poly(2,6-dimethyl-1,4-phenylene oxide) and 18 (cellulose nitrate) and permeabilities of 11.4 and 

1.95 barrer, respectively (Haraya and Hwang, 1992). These results imply that a moderately selective 

membrane might be more cost effective than a highly selective one when the cost of the membrane unit is 

taken into account.  

4.2 Carbon molecular sieve membrane-assisted distillation 

The same methodology is applied to the CMS membrane-assisted flowsheet shown in Figure 1b. The effect of 

the temperature dependence of the selectivity of the CMS membrane is explored through parametric studies. 

The experimental data of Soffer et al. (1997) are used to regress non-linear correlations for the selectivity and 

permeability with temperature (not presented here). 

As the operating temperature of the membrane approaches that of the column draw stage (–180 °C), the 

membrane selectivity increases, argon recovery increases and specific power demand for column condenser 

decreases. However, the compression power demand associated with the membrane feed cooler increases 

as the membrane temperature decreases. Therefore, there is an optimum operating temperature for the CMS 

membrane. Savings are greatest when the CMS membrane with a selectivity of 23 is operated at –120 °C. 

Compared to the stand-alone column, the argon recovery increases by 98 % and the specific power demand 

decreases by 32 %. As for polymeric membranes, the best location for the membrane is close to the column 

feed stage. 

Table 1: Optimisation results for polymeric membranes with selectivities of 2.5–20 and CMS membrane.  

Type Polymeric membrane  CMS 

Selectivity,  2.5 5 10 20  23 

Membrane operating temperature (°C) 30 30 30 30  –120 

Membrane stage cut (θ) 0.73 0.81 0.84 0.88  0.91 

Relative membrane feed flow rate
 a
 0.43 0.39 0.37 0.41  0.64 

Area
 b
 1.0 – – 8.4  1.1 

       

Relative column feed flow rate
 c
 0.75 0.68 0.65 0.61  0.50 

Increase in argon recovery (%)
 c
 34 % 46 % 54 % 64 %  98 % 

Specific power savings (%) 
c
 12 % 21 % 25 % 28 %  32 % 

a 
Membrane feed flow relative to column feed flow.  

b 
Membrane area is relative to that for a polymeric membrane with a selectivity of 2.5. 

c 
Flow rate, recovery and power savings are relative to the stand-alone distillation column. 

4.3 Comparison of membrane types 

As can be seen in Table 1, the highest specific power savings (32 %) are achieved with low temperature 

operation of CMS membrane-assisted distillation. The performance of a highly selective ( = 20) polymeric 

membrane is similar in terms of power savings (28 %), even though the heating and cooling is needed to 

operate the membrane at ambient temperature. However, as shown in Table 1, the selectivity and 

permeability trade-off that applies to polymeric materials implies an 8-fold increase in membrane area, rather 
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than a 10 % increase for the CMS membrane. Therefore, it can be concluded that emerging CMS membranes 

are very promising for membrane-assisted distillation for argon production. To date, CMS membranes suffer 

from poor mechanical properties and are not yet commercialised (Li et al., 2011).  Polymeric membranes, 

which are more mature and cheaper, also offer significant energy benefits, especially if further research and 

development can enhance their permeability, and thus decrease their area requirements. It is also noted that, 

for new design of membrane-assisted distillation processes, the capital cost of the argon column could be 

significantly reduced, because less feed would need to be separated for a given argon production rate.  

5. Conclusions 

This study evaluated a parallel configuration of membrane-assisted distillation for energy-efficient production 

of argon from air. A systematic approach is used to the best location for the membrane along the column and 

to optimise the operating conditions using Aspen Plus. The results show that specific power demand (i.e. per 

unit of argon) can be reduced, compared to conventional distillation, by 28 to 32 % using highly selective 

polymeric membranes or carbon molecular sieve membranes. Further work aims to explore the integrated 

flowsheet more fully and to develop an approach for new design of membrane-assisted distillation, considering 

the number of stages in the distillation column and additional energy integration opportunities within the ASU.  
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 — Membrane modelling: further investigations and Appendix E 

validation 

E.1 Testing the stability of numerical solution methods 

Two complementary cases are presented below regarding the analysis of 

numerical stability of the proposed solution techniques at operating conditions that 

give rise to stiff systems of differential equations, which is when the most permeating 

component (NH3) decays much more rapidly than the others. Different combinations 

of stage cut, pressure ratio, membrane selectivity and feed composition that resulted 

in complete removal of NH3 from the membrane feed stream are considered. The 

importance of the step size for the RK4 method can be clearly seen from the results 

presented in Table E–1 and Table E–2. Convergence can be achieved when the RK4 

takes steps smaller than 10–5. The results and simulation times with RK4 and ODE15s 

methods are quite comparable. 

Overall, additional case studies, Case 3 and 4, support the discussions presented 

in Section 3.3.3.3(a) and demonstrate the stability of the proposed solution technique 

for the crossflow membrane model. 

Table E–1 Effect of 4th-order Runge–Kutta step size on model predictions for Case 3a. 

 

Table E–2 Effect of 4th-order Runge–Kutta step size on model predictions for Case 4a. 

 

 Fourth Order Runge-Kutta ODE15s 

Step size 10–2 10–3 10–4 10–5 10–6 – 

No of increments 5x101 5x102 5x103 5x104 5x105 – 

Components Retentate mole fractions & membrane area  

NH3 -0.5735   4.3x10–9  9.9x10–10 8.5x10–10 8.3x10–10    8.3x10–10 

H2 0.4141 0.2632 0.2632 0.2632 0.2632 0.2632 

N2 1.1594 0.7368 0.7368 0.7368 0.7368 0.7368 

Area 45.367 47.882 47.838 47.834 47.833 47.833 

Elapsed time, (s) 0.047 0.059 0.124 0.411 3.33 0.467 
aRun conditions: stage cut, 𝜃 = 0.91 and pressure ratio 𝑟 = 10, selectivity 𝑎 = 50. Feed 
compositions: NH3 = 0.05, H2 = 0.25, N2 = 0.70. 

 Fourth Order Runge-Kutta ODE15s 

Step size 10–2 10–3 10–4 10–5 10–6 – 

No of increments 5x101 5x102 5x103 5x104 5x105 – 

Components Retentate mole fractions & membrane area  

NH3 3.5x10–4 4.0x10–10 1.2x10–10 1.0x10–10 9.8x10–11 9.8x10–11 

H2 5.7x10–4 1.8x10–4 1.5x10–4 1.5x10–4 1.5x10–4 1.5x10–4 

N2 0.9908 0.9998 0.9998 0.9998 0.9998 0.9998 

Area 5.8477 5.8197 5.8168 5.8165 5.8165 5.8165 

Elapsed time, (s) 0.045 0.054 0.106 0.45 3.33 0.32 
aRun conditions: stage cut, 𝜃 = 0.98 and pressure ratio 𝑟 = 20. Feed composition and 
permeances as given in Table 3.1. 
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E.2 Validation of the membrane model  

Figure E–1 compares the experimental and modelling data of Kaldis et al. (2000) 

with the values predicted by the crossflow and countercurrent model used in this 

study. Information regarding the feed composition and the operating conditions are 

presented in Section 3.3.4.2(a). 

 

 

Figure E–1 Comparison of crossflow and countercurrent model predictions with 
experimental and simulation data by Kaldis et al. (2000) for hydrogen 
recovery: effect of stage cut on (a) retentate and; (b) permeate molar 
composition. 
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Figure E–2 compares the experimental data of Feng et al. (2000) for bore- and 

feed-side countercurrent operation with the values predicted by the crossflow and 

countercurrent model used in this study. Oxygen and nitrogen recoveries are 

compared. Information regarding the feed composition and the operating conditions 

are presented in Section 3.3.4.3(a). 

 

Figure E–2 Comparison of crossflow and countercurrent model predictions with 
experimental data for air separation for bore- and feed-side operation: 
effect of stage cut on (a) nitrogen recovery and; (b) oxygen recovery. 
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 — Modelling of physical properties of air  Appendix F 

This appendix presents the investigations carried out to identify the most suitable 

physical property method for prediction of VLE properties of air mixtures. 

Acronyms:  

 

Subscripts: 

 

 

 

 

 

 

 

a Attractive term in Peng-Robinson equation of state 
b Repulsive term in Peng-Robinson equation of state 
CAC Crude argon column 
EOSs Equations of state 
GERG European Gas Research Group 
HPC High pressure column 
LPC Low pressure column 

kij
(1)

 Binary interaction parameter in Peng-Robinson 

MAD Mean absolute deviation 
MBD Mean bias deviation 
N Number of available data points in an experimental data set 
n/a Not applicable / no answer 
p Pressure, bar 
PR Peng-Robinson 
PR-BM Peng-Robinson with Boston-Mathias alpha function 
ps Saturated vapour pressure 
pVT Pressure, volume and temperature 
R Ideal gas constant ≈ 8.314 J/mol·K 
RMSD Root mean squared deviation 
s Any property calculated (i.e. composition) 
SDV Standard deviation 
SRK Soave-Redlich-Kwong 
T Temperature, K 
Tr Reduced temperature 
VLE Vapour–liquid equilibrium 
Vm Molar volume 
yAr Mole fraction of argon in vapour phase 
yN2 Mole fraction of nitrogen in vapour phase 
xAr Mole fraction of argon in liquid phase 
xN2 Mole fraction of nitrogen in liquid phase 
αA/B Relative volatility (the ratio of volatility of component A to 

component B) 

 

Ar argon 
calc calculated values 
exp experimental data 
N2 nitrogen 
O2 oxygen 
i,j used for component indication 
s saturated 
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F. Modelling of physical properties of air  

When building a process model (and implementing it in a process simulation 

software), choosing the most appropriate property method (also referred to as 

‘property package’) for estimation of the properties of mixtures and pure components 

over the process conditions is an important step. The accuracy of the simulation 

results highly depends on the accuracy of the physical property models. A physical 

property model is a set of equations to predict several thermodynamic and transport 

properties of fluids. A large number of property models are available in Aspen Plus, 

together with the interaction parameters and mixing rules that are used for estimating 

properties of mixtures. In addition, Aspen Plus allows users to estimate those 

parameters, e.g. for cases in which certain predicted properties do not fit with the 

experimental data, to allow more realistic simulation results. 

Therefore, in this study, before modelling the process flowsheets (air separation 

units), four different thermodynamic property models that are most suitable to the 

components involved at the conditions relevant to the process of interest were 

examined to identify the most accurate model for the prediction of physical properties. 

F.1. Vapour–Liquid equilibrium properties 

When simulating distillation of air, it is imperative to ensure that the vapour–liquid 

equilibrium (VLE) compositions and vapour pressures of oxygen, nitrogen and argon 

are being estimated appropriately. There are two main types of physical property 

models: the activity coefficient models and the equation of state (EOS) models for 

predicting equilibrium behaviour. The choice between these two models depends on 

the degree of non-ideality of the mixture and the system operating conditions. EOS 

describes the pVT (pressure, volume and temperature) relationship of pure 

components and their mixtures [37] and is suitable for accurately predicting VLE 

properties of ideal or slightly non-ideal mixtures for over a wide range of operating 

conditions [38]. Activity coefficient models, on the other hand, are used for liquid-

phase modelling and can accurately predict the VLE behaviour of fluids with high 

liquid phase non-ideality [37]. 

Non-ideal behaviour is often characterised by the strong intermolecular 

interactions and typical for mixtures containing molecules of dissimilar size, shape 

and polarity. Diatomic oxygen, diatomic nitrogen and monoatomic argon are non-polar 

molecules with similar sizes and physical properties [8]. As a result, their mixtures 

have weak intermolecular interactions and exhibit almost ideal behaviour, thus making 

EOSs more appropriate for phase-equilibrium computations for the mixtures of major 

air components.  
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The most widely-used equations of states are known as the cubic EOSs as they 

can be expressed as a cubic polynomial function in molar volume. Owing to their 

simplicity in use and good accuracy in predicting over a wide range of temperatures 

and pressures, the cubic EOSs are widely used in engineering calculations [39]. 

Peng–Robinson (PR) and Soave–Redlich–Kwong (SRK) are the two most well-

established cubic equations of state, with a large number of successful derivatives 

and extensions based on their original formulation. In general, PR and SRK equations 

of state are capable of accurately representing light-gas systems [38], and hence can 

be used for predicting the VLE behaviour of mixtures of main air components. Both 

models are, therefore, included in the analysis. 

A modified version of PR, PR–BM (Peng–Robinson equation of state with the 

Boston–Mathias alpha-function) is also included for the evaluation following the work 

of Belaissaoui et al. (2014) [40] who used PR–BM in air separation unit simulations. 

The alpha-function of a cubic EOS describes the relationship between the 

temperature and energy parameter [41] (i.e. attractive term). The standard PR alpha-

function has limited capability representing the systems of light gases and gives 

inaccurate results at reduced temperatures higher than 5 [38]. Alternative forms of 

alpha functions with improved accuracy exist [41], prominent amongst which is the 

Boston–Mathias alpha-function. At the temperatures above the critical temperature, 

Boston–Mathias alpha function yields more realistic results for light-gas systems. The 

standard PR with Boston–Mathias alpha function is available in Aspen Plus property 

methods under the name of ‘PR–BM’. Only VLE properties are evaluated here, and 

hence the analysis is restricted to subcritical conditions. Yet still, the PR–BM is 

included in the evaluations; the rationale for this decision is explained in Section F.1.1. 

Apart from these three traditional cubic EOSs, a relatively new but potentially 

promising alternative, the GERG-2008 [42], which is identified through literature 

survey, is also included in this analysis. The model has been reported to achieve a 

very accurate description of the VLE properties of binary mixtures of air components 

[43]. The GERG-2008 is originally developed for natural gas components, including 

oxygen, nitrogen and argon, the main components of air. It belongs to a comparatively 

recent class of EOSs known as multi-fluid mixture models that are explicit in 

Helmholtz free energy as oppose to traditional EOSs which are explicit in pressure 

(such as Peng–Robinson). Details regarding the derivation of the standard GERG 

(GERG-2004) EOS can be found in [43]. 

Note that, only EOSs that are available in Aspen Plus property methods are 

selected for investigation in this study. There are other EOSs that are explicitly 

developed for mixtures of oxygen, nitrogen and argon such as the formulation of 
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Lemmon et al. (2000) [44]. Technology providers often utilise their own proprietary 

EOS that are developed by modifications of expressions of widely-known EOSs, such 

as PR. However, such models are not easily accessible as they are not available in 

Aspen Plus, restricting their use in this study. 

After having identified four candidate models, PR, PR–BM, SRK and GERG-2008, 

predicted VLE behaviour is compared to experimental binary data reported in the 

open literature to assess the accuracy of the models for describing VLE behaviour of 

binary mixtures of air components. The model predictions are generated using Aspen 

Plus property analysis tool. The equilibrium properties (vapour pressures and vapour 

mole fractions) are calculated for given liquid mole fractions of the more volatile 

component at fixed temperatures for both isobaric and isothermal data sets. 

In air separation units, as described in Chapter 4, the feeds to HPC and CAC of 

ASU are almost binary mixtures of oxygen–nitrogen and oxygen–argon, respectively. 

In LPC, only in the stages above the CAC feed stage, separation of a ternary mixture 

of oxygen–nitrogen–argon is affected while below that location in the column, the 

separation transforms into binary oxygen–argon separation. For simplicity, and 

because it is plausible in the light of the above-described characteristics, only 

oxygen–nitrogen and oxygen–argon binary pairs are taken into consideration in this 

study. 

The operating pressure of the distillation columns separating air into oxygen and 

nitrogen depends on the configuration of the air separation plant and the desired 

product pressures, typically ranging from just above the atmospheric pressure to 

around 10 bar. Table F–1 shows examples of column operating pressures for different 

air separation units. Therefore, the experimental data sets covering these ranges are 

selected and used for evaluation of candidate equations of states. 

Table F–1 Column operating pressures of different air separation units [45]. 

 

VLE measurements are available for the proposed systems in the open literature. 

The collected experimental data covers the operating ranges relevant to air 

separation units; for oxygen–argon, temperatures ranging from 87 K to 95 K and 

pressures up to 2.1 kPa, whilst for oxygen–nitrogen, temperatures ranging from 78 K 

to 118 K and pressures up to 10 kPa. All of the data were taken from the DETHERM 

database. The data sets used in this work can be found in Appendix F.2. 

 
 

Nitrogen 
generator 

Double column 
nitrogen generator 

Oxygen 
generator 

High pressure column 9.1 bar 9.1 bar 5.2 bar 

Low pressure column — 3.1 bar 1.3 bar 

Crude argon column — — 1.1 – 1.5 bar 
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Obviously, when testing the accuracy of the property models, the quality of the 

experimental data is of significant importance. The validity of the comparison results 

closely depends on the quality of the experimental data used for comparison. Initially, 

the experimental measurements are screened for possible typographical errors, 

unfeasible trends and abnormal distribution of the data points. The accuracy of a 

dataset is also assessed by comparing with other sets measured at the same 

conditions. Any ambiguous data and extreme outliers are eliminated from the analysis. 

Txy and pxy diagrams for some of the selected experimental data sets are presented 

in Appendix F.3 for demonstration purposes. 

In general, data available for pTxy relation is of comparatively poor quality than 

other thermophysical property data [43]. This is because, in VLE measurements, 

equilibrium temperature, pressure and compositions are measured simultaneously, 

leading to a relatively high uncertainty compared to single property measurements. In 

particular, the dew point composition measurements exhibit an increased uncertainty 

due to difficulties associated with taking the vapour samples from the apparatus. 

Both graphical and statistical comparisons are made between the experimental 

results and predictions of the respective EOSs. Percentage deviations are plotted to 

allow graphical comparison. In addition, a detailed statistical comparison is performed 

to estimate the overall accuracy of each model (see Tables F.1–1 and F.1–2). 

Detailed information about the statistical parameters used and formulas for calculation 

of these parameters are given in Appendix F.1. 

F.1.1 Oxygen–Argon gas pair 

In the air separation process, oxygen and argon are separated in the CAC 

operating slightly above atmospheric pressure, around 1.15–1.5 bar [45]. Table F–2 

lists the data sets and the pressure, temperature and composition ranges used in this 

study for evaluation of EOSs for the oxygen–argon gas pair. 

Table F–2 Summary of VLE data used for evaluation of selected EOSs for oxygen–
argon binary mixture. 

 

a Mole fraction of argon in the saturated liquid phase. 

Authors Number of  
data points  

Temperature 
T/K 

Pressure 
 p/bar 

Compositiona 
x 

Clark et al. (1954) 9 90 1.0 – 1.3 0.10 – 0.90 

Fastovskii & Petrovskii (1955) 10 89 – 92 1.2       0 – 0.90 

Narinskii (1957) 13 91 1.0 – 1.4 0.05 – 0.96 

Burn & Din (1962) 9 88 – 93 0.9 – 1.4 0.20 – 0.79 

Wilson et al. (1964) 11 87 – 90 1.0 0.01 – 0.97 

Yorizane et al. (1978) 9 89 – 91 1.0 – 1.2 0.03 – 0.14 
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Figure F–1 displays the deviations between selected experimental pTxy data 

(vapour phase compositions) for the oxygen–argon pair at temperatures of 87–95 K 

and values predicted by the selected equations of state. A high majority of the 

selected experimental vapour phase compositions are well presented by PR–BM, PR 

and GERG-2008 within ±(1–2)%, whereas relatively larger deviations are obtained 

from the SRK ±(2–4)%. 

The deviations are not scattered around zero along with the range of xAr and show 

curves with similar trends, which indicates the systematic dispersion (systematic bias) 

of model predictions from the experimental data. In general, higher deviations are 

observed at smaller xAr. All models except SRK predict the vapour composition at high 

xAr with good accuracy. Evidently, SRK under predicts at low xAr and overpredicts at 

high xAr. Such large systematic biases are significant and should be avoided in 

simulation studies. 

 

Figure F–1 Deviation of selected experimental argon mole fraction in vapour for 

oxygen–argon mixture by the selected EOSs. Δ𝑦Ar = 𝑦Ar, exp – 𝑦Ar, calc.  

According to the information in Aspen Plus manual [38], the PR–BM method uses 

the standard alpha function at subcritical temperatures and BM alpha function at 

above critical temperatures (i.e. Tr < 1). Since the analysis here is restricted to 

subcritical conditions, it would have been expected that PR–BM would have yielded 
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the same results as the PR model. However, surprisingly it has been found that this is 

not the case; PR–BM gives slightly different—in most cases better—predictions than 

the PR. This can be better seen from the statistical parameters in Table F.1–1. The 

answer to the question as to why there is a difference between the PR and PR–BM 

predictions is not apperant the author of the thesis. The answer has been sought in 

Aspen Plus user guides and manuals. Yet, the information regarding to the numerical 

formulation and implementation of the PR and PR–BM models in Aspen Plus is very 

limited, leaving the question unanswered. Nevertheless, it is decided to include the 

PR–BM in the evaluation here, as it yields different results from the PR. 

Figure F–2 shows the % deviation of equilibrium vapour pressure from 

experimental measurements. The corresponding vapour pressures are predicted by 

all selected methods with larger deviations, as can be seen in Figure F–2. 

 

Figure F–2 Percentage deviation of selected experimental vapour pressures for the 

oxygen–argon mixture by the selected equations of state. Δ𝑝s / 𝑝s= (𝑝s, exp 

– 𝑝s, calc) / 𝑝s, exp. 

Typical deviations between the measured vapour pressures and values calculated 

from PR, PR–BM and GERG-2008 are less than ±(2–4)%, ±(2–3.5)% and ±(1.5–

2.5)%, respectively. On the other hand, SRK always under predicts with considerably 
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large positive deviations ranging from 0% up to +9%. A non-linear systematic error is 

observed with SRK, showing higher deviations at intermediate xAr values. 

Deviation plots also allow the assessment of the quality of the experimental data. 

Vapour pressure deviation plots in Figure F–2, having larger deviations, better 

illustrate ‘bad’ points in the experimental data. Clearly, a few data points in the data 

sets of Wilson et al. (1964) [46], Narinski (1957) [47] and Yorizane et al. (1978) [48] 

have higher uncertainties as can be understood from the larger scatters in the 

corresponding deviations and from the more scattered distribution of the deviations. 

The poor quality of some of the data points in those sets have been confirmed by 

plotting pxy and Txy phase diagrams (not presented here pxy diagram for Narinski 

(1957) can be seen in Figure F-3.2), showing some unrealistic equilibrium behaviour 

due to a few outlier data points from the expected bubble and dew point lines (usually 

a smooth curve). But overall, these errors in data were still in reasonable limits and 

thus were included for the graphical and statistical comparison. 

In the distillation process, the separation is based on the volatility differences; an 

accurate description of the relative volatility of the main constituents of air is, therefore, 

essential. The accuracy of the selected models in predicting relative volatility is also 

evaluated. The relative volatility of binary mixtures of oxygen and argon (defined here 

as the ratio of the volatility of oxygen over that of argon) predicted by the selected 

property models is shown in Figure F–3. 

All four equations of state represent relative volatilities with comparatively large 

deviations. For PR and PR–BM, deviations are within ±7%. GERG-2008 represents 

the data with the smallest deviations, less than ±4%, while SRK represents the largest 

deviations up to ±15% or more. Higher deviations are unavoidable for relative volatility, 

because the error in vapour composition of argon propagates to that of oxygen, 

resulting in an increased deviation in relative volatility for all models. The trends for 

the deviations in relative volatility coincide with the trends for that of equilibrium 

vapour phase composition of argon, as expected. At low xAr values, due to under 

predicted yAr (as seen in Figure F–1), the volatility of oxygen over argon increases, 

which in turn results in higher relative volatility than the experimental behaviour. At 

high xAr values, conversely, the relative volatility is underpredicted. Systematic errors 

are apparent for PR, PR–BM and SRK models whereas errors are more scattered for 

GERG-2008, showing better consistency with the experimental measurements. 
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Figure F–3 Deviation of selected experimental relative volatilities for the oxygen–

argon mixture by the selected equations of state. Δ𝛼(O2/Ar) = 𝛼exp – 𝛼calc. 

Overall, deviation plots indicate that the GERG-2008 formulation most accurately 

predicts the vapour–liquid equilibrium behaviour of oxygen–argon mixtures, followed 

by PR–BM and PR with comparable accuracy. The worst results are obtained with 

SRK model, revealing that SRK is not suitable for predicting VLE of oxygen–argon at 

cryogenic temperatures. In addition, evaluation of candidate EOS models through 

statistical parameters, which are presented and discussed in detail in Appendix F.1, 

yielded quite similar results which further confirms this conclusion.  
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F.1.2 Oxygen–Nitrogen gas pair 

For the oxygen–nitrogen gas pair, the data sets used for evaluation of candidate 

equations of state cover wider ranges of temperature and vapour pressure compared 

to that are used for oxygen–argon, as seen in Table F–3. 

Table F–3 Experimental data for the comparison of selected physical property 
methods for oxygen–nitrogen mixtures. 

 

Deviations of selected experimental vapour phase compositions and vapour 

pressures for oxygen–nitrogen from values calculated from the selected methods are 

shown in Figure F–4 and Figure F–5, respectively. 

 

Figure F–4 Deviation of selected experimental nitrogen mole fraction in vapour for 

oxygen–nitrogen mixture by the EOSs. Δ𝑦N2 = 𝑦N2, exp – 𝑦N2, calc.  

The selected experimental vapour phase compositions are represented by PR, 

PR–BM and GERG-2008 are within ±(1–1.5)%, whereas comparatively larger 

a Mole fraction of nitrogen in the saturated liquid phase. 

Authors Number of  
data points  

Temperature 
T/ K 

Pressure 
 p/bar 

Compositiona 
x 

Dodge (1928) 10 100 2.8 – 7.3 0.05 – 0.90 

Cocket et al. (1956) 20 81 – 91 1.3 0.07 – 0.81 

Wilson et al.(1964) 33 77 – 118 1.0 – 10.0 0.07 – 0.98 

Hirata et al. (1975) 19 78 – 118 1.0 – 10.0 0.05 – 0.90 

Baba-Ahmed et al. (1999) 12 101 3.4 – 7.4 0.14 – 0.96 
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deviations ±(2–4)% are obtained from SRK with significant over predictions at low xN2, 

as shown in Figure F–4. 

On the other hand, as shown in Figure F–5, all of the selected equations of state 

represent the vapour pressure data with comparatively larger deviations. The typical 

deviations for PR, PR–BM and GERG-2008 are clearly within ±(2–5)% and slightly 

higher for SRK ±(4–8)%. PR and GERG-2008 models achieve similar accuracy in the 

description of vapour pressure, whereas the PR–BM equation of state yields slightly 

different and less accurate predictions. Similarly to vapour mole fraction 

measurements, all of the experimental data are represented by SRK with larger 

systematic deviations at 0.1 < xN2 < 0.5. However, SRK achieves comparably good 

results with the other three models at nitrogen liquid phase mole fractions above 0.5. 

 

Figure F–5 Percentage deviation of selected experimental vapour pressures for the 

oxygen–nitrogen by the selected EOSs. Δ𝑝s / 𝑝s = (𝑝s,exp – 𝑝s,calc) / 𝑝s, exp. 

Figure F–6 shows the deviations between computed relative volatilities based on 

experimental data and predictions of the selected equations of state. In general, 

relative volatilities are represented with deviations less than ±2% by PR, PR–BM and 

GERG-2008 and less than ±6% by SRK. While the former three models tend to show 

deviations that are randomly scattered around zero, SRK formulation yielded most 

accurate results at intermediate xN2 but it showed considerable and increasing 
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deviations as xN2 approaches near the high-end and the low-end of concentration 

range. All in all, deviation plots and the results from the statistical analysis suggest 

that GERG-2008, PR–BM and PR provide a very good description of the VLE 

behaviour of oxygen–nitrogen mixtures for the operating range considered here. 

 

Figure F–6 Percentage deviation of selected experimental relative volatilities for the 

oxygen–nitrogen mixture by the candidate EOSs. Δ𝛼(O2/N2) = 𝛼exp – 𝛼calc. 

F.1.3 Discussions and conclusion 

 Overall, the results revealed that the equilibrium properties of oxygen–argon 

mixtures are best represented by GERG-2008 which followed by PR–BM and PR. On 

the other hand, all investigated models, except SRK, can obtain satisfactory results in 

predicting equilibrium properties of oxygen–nitrogen mixtures. 

It is difficult to substantiate the actual degree of accuracy achieved by the models. 

It is reasonable to assume that deviations (deviation of model predictions from the 

experimental data) ranging within the experimental uncertainty limits for a property 

indicates a reasonably good fit between the model and the real systems. Deviations 

exceeding the uncertainty of the data, on the other hand, can be interpreted as 

evidence of a mismatch between the model and the data. The uncertainties 

associated with the data sets used in this study are unfortunately not available in the 

DETHERM database. Therefore, information has been sought from the literature 
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regarding the typical uncertainty range for VLE measurements. For example, Kunz et 

al. (2007) [43] report that the average uncertainty of vapour pressure measurements 

for binary and multicomponent mixtures of natural gas components is < (1–3)%. They 

also note that uncertainties for measured vapour-phase compositions are likewise 

high, around (0.5–1)% [43]. On the other hand, Sandler (2015) [49] states that typical 

measurement uncertainties are 0.1% for saturated pressure and bubble point 

composition and 1% for dew point composition. Although these ranges presented do 

not directly applicable to the data sets used in this study, they give a grasp of the 

possible magnitude of measurement errors in VLE measurements. 

In this study, clear trends observed in most of the deviation plots (in particular for 

oxygen–argon mixture) for all model, suggesting that the deviations are systematic 

(i.e. not scattered) rather than random deviations. This ambiguously indicates that the 

differences stem from the inaccuracy of the models, not from the poor quality of the 

data. Unfortunately, it was not possible to reach a definite conclusion about the actual 

accuracy without the information regarding the measurement uncertainties for the 

data used in the analysis. Nevertheless, achievable accuracy is quite satisfactory with 

PR, PR-RB and GERG for a description of VLE behaviour of oxygen–argon and 

oxygen–nitrogen mixtures. Evidently, SRK is not accurate enough to represent the 

VLE behaviour of mixtures of interest. 

Another factor to consider when selecting the property model is the computational 

demand of the models. Air separation units are highly complex with tight constraints 

and thereby require an optimisation-based simulation approach. The additional 

complexity of the property method will make the already computational demanding 

nature of simulations yet more so. To test the computational efficiency of the 

promising models, air separation cycles are simulated in Aspen Plus using these 

models; ASU simulation studies are described in detail in Chapter 4. 

Simulations with GERG-2008 formulations showed that the GERG-2008 presents 

some inherit computational challenges for simulation of air separation units. 

Compared to other models, GERG-2008 requires significantly longer computation 

time. More importantly, in most cases simulations with GERG-2008 suffer from 

convergence problems, thereby making this method inconvenient to use in 

simulations conducted in this study. On the other hand, PR and PR–BM property 

methods did not impose any computational challenges in the simulation of ASUs. PR 

and PR–BM have simpler formulation, require fewer parameters and thereby less 

computationally demanding and convenient for use in simulation and optimisation 

studies, especially of complex flowsheets [39]. 
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Although it was not clearly seen from the deviation graphs that PR–BM brings 

some improvements in terms of accuracy compared to PR; this is the case in 

particular for mixtures of oxygen and nitrogen, as can be understood from the 

statistical parameters in Table F.1–1 and Table F.1–2. However, the improvements 

are not significant. As discussed earlier in detail, the author of the thesis was not able 

to identify the reason as to why a difference between the predictions of PR and PR–

BM models is obtained, which was due to lack of information provided by the 

developers of Aspen Plus. Given this ambiguity, the original formulation of Peng–

Robinson is preferred in this study over the modified formulation (i.e. PR–BM). 

Overall, ASU simulations and analysis of different physical property methods 

indicate that PR is more computationally efficient than GERG-2008 with comparable 

accuracy for oxygen–nitrogen and with slightly less accuracy for oxygen–argon 

mixtures. Therefore, the PR equation of state is chosen as the basis for the 

calculation of the physical properties in this study. 
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F.2 Regression of binary interaction parameters 

Another useful technique to get more satisfactory predictions of VLE behaviour is 

to use data regression to obtain the binary interaction parameters for compounds of 

interest from available experimental data. The built-in binary interaction parameters 

available in Aspen Plus are regressed from data covering a very wide range of 

operating conditions. For instance, the default binary interaction parameter for 

oxygen–argon mixtures is assumed valid for temperatures from 0 K to 1000 K. 

Therefore, using regressed parameters tuned for the desired process operating 

conditions can increase the accuracy of the predictions. 

A successful regression involves selecting the accurate experimental data 

covering the pressure and temperature range for the given process and identifying the 

parameters that have an impact on the properties concerned. The Peng–Robinson 

equation of state is given by [38]: 

 

(F.1) 

  
where p is pressure, R is the ideal law constant, T is temperature (K), and a and b 

are the attractive and repulsive terms, respectively. For mixture calculations, a and b, 

are given by standard Peng–Robinson mixing rules as follows: 

 

(F.2) 

  

 

(F.3) 

  
where i and j are the components in the mixture, xi is the mole fraction of 

component i in the mixture. bi is a component specific parameter and does not 

depend on the interactions between different molecules in the mixture while the term 

αi, as seen in Eq. (F.3) is a function of binary interaction parameter, kij: 

 

(F.4) 

  
where kij

(1)
, kij

(2)
 and kij

(3)
 are the binary interaction parameters for the mixing rule 

defined in Eq. (F.3). 

All of the above parameters can be regressed in order to improve the predictions 

for VLE data for oxygen–nitrogen and oxygen–argon binary pairs. Carlson (1996) [50] 

suggested using the least number of parameters as possible when fitting a model to 

experimental data. Following this suggestion, only kij
(1) binary interaction parameters 

are regressed from binary experimental data as explained in detail in the following 
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subsections. Results obtained in this study have also confirmed this suggestion, 

which will be explained in the following section. The data regression for this study is 

performed by usingn the Regression feature available in Aspen Plus Physical 

Properties Analysis Tool. The standard Peng–Robinson equation of state is used in 

the regression analysis. 

F.2.1. Oxygen–Argon gas pair  

The data sets given in Table F–4 below is used for regression to determine a new 

parameter to replace the built-in Aspen Plus databank value of kij 
(1) = 0.0104 for 

oxygen–argon binary pair.  All data sets used in the analysis in Section F1.1 are used 

for the regression case. Another isothermal data set from Clark et al. (1954) [51], 

which is in the same operating range, is also included for regression. 

Table F–4 Summary of VLE data used for regression of binary interaction 

parameter kij
(1)

 oxygen–argon binary mixture. 

 

Aspen Plus offers several objective function options for solving the regression 

problem. The default objective function, Maximum Likelihood method, is selected for 

this study. During simultaneous measurements of pTxy at equilibrium, measurement 

uncertainties are often expected for all variables [52]. However, the ordinary least-

squares regression method only accounts for the errors in the dependent variables, 

ignoring the errors in independent variables. Maximum Likelihood method, on the 

other hand, considers the measurement errors in both dependent and independent 

variables, which makes it more suitable for VLE data regression. In this method, the 

errors in all variables are minimised by manipulating the regressed parameter(s) until 

the converge criteria is met. 

Maximum Likelihood method requires expected standard deviation, i.e. the 

uncertainty of the measurements for each variable in the data sets used for 

regression, to be specified. Due to lack of information regarding experimental 

uncertainty of the data sets, the default values in Aspen Plus are used in this study. 

The default STDs are typical values obtained through experimental observation—

a Mole fraction of argon in the saturated liquid phase. 

Authors Number of  
data points  

Temperature 
T/ K 

Pressure 
 p/bar 

Compositiona 
x 

Clark et al. (1954) 18 89 – 95 1.0 – 2.1 0.10 – 0.90 

Fastovskii & Petrovskii (1955) 10 89 – 92 1.2      0 – 0.90 

Nariski (1957) 13 90 1.0 – 1.4 0.05 – 0.96 

Burn & Din (1962) 9 88 – 93 0.9 – 1.4 0.20 – 0.79 

Wilson et al. (1965) 11 87 – 90 1.0 0.01 – 0.97 

Yorizane et al. (1978) 9 89 – 91 1.0 – 1.2 0.03 – 0.14 
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0.1% for temperature, pressure and the liquid-phase composition and 1% for vapour-

phase composition [52]—which are believed to provide a reasonably expected 

measurement error estimate [49]. However, taking into account that the sources of 

data are quite old, slightly higher uncertainties than the default values for vapour 

pressure (0.5%) and liquid composition (0.5%) are assumed.  The default value for 

vapour-phase compositions is used. The Britt-Luecke algorithm is used for the 

solution of the regression problem, following the recommendations of Aspen Plus [52]. 

After running the regression case, the success of the regression is tested by 

checking the calculated root mean square deviation (RMSD). The regression is 

deemed to be successful if RMSD is less than 10, following the suggestion in Aspen 

Plus manual for accurate VLE data regression [52]. Moreover, the standard deviation 

for the regressed parameters is tabulated in Aspen Plus results and can be used as 

an assessment criterion. If the standard deviation of kij 
(1) is equal to 0.0, it shows that 

the parameter is at a bound and fitting is unsuccessful. On the other hand, if the order 

of magnitude of STD is the same or larger than that of the regressed parameter, it 

indicates that the parameters have no statistical significance and thus can be set to 0, 

if desired [49]. 

The regressed parameter kij
(1) =  0.0140 is found with a standard deviation of 

4.2x10–4 for the regressed parameters and residual root mean square error of 2.31, 

indicating a good fit. Later, the regression is repeated, this time first including the first 

two parameters and then all parameters in the Eq. (F.4), in order to check whether the 

other two parameters (kij
(2) and kij

(3)) have any significance in describing the 

temperature dependency of the attractive term. Results have shown that these two 

parameters are insignificant, indicated by the same order of magnitude in the 

respective standard deviations as shown in Table F–5. 

Table F–5 Regression results for oxygen–argon mixture with varying number of 
regressed parameters. 

 

Lastly, the estimated parameter is used to reproduce the experimental data and 

the results are compared to results obtained with the built-in parameter. As can be 

seen from Figure F–7, the predictions for relative volatility are improved considerably 

when regressed interaction parameter is used. The relative volatilities are represented 

with deviations less than ±3% with the regressed parameter, against ±7% deviations 

 # of parameters kij 
(1)

 STD  kij 
(2)

 STD kij 
(3)

 STD 

1 0.140 0.00042 – – – – 

2 0.038 0.02355 –0.00027 0.00026 – – 

3 0.878 0.8483 –0.00487 0.00465 –38.262 38.684 
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with default parameter. Moreover, more accurate descriptions of vapour pressure and 

argon vapour phase concentrations are achieved with regressed parameters. The 

deviation plots for these properties are not presented in this study, but the statistical 

parameters can be found in Table F.1–3. 

 

Figure F–7 Deviation of selected experimental relative volatilities for oxygen–argon 

mixture by (a) built-in (kij
(1) = 0.0104) and; (b) regressed (kij

(1) = 0.0140) 

binary interaction parameters. Δ𝛼 (O2/Ar) = 𝛼exp – 𝛼calc. 

F.2.2. Oxygen–Nitrogen gas pair 

The data sets given in Table F–6 is used for regression to determine a new 

parameter to replace the data bank value of kij
(1) = –0.0119 in Aspen Plus for oxygen–

nitrogen pair. The same regression method used in oxygen–argon case is applied. 

The regressed parameter kij
(1)

 = –0.0140 is found with a standard deviation of 5.5x10–

4 and residual root mean square error of 2.6. 

Table F–6 Summary of VLE data used for regression of binary interaction parameter 

kij
(1)

 for oxygen–nitrogen binary mixture. 
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a Mole fraction of nitrogen in the saturated liquid phase. 

Authors Number of  
data points  

Temperature 
T/ K 

Pressure 
 p/bar 

Compositiona 
x 

Dodge (1928) 10 100 2.8 – 7.3 0.05 – 0.90 

Cocket et al. (1956) 20 81 – 91 1.3 0.07 – 0.81 

Wilson et al.(1964) 33 77 – 118 1.0 – 10.0 0.07 – 0.98 

Hirata et al. (1975) 19 78 – 118 1.0 – 10.0 0.05 – 0.90 

Baba-Ahmed et al. (1999) 12 101 3.4 – 7.4 0.14 – 0.96 



 

310  

 

 

Figure F–8 Deviation plot for selected experimental vapour pressures and 

composition for the oxygen–nitrogen mixture by (a) built-in (+ kij
(1) =–

0.0119) and; (b) regressed binary interaction parameters (ú kij
(1) =–

0.0140). Experimental data from Wilson et al. (1964) is used for 
comparison. 

As seen in Figure F–8, the regressed parameter gives slightly better results for the 

vapour pressures. However, the vapour compositions are better predicted using the 

built-in parameter. In particular, the model with regressed parameters gives better 

predictions at low nitrogen compositions. Figure F–9 displays the deviations between 

selected experimental relative volatilities for oxygen–argon and values calculated by 

using built-in and regressed binary interaction parameters. As illustrated, deviations 

for both regressed and built-in parameters are less than ±2%. The deviations are less 

scattered around zero throughout the x-axis for the model with regressed parameter. 

Statistical analysis of the data shows that the regressed parameter has slightly higher 

accuracy on average (smaller average MAD) describing the relative volatility of the 

oxygen–nitrogen mixture. The statistical parameters can be found in Table F.1–3. 

 

Figure F–9 Percentage deviation of selected experimental relative volatilities for 

oxygen–nitrogen binary mixture by (a) built-in (kij
(1) = –0.0119) and; (b) 

regressed binary interaction parameters (kij
(1) = –0.0140). Δ𝛼 (O2/Ar) = 𝛼exp 

– 𝛼calc. 
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In conclusion, binary interaction parameters describing the temperature 

dependency of the attractive term of Peng–Robison equation of state are regressed 

for oxygen–argon and oxygen–nitrogen mixtures from the experimental data covering 

the operating range of the process of interest. The relative volatility predictions are 

improved for both mixtures, but improvement is slightly more dramatic for the mixtures 

of oxygen and argon. This can be explained by the fact that PR achieves high 

predictive accuracy by default (i.e. with the default binary interaction parameter) for 

oxygen–nitrogen mixture. 

Although the binary interaction parameters improve the VLE predictions for 

oxygen–argon mixture, it is decided to use the built-in parameters in the simulations 

performed in this study. This is because of the following reasons. First, the 

improvements are not that significant. Second, for oxygen–argon mixture, the 

parameters are regressed from VLE data covering only the pressures ranging 

between 1.0 and 1.4 bar (operating pressure range of CAC and LPC). Further work is 

required to verify the predictive accuracy of the PR with regressed parameters for 

operating conditions of the other units such as HPC. Since the improvement in 

accuracy is not significant, further study is not conducted and the built-in parameters 

are selected for use in this study. 
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Appendix F.1 Statistical analysis and comparison  

The following are the equations used for statistical analysis of all collected data 

sets to quantitatively assess the accuracy of the selected models. The statistics that 

are used as evaluation criteria: percentage mean absolute deviation (MAD), 

percentage mean bias deviation (MBD), standard deviation (SDV) and root mean 

squared percentage deviation (RMSD) are defined as:  

 

(F1.1) 

  

 

(F1.2) 

  

 

(F1.3) 

  

 

(F1.4) 

 where s is the equilibrium property (i.e. vapour phase composition, vapour 

pressure), or relative volatility, N is the number of available data for each set used for 

comparison. Subscripts exp and calc stands for experimental and calculated, 

respectively. 

 In order to allow a fair comparison of candidate EOSs, all statistical measures are 

calculated based on the percentage deviation of predicted data from the experimental 

measurements. MAD (Eq. (F1.1)) is the average absolute difference between the 

model predictions and experimental data. Presence of a possible systematic error or a 

large random error is indicated by a large MAD. The root mean squared deviations 

(RMSD), given in Eq. (F1.4), gives an indication of the magnitude and source of 

variance in deviations. Similar values of RMSD and MAD implies that the deviations 

are approximately uniformly distributed (i.e. there are no large outlier deviations 

(random error). The average deviation of the predictions from the data set is 

quantified by MBD value (also known as percentage bias). MBD in Eq. (F1.2) allows 

determination of systematic deviation of the model from the experimental results; high 

MAD% =
  100  

N
     

sexp − scalc

sexp

 
n

 

N

n=1

 

MBD%=
  100  

 N 
   

sexp − scalc

sexp

 
n

N

n=1

 

SDV%= 
1

 N − 1 
   100  

sexp − scalc

sexp

 
n

− MDB 

2N

n=1

 

RMSD% =  
1

N
    100  

sexp − scalc

sexp

 
n

 

2N

n=1

 



 

313 

 

positive values of MBD indicates that the model underestimates the experimentally 

observed properties, conversely negative values denote that the model overpredicts 

the data. SDV in Eq. (1.3), which is the average distance of deviations from the MBD, 

is another measure of the variability of the percentage deviations. Smaller values are 

desired for all above-described parameters; the smaller the statistical values are the 

more accurate representation of experimental data by respective property method is 

achieved. The values of the above statistical measures are provided in Table F.1–1 

for oxygen–argon pair and in Table F.1–2 for oxygen–nitrogen pair. 

For almost all data sets for oxygen–argon (Table F.1–1), the lowest values of 

statistical parameters are obtained for GERG-2008, which supports the conclusion 

deduced from the deviation plots earlier. Compared to GERG-2008, PR and PR–BM 

provided slightly worse results with comparable performance with respect to the 

accuracy, as indicated by similar MAD% values. Although PR–BM tends to show 

mildly smaller deviations from the measured values for the majority of the data sets, 

the improvement was not significant and clearly apparent. On the other hand, the poor 

performance of SRK in estimating equilibrium properties is clearly indicated by the 

higher MAD% and MBD% values for all data sets. All EOS performs slightly more 

poorly with respect to relative volatility. 

For the data used for testing the accuracy of models in predicting equilibrium 

properties of oxygen–nitrogen mixtures, MAD% values for GERG-2008, PR and PR–

BM were comparable, with subtle differences in average MAD%. PR–BM often 

demonstrated slightly superior accuracy but the difference was not substantial. As for 

SRK, it can be understood from MAD% values that SRK performed better for oxygen–

nitrogen mixtures compared to oxygen–argon mixtures, but overall it has the lowest 

prediction accuracy. For all data sets, RMS values are slightly higher than MAD%, 

meaning that the deviations show similar variance and there are no large random 

errors in experimental measurements. 

In short, GERG-2008 model best represents the equilibrium properties of oxygen–

argon mixtures, whereas PR and PR–BM show a slightly worse accuracy than GERG-

2008. For oxygen–nitrogen mixtures, GERG-2008, PR and PR–BM all yield fairly 

accurate predictions of measured properties. 
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Table F.1–1 Summary of statistical analysis results for vapour pressure, vapour composition and relative volatility for oxygen–argon mixture. 

 
  MAD: mean absolute deviation, MBD: mean bias deviation, SDV: standard deviation, RMSD: root mean-squared deviation 

 
  

Authors 
Peng-Robinson  

Peng-Robinson – Boston-
Mathias 

 GERG-2008  Soave-Redlich-Kwong 
 

 

MAD% MBD% SDV RMSD%  MAD% MBD% SDV RMSD%  MAD% MBD% SDV RMSD%  MAD% MBD% SDV RMSD%  

Vapour pressure, 𝒑s                     

Clark et al.  (1954) 0.626 -0.329 0.741 0.772  0.509 0.242 0.534 0.558  0.315 0.170 0.365 0.384  7.137 7.137 0.892 7.187  

Fastovskii & Petrovskii (1955) 0.803 -0.266 1.062 1.042  0.806 0.332 0.919 0.933  0.501 0.374 0.502 0.606  6.904 6.904 1.948 7.147  

Narinski (1957) 1.002 -1.002 0.325 1.049  0.488 -0.468 0.281 0.540  0.606 -0.433 0.522 0.661  5.809 5.809 1.031 5.892  

Burn & Din  (1962) 0.235 0.098 0.267 0.270  0.629 0.629 0.181 0.652  0.414 0.414 0.188 0.451  7.561 7.561 0.490 7.575  

Wilson et al. (1964) 2.587 -2.587 1.009 2.761  1.856 -1.856 0.897 2.044  1.395 -1.395 0.674 1.536  4.578 4.578 1.847 4.905  

Yorizane et al. (1978) 1.814 -1.814 0.945 2.021  1.032 -0.882 0.920 1.237  0.712 0.125 0.856 0.817  4.392 4.392 1.131 4.520  

                     

Vapour composition, 𝒚Ar                     

Clark et al.  (1954) 0.351 -0.140 0.388 0.392  0.493 -0.455 0.305 0.538  1.372 -1.372 1.126 1.734  2.705 0.976 3.670 3.595  

Fastovskii & Petrovskii (1955) 2.306 2.278 2.971 3.623  2.111 2.008 2.855 3.372  1.248 1.248 1.647 2.000  4.138 3.156 5.826 6.365  

Narinski (1957) 1.064 0.681 1.453 1.549  0.974 0.411 1.324 1.333  0.624 -0.624 0.437 0.752  3.983 2.217 5.522 5.733  

Burn & Din  (1962) 0.625 0.300 0.913 0.912  0.632 -0.001 0.828 0.780  0.545 -0.545 0.371 0.648  2.407 0.487 3.112 2.975  

Wilson et al. (1964) 3.005 2.892 2.742 3.899  2.722 2.538 2.630 3.568  0.540 0.178 0.993 0.964  8.229 7.528 7.412 10.33  

Yorizane et al. (1978) 4.771 4.771 2.409 5.284  4.325 4.325 2.420 4.890  1.872 -0.078 2.408 2.272  14.49 14.19 2.952 14.46  

                     

Relative volatility, 𝜶(O2/Ar)                     

Clark et al.  (1954) 1.206 0.947 1.259 1.519  1.735 1.690 1.353 2.117  2.588 2.588 0.761 2.686  6.856 1.724 8.187 7.909  

Fastovskii & Petrovskii (1955) 4.203 -3.914 4.227 5.586  3.941 -3.140 4.326 5.147  2.163 -2.163 2.156 2.968  9.585 -3.188 11.49 11.29  

Narinski (1957) 2.530 0.328 2.910 2.805  2.744 1.059 3.017 3.076  1.738 1.738 0.579 1.824  9.993 1.760 11.34 10.99  

Burn & Din  (1962) 1.358 -0.068 1.703 1.607  1.637 0.695 1.771 1.808  1.301 1.301 0.604 1.420  6.264 1.631 7.115 6.904  

Wilson et al. (1964) 4.402 -2.661 4.414 4.980  4.200 -1.985 4.553 4.773  1.265 0.500 1.947 1.923  13.53 -6.848 13.84 14.87  

Yorizane et al. (1978) 5.339 -5.339 2.704 5.917  4.819 -4.819 2.699 5.449  1.947 0.040 2.494 2.351  17.55 -17.55 3.624 17.88  
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Table F.1–2 Summary of statistical analysis results for vapour pressure, vapour composition and relative volatility for oxygen–nitrogen mixture. 

    
  MAD: mean absolute deviation, MBD: mean bias deviation, SDV: standard deviation, RMSD: root mean-squared deviation 

Authors 
Peng-Robinson  

Peng-Robinson – Boston-
Mathias 

 GERG-2008  Soave-Redlich-Kwong 
 

 

MAD% MBD% SDV RMSD%  MAD% MBD% SDV RMSD%  MAD% MBD% SDV  RMSD%  MAD% MBD% SDV    RMSD%  

Vapour pressure, 𝒑s                     

Dodge (1928) 1.205 0.390 1.347 1.336  0.781 0.033 0.883 0.859  1.049 0.651 1.012 1.160  1.691 -1.634 1.291 2.042  

Cocket et al.  (1956) 1.233 0.678 1.228 1.376  0.507 -0.132 0.701 0.695  1.009 0.791 0.862 1.154  1.535 -1.075 1.442 1.769  

Wilson et al.  (1964) 1.027 -0.986 0.921 1.340  1.393 -1.393 0.975 1.692  0.838 -0.811 0.844 1.162  2.827 -2.827 1.235 3.078  

Hirata et al. (1975) 1.341 -1.050 1.640 1.911  1.601 -1.584 1.325 2.043  1.004 -0.741 1.282 1.451  2.764 -2.631 1.907 3.220  

Baba-Ahmed et al. (1999) 0.603 0.406 0.635 0.731  0.298 0.033 0.339 0.326  0.546 0.493 0.372 0.608  2.985 -1.923 1.180 2.230  

                     

Vapour composition, 𝒚N2                     

Dodge (1928) 0.355 -0.088 0.539 0.519  0.577 -0.546 0.777 0.917  0.829 -0.779 1.375 1.519  4.104 -3.888 5.623 6.601  

Cocket et al.  (1956) 1.294 1.085 1.343 1.700  0.801 0.283 1.200 1.203  0.672 -0.019 1.355 1.321  3.458 -3.431 4.358 5.460  

Wilson et al.  (1964) 0.527 0.387 0.732 0.818  0.332 0.058 0.569 0.563  0.462 -0.131 0.787 0.786  2.731 -2.393 3.978 4.590  

Hirata et al. (1975) 0.961 0.087 1.402 1.367  0.636 -0.413 1.110 1.156  0.904 -0.733 1.485 1.621  3.952 -3.800 5.301 6.408  

Baba-Ahmed et al. (1999) 0.888 0.888 0.746 1.139  0.549 0.543 0.525 0.740  0.525 0.525 0.432 0.668  1.476 -0.996 2.104 2.247  

                     

Relative volatility, 𝜶 (N2/Ar)                     

Dodge (1928) 1.201 -0.650 1.375 1.457  1.112 0.666 1.205 1.323  1.249 0.908 1.724 1.870  6.958 4.219 7.717 8.450  

Cocket et al.  (1956) 3.318 -2.978 2.364 3.765  2.066 -0.248 2.493 2.443  1.848 0.264 2.496 2.447  6.783 6.341 5.439 8.265  

Wilson et al.  (1964) 2.521 -2.342 2.240 3.218  1.417 -0.914 1.798 1.993  1.674 -0.287 2.179 2.165  6.539 0.829 7.684 7.612  

Hirata et al. (1975) 2.682 -1.597 2.746 3.114  1.252 0.301 1.621 1.606  1.678 0.903 2.104 2.238  6.685 4.441 7.225 8.317  

Baba-Ahmed et al. (1999) 3.530 -3.530 1.385 3.771  2.164 -2.127 1.360 2.494  1.957 -1.957 1.286 2.312  5.463 -0.910 6.364 6.161  
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Table F.1–3 Summary of statistical analysis results for vapour pressure, vapour 
composition and relative volatility for oxygen–argon mixture by (a) built-
in (kij

(1) = 0.0104) and; (b) regressed (kij
(1) = 0.0140) binary interaction 

parameters. 

 
MAD: mean absolute deviation, MBD: mean bias deviation, SDV: standard deviation, RMSD: root 
mean- squared deviation 

  

Authors kij 
(1)

 = 0.0104  kij 
(1)

 = 0.0140. 

 

MAD% MBD% SDV   RMSD%  MAD% MBD% SDV  RMSD% 

Vapour pressure, ps          

Clark et al.  (1954) 0.615 -0.111 0.734 0.722  1.024 -0.957 0.822 1.247 

Fastovskii & Petrovskii (1955) 0.803 -0.266 1.062 1.042  0.638 -1.051 0.807 1.301 

Narinski (1957) 1.002 -1.002 0.325 1.049  1.697 -1.697 0.460 1.753 

Burn & Din  (1962) 0.235 0.098 0.267 0.270  0.861 -0.861 0.365 0.927 

Wilson et al. (1964) 2.587 -2.587 1.009 2.761  2.985 -2.985 1.204 3.198 

Yorizane et al. (1978) 1.814 -1.814 0.945 2.021  2.046 -2.046 0.889 2.212 

          

Vapour composition, yAr          

Clark et al.  (1954) 0.318 -0.117 0.347 0.357  0.689 -0.655 0.831 1.040 

Fastovskii & Petrovskii (1955) 2.306 2.278 2.971 3.623  1.826 1.826 1.890 2.559 

Narinski (1957) 1.064 0.681 1.453 1.549  0.137 -0.026 0.185 0.179 

Burn & Din  (1962) 0.625 0.300 0.913 0.912  0.220 0.076 0.285 0.280 

Wilson et al. (1964) 3.005 2.892 2.742 3.899  0.995 0.981 1.145 1.468 

Yorizane et al. (1978) 4.771 4.771 2.409 5.284  1.755 0.984 2.386 2.456 

          

Relative volatility, α(O2/Ar)          

Clark et al.  (1954) 1.078 0.830 1.112 1.362  1.093 0.827 1.135 1.378 

Fastovskii & Petrovskii (1955) 4.203 -3.914 4.227 5.586  3.887 -3.887 1.790 4.238 

Narinski (1957) 2.530 0.328 2.910 2.805  0.303 0.044 0.355 0.343 

Burn & Din  (1962) 1.358 -0.068 1.703 1.607  0.658 -0.358 0.744 0.787 

Wilson et al. (1964) 4.402 -2.661 4.414 4.980  0.000 -1.248 1.207 1.698 

Yorizane et al. (1978) 5.339 -5.339 2.704 5.917  1.870 -1.098 2.519 2.617 
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Table F.1–4 Summary of statistical analysis results for vapour pressure, vapour 
composition and relative volatility for oxygen–nitrogen mixture by (a) 
built-in (kij

(1) =  –0.0119) and; (b) regressed binary interaction 

parameters (kij
(1)

 = –0.0140).   

 
MAD: mean absolute deviation, MBD: mean bias deviation, SDV: standard deviation, RMSD: root 
mean-squared deviation 

 

  

Authors kij 
(1)

 = –0.0119  kij 
(1)

 =–0.0140. 

 

MAD% MBD% SDV   RMSD%  MAD% MBD% SDV  RMSD% 

Vapour pressure, ps          

Dodge (1928) 1.205 0.390 1.347 1.336  1.309 0.791 1.270 1.442 

Cocket et al.  (1956) 1.233 0.678 1.228 1.376  1.553 1.218 1.219 1.702 

Wilson et al.  (1964) 1.027 -0.986 0.921 1.340  0.732 -0.636 0.830 1.036 

Hirata et al. (1975) 1.341 -1.050 1.640 1.911  1.121 -0.600 1.506 1.584 

Baba-Ahmed et al. (1999) 0.603 0.406 0.635 0.731  0.707 0.783 0.460 0.899 

          

Vapour composition, yN2          

Dodge (1928) 0.355 -0.088 0.539 0.519  0.256 0.256 0.214 0.326 

Cocket et al.  (1956) 1.294 1.085 1.343 1.700  1.500 1.397 1.626 2.113 

Wilson et al.  (1964) 0.527 0.387 0.732 0.818  0.648 0.642 0.910 1.102 

Hirata et al. (1975) 0.961 0.087 1.402 1.367  1.004 0.436 1.424 1.453 

Baba-Ahmed et al. (1999) 0.888 0.888 0.746 1.139  1.011 1.011 1.051 1.426 

          

Relative volatility, α(N2/Ar)          

Dodge (1928) 1.201 -0.650 1.375 1.457  0.825 -0.825 0.402 0.909 

Cocket et al.  (1956) 3.318 -2.978 2.364 3.765  3.775 -3.182 3.229 4.475 

Wilson et al.  (1964) 2.521 -2.342 2.240 3.218  2.256 -2.209 1.998 2.958 

Hirata et al. (1975) 2.682 -1.597 2.746 3.114  2.446 -1.747 2.617 3.089 

Baba-Ahmed et al. (1999) 3.530 -3.530 1.385 3.771  3.301 -3.301 1.539 3.615 
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Appendix F.2 Experimental data sets 

The tabular listing of experimental data sets used for the evaluation (grey shaded 

rows) of the selected equations of state and the regression of binary interaction 

parameters (grey and white rows) are presented below:  

Table F.2–1 Isobaric vapour–liquid equilibrium data (Txy) for oxygen–argon mixture 
reported by Fastovskii & Petrovskii (1955) [53]. 

 

Table F.2–2 Isothermal vapour–liquid equilibrium data (pTxy) for oxygen–argon 
mixture reported by Clark et al. (1954) [51].  

 

Table F.2–3 Isobaric vapour–liquid equilibrium data (Txy) for oxygen–argon reported 
by Wilson et al. (1964) [46]. 

 

 

 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

Ar(mol/mol) 
Concentration, vapour 

Ar(mol/mol) 

1 89.18 121590 0.9 0.913 
2 89.30 121590 0.8 0.8281 
3 89.46 121590 0.7 0.7437 
4 89.65 121590 0.6 0.6593 
5 89.88 121590 0.5 0.5743 
6 90.19 121590 0.4 0.484 
7 90.56 121590 0.3 0.3857 
8 90.98 121590 0.2 0.2768 
9 91.48 121590 0.1 0.1504 

10 91.98 121590 0.0 0 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

Ar(mol/mol) 
Concentration, vapour 

Ar(mol/mol) 

1 89.95 104500 0.1 0.1402 
2 89.95 109180 0.2 0.2623 
3 89.95 113520 0.3 0.3713 
4 89.95 117550 0.4 0.4709 
5 89.95 121240 0.5 0.5641 
6 89.95 124600 0.6 0.6529 
7 89.95 127560 0.7 0.7391 
8 89.95 130080 0.8 0.8246 
9 89.95 132100 0.9 0.9112 

10 94.95 170780 0.1 0.1355 
11 94.95 177720 0.2 0.2553 
12 94.95 184120 0.3 0.3636 
13 94.95 190120 0.4 0.4635 
14 94.95 195580 0.5 0.5574 
15 94.95 200650 0.6 0.6475 
16 94.95 204910 0.7 0.7352 
17 94.95 208650 0.8 0.8223 
18 94.95 211450 0.9 0.9101 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

Ar(mol/mol) 
Concentration, vapour 

Ar(mol/mol) 

1 90.28 101325 0.0088 0.0142 
2 90.22 101325 0.0299 0.0460 
3 90.11 101325 0.0506 0.0763 
4 89.89 101325 0.0726 0.1088 
5 89.72 101325 0.0983 0.1428 
6 89.56 101325 0.1249 0.1770 
7 89.11 101325 0.2559 0.3327 
8 88.28 101325 0.5054 0.5768 
9 88.00 101325 0.6682 0.7173 

10 87.72 101325 0.8403 0.8597 
11 87.44 101325 0.9764 0.9783 
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Table F.2–4 Vapour–liquid equilibrium data (Tpxy) for oxygen–argon mixture reported 
by Burn & Din (1962) [54]. 

 

Table F.2–5 Isothermal vapour–liquid equilibrium data (pTxy) for oxygen–argon 
mixture reported by Yorizane et al. (1978) [48]. 

 

Table F.2–6 Isothermal vapour–liquid equilibrium data (Txy) for oxygen–argon 
mixture reported by Narinskii (1957) [47]. 

 

Table F.2–7 Isothermal vapour–liquid equilibrium data (Tpxy) for oxygen–nitrogen 
mixture reported by Dodge (1928) [55]. 

 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

Ar(mol/mol) 
Concentration, vapour 

Ar(mol/mol) 

1 88.78 113191 0.7025 0.7450 
2 89.77 108391 0.2020 0.2695 
3 90.15 132122 0.7915 0.8185 
4 90.17 132390 0.7915 0.8185 
5 90.71 127056 0.3930 0.4650 
6 90.70 126923 0.3930 0.4650 
7 91.40 144255 0.6060 0.6565 
8 91.42 144655 0.6060 0.6570 
9 91.84 137855 0.2990 0.3735 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

Ar(mol/mol) 
Concentration, vapour 

Ar(mol/mol) 

1 89.95 101232 0.03074 0.04895 
2 89.95 101418 0.04331 0.06546 
3 89.95 101632 0.05247 0.07782 
4 90.06 101245 0.00210 0.00320 
5 90.06 100992 0.00372 0.00610 
6 90.06 101045 0.00964 0.01492 
7 90.43 104125 0.02160 0.03370 
8 90.43 105258 0.04240 0.06370 
9 91.14 121617 0.14140 0.19640 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

Ar(mol/mol) 
Concentration, vapour 

Ar(mol/mol) 

1 90.52 104350 0.0000 0.0000 
2 90.52 107480 0.0322 0.0486 
3 90.52 110230 0.0862 0.1243 
4 90.52 114740 0.1654 0.2245 
5 90.52 117780 0.2526 0.3248 
6 90.52 125530 0.4519 0.5229 
7 90.52 129250 0.5688 0.6275 
8 90.52 133270 0.6988 0.7381 
9 90.52 133380 0.7110 0.7479 

10 90.52 135430 0.7740 0.8016 
11 90.52 137590 0.8511 0.8677 
12 90.52 138270 0.9048 0.9144 
13 90.52 138761 0.9630 0.9664 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

N2(mol/mol) 
Concentration, vapour 

N2(mol/mol) 

1 100.00 281790 0.05 0.1385 
2 100.00 311510 0.10 0.2500 
3 100.00 367640 0.20 

0.20 

0.4217 
4 100.00 422030 0.30 0.5445 
5 100.00 475190 0.40 0.6425 
6 100.00 527600 0.50 0.7228 
7 100.00 579300 0.60 0.7911 
8 100.00 630950 0.70 0.8510 
9 100.00 682300 0.80 0.9049 

10 100.00 733890 0.90 0.9541 
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Table F.2–8 Isobaric vapour–liquid equilibrium data (Tpxy) for oxygen–nitrogen 
mixture reported by Hirata et al. (1975) [56]. 

 

Table F.2–9 Isobaric vapour–liquid equilibrium data (Tpxy) for oxygen–nitrogen 
mixture reported by Cocket et al. (1956) [57]. 

 

Table F.2–10 Isothermal vapour–liquid equilibrium data (Tpxy) for oxygen–nitrogen 
mixture reported by Baba-Ahmed et al. (1999) [58]. 

 

 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

N2(mol/mol) 
Concentration, vapour 

N2(mol/mol) 

1 118.60 1013000 0.05 0.1010 
2 117.49 1013000 0.10 0.1915 
3 115.38 1013000 0.20 0.3505 
4 113.46 1013000 0.30 0.4805 
5 111.71 1013000 0.40 0.5900 
6 110.12 1013000 0.50 0.6817 
7 108.67 1013000 0.60 0.7617 

8 107.34 1013000 0.70 0.8315 
9 104.97 1013000 0.90 0.9494 

10 89.06 101300 0.05 0.1735 
11 87.82 101300 0.10 0.3100 
12 85.77 101300 0.20 0.5081 
13 84.09 101300 0.30 0.6405 
14 82.69 101300 0.40 0.7350 
15 81.50 101300 0.50 0.8046 
16 80.48 101300 0.60 0.8591 
17 79.59 101300 0.70 0.9031 
18 78.81 101300 0.80 0.9399 
19 78.13 101300 0.90 0.9717 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

N2(mol/mol) 
Concentration, vapour 

N2(mol/mol) 

1 90.98 133324 0.0717 0.2191 
2 89.82 133324 0.1196 0.3514 
3 89.81 133324 0.1254 0.3583 
4 89.02 133324 0.1575 0.4210 
5 88.03 133324 0.2022 0.5011 
6 88.07 133324 0.2071 0.5089 
7 86.89 133324 0.2744 0.5946 
8 86.85 133324 0.2748 0.5997 
9 85.92 133324 0.3381 0.6665 

10 85.94 133324 0.3396 0.6670 
11 84.95 133324 0.4049 0.7227 
12 84.40 133324 0.4593 0.7682 
13 83.75 133324 0.5299 0.8081 
14 83.06 133324 0.5840 0.8362 
15 82.96 133324 0.5980 0.8475 
16 82.83 133324 0.6113 0.8555 
17 82.59 133324 0.6307 0.8633 
18 81.86 133324 0.7151 0.9001 
19 81.31 133324 0.7846 0.9281 
20 81.08 133324 0.8109 0.9400 

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

N2(mol/mol) 
Concentration, vapour 

N2(mol/mol) 

1 100.11 342000 0.146 0.345 
2 100.11 384000 0.224 0.461 
3 100.11 422000 0.291 0.543 
4 100.11 430001 0.305 0.558 
5 100.11 494001 0.433 0.676 
6 100.11 550000 0.545 0.756 
7 100.11 614000 0.675 0.836 
8 100.11 614000 0.672 0.839 
9 100.11 689001 0.810 0.913 

10 100.11 720001 0.873 0.941 
11 100.11 733000 0.897 0.953 
12 100.11 741000 0.909 0.959 
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Table F.2–11 Isobaric vapour–liquid equilibrium data (Tpxy) for oxygen–nitrogen 
mixture reported by Wilson et al. (1964) [46]. 

 

  

 

# 
Temperature 

T/ K 
Pressure 

p/Pa 
Concentration, liquid  

N2(mol/mol) 
Concentration, vapour 

N2(mol/mol) 

1 118.22 1013250 0.0706 0.1439 
2 116.56 1013250 0.1463 0.2719 
3 114.33 1013250 0.2587 0.4329 
4 112.11 1013250 0.3844 0.5767 
5 109.89 1013250 0.5284 0.7067 
6 107.67 1013250 0.6881 0.8249 
7 106.00 1013250 0.8212 0.9078 
8 106.00 1013250 0.8243 0.9077 
9 104.89 1013250 0.9203 0.9606 

10 104.22 1013250 0.9887 0.9944 
11 114.89 810600 0.0512 0.1127 
12 112.67 810600 0.1495 0.2931 
13 109.89 810600 0.2940 0.4934 
14 107.67 810600 0.4290 0.6371 
15 105.44 810600 0.5830 0.7638 
16 103.78 810600 0.7138 0.8507 
17 102.67 810600 0.8025 0.9051 
18 101.56 810600 0.9125 0.9586 
19 101.00 810600 0.9645 0.9834 

20 103.78 405300 0.0860 0.2081 
21 102.11 405300 0.1591 0.3527 
22 98.78 405300 0.3454 0.6008 
23 98.22 405300 0.3830 0.6380 
24 95.50 405300 0.5987 0.8070 
25 93.56 405300 0.7788 0.9065 
26 92.72 405300 0.8697 0.9485 
27 91.89 405300 0.9620 0.9861 
28 88.28 101325 0.0755 0.2524 
29 86.61 101325 0.1554 0.4239 
30 83.83 101325 0.3115 0.6571 
31 81.61 101325 0.4961 0.8050 
32 79.44 101325 0.7307 0.9147 
33 77.78 101325 0.9860 0.9962 
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Appendix F.3 pxy and Txy diagrams for selected experimental data 

This appendix presents pxy and Txy behaviour of a few selected experimental 

data sets used in this study. The figures below demonstrate the quality of the 

available data as well as the trends for pxy and Txy measurements. Predictions of 

Peng Robinson method are also shown in Figure F.3–1 and Figure F.3–2 below. 

 

Figure F.3–1 Phase-equilibrium data for oxygen–nitrogen mixture a) Cocket et al. 
(1956) [54] at 1.36 bar and b) Wilson et al. (1964) [46] at 8.1 bar. 

 

Figure F.3–2 Phase-equilibrium data for oxygen–argon mixture a) Fastovski & 
Petrovskii (1955) [53] at 1.2 bar and b) Narinskii (1957) [47] at 91 K. 
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 — Stream tables for ASU cycle simulations Appendix G 

This appendix presents the stream summaries of the simulations performed in 

Aspen Plus in Chapter 4 and Chapter 5. The stream summary for PLOX cycle 

producing oxygen—optimisation results of which are presented in Section 4.3.5—is 

presented in Table G–1. Stream results for ASU co-producing argon (Section 4.3.8) 

can be found in Table G–2. Lastly, stream tables and screenshot of Aspen Plus 

simulation flowsheet of membrane assisted ASU for argon production (results of 

which presented in Table 5.11 in Section 5.10) are presented in Table G–3 and Figure 

G–1, respectively. 
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Table G–1 Stream summary of pumped liquid oxygen production cycle simulation in Aspen Plus (Process flowsheet is given in Figure 4.2). 

 

 AIRFEED AIRTEXHE AIRTOCOO AIRTOEX AIRTOHP CLOX-HP EXPANIN GAN GANTODP GANTOHE 

To  MAC HL2 MACAC MHEX HPCOLUMN LPCOLUMN EXP  WASTEDP MHEX 

From  MHEX MAC AIRDIV HL2 HPCOLUMN MHEX WASTEDP MHEX LPCOLUMN 

Mole Flow scmh           
O2 9392.0 6132.8 9392.0 6132.8 6132.8 6132.8 521.8 481.9 481.9 481.9 

N2 35021.6 22868.6 35021.6 22868.6 22868.6 9813.1 1945.6 35021.6 35021.6 35021.6 

Ar 416.9 272.2 416.9 272.2 272.2 268.6 23.2 327.0 327.0 327.0 

                   

Mole Frac             

O2 0.2095 0.2095 0.2095 0.2095 0.2095 0.3782 0.2095 0.0135 0.0135 0.0135 

N2 0.7812 0.7812 0.7812 0.7812 0.7812 0.6052 0.7812 0.9774 0.9774 0.9774 

Ar 9.3E-03 9.3E-03 9.3E-03 9.3E-03 9.3E-03 1.7E-02 9.3E-03 9.1E-03 9.1E-03 9.1E-03 

           

Total Flow scmh 44830 29274 44830 29274 29274 16214 2490 35830 35830 35830 

Total Flow kg/hr 57922 37822 57922 37822 37822 21499 3218 45041 45041 45041 

Total Flow cum/hr 48238.0 1779.1 16702.6 6120.6 1795.8 25.7 379.5 40003.5 33339.3 7788.9 

Temperature C 20.0 -174.1 276.6 31.0 -173.4 -174.3 -53.7 28.0 28.0 -193.1 

Pressure bar 1.01 5.28 5.48 5.38 5.28 5.28 5.28 1.00 1.20 1.30 

Vapor Frac 1 1 1 1 1 0 1 1 1 1 

Liquid Frac 0 0 0 0 0 1 0 0 0 0 

Solid Frac 0 0 0 0 0 0 0 0 0 0 

Enthalpy kJ/kmol -153.9 -6048.7 7415.4 133.2 -6026.7 -11395.9 -2360.6 78.3 78.3 -6410.9 

Enthalpy kJ/kg -5.3 -208.9 256.1 4.6 -208.1 -383.5 -81.5 2.8 2.8 -227.5 

Enthalpy kW -85.5 -2194.4 4119.9 48.3 -2186.4 -2290.0 -72.9 34.7 34.7 -2846.7 

Entropy kJ/kmol-K 4.2 -42.7 8.6 -8.7 -42.5 -94.6 -18.2 1.4 -0.1 -39.8 

Entropy kJ/kg-K 0.14 -1.48 0.30 -0.30 -1.47 -3.18 -0.63 0.05 0.00 -1.41 

Density mol/cc 0.000 0.001 0.000 0.000 0.001 0.028 0.000 0.000 0.000 0.000 

Density gm/cc 0.001 0.021 0.003 0.006 0.021 0.838 0.008 0.001 0.001 0.006 

Average MW 28.96 28.96 28.96 28.96 28.96 29.72 28.96 28.18 28.18 28.18 

Liq Vol 60F cum/hr         
 

107.12 69.95 107.12 69.95 69.95 38.74 5.95 85.62 85.62 85.62 
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Table G–1 (continued) Stream summary of PLOX cycle simulation in Aspen Plus (Process flowsheet is given in Figure 4.2). 

 

 

 GOX LINRE2 LINREF LIQAIR LIQAIR2 LOX LOX1 SUBCOOL TOAIRDIV TOEXPA1 TOGOX 

To   LPCOLUMN HL1 MHEX LPCOLUMN  O2LIQSPL LPCOLUMN AIRDIV MHEX MHEX 

From MHEX HL1 HPCOLUMN AIRDIV MHEX O2LIQSPL LPCOLUM EXP MACAC AIRDIV O2LIQSPL 

Mole Flow scmh            
O2 8910.1 0.07 0.07 2737.4 2737.4 0.0 8910.1 521.8 9392.0 521.8 8910.1 

N2 0.0 13055.5 13055.5 10207.4 10207.4 0.0 0.0 1945.6 35021.6 1945.6 0.0 

Ar 89.9 3.65 3.65 121.5 121.5 0.0 89.9 23.2 416.9 23.2 89.9 

            

Mole Frac                       

O2 0.9900 5.00E-06 5.00E-06 0.2095 0.2095 0.0 0.9900 0.2095 0.2095 0.2095 0.9900 

N2 9.87E-17 0.9997 0.9997 0.7812 0.7812 0.0 0.0000 0.7812 0.7812 0.7812 0.0000 

Ar 1.0E-02 2.8E-04 2.8E-04 9.3E-03 9.3E-03 0.0 1.0E-02 9.3E-03 9.3E-03 9.3E-03 1.0E-02 

            

Total Flow scmh 9000 13059 13059 13066 13066 0 9000 2490 44830 2490 9000 

Total Flow kg/hr 12881 16324 16324 16882 16882 0 12881 3218 57922 3218 12881 

Total Flow cum/hr 7710.6 30.1 22.7 2732.0 19.6 0.0 11.4 1006.2 9373.3 520.7 11.4 

Temperature C 28.0 -178.5 -178.5 31.0 -191.6   -180.0 -107.4 31.0 31.0 -180.0 

Pressure bar 1.30 5.22 5.22 5.38 5.38   1.40 1.51 5.38 5.38 1.40 

Vapor Frac 1 0.01016 0 1 0   0 1 1 1 0 

Liquid Frac 0 0.98984 1 0 1   1 0 0 0 1 

Solid Frac 0 0 0 0 0   0 0 0 0 0 

Enthalpy kJ/kmol 75.9 -11018.8 -11068.3 133.2 -12129.8   -12691.2 -3877.8 133.2 133.2 -12691.2 

Enthalpy kJ/kg 2.4 -393.3 -395.1 4.6 -418.9   -395.6 -133.9 4.6 4.6 -395.6 

Enthalpy kW 8.5 -1783.3 -1791.3 21.6 -1964.2   -1415.5 -119.7 74.0 4.1 -1415.5 

Entropy kJ/kmol-K -1.4 -99.7 -100.3 -8.7 -105.8   -108.0 -15.8 -8.7 -8.7 -108.0 

Entropy kJ/kg-K -0.04 -3.56 -3.58 -0.30 -3.65   -3.37 -0.55 -0.30 -0.30 -3.37 

Density mol/cc 0.000 0.019 0.026 0.000 0.030   0.035 0.000 0.000 0.000 0.035 

Density gm/cc 0.002 0.542 0.720 0.006 0.860   1.128 0.003 0.006 0.006 1.128 

Average MW 32.08 28.02 28.02 28.96 28.96   32.08 28.96 28.96 28.96 32.08 

Liq Vol 60F cum/hr         
 

21.51 31.20 31.20 31.22 31.22 0.00 21.51 5.95 107.12 5.95 21.51 
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Table G–2 Stream summary of simulation of argon production cycle in Aspen Plus (Process flowsheet is given in Figure 4.8). 

 

 

 AIR AIRTEXHE AIRTOCOO AIRTOEX AIRTOHP ARGONFE1 ARGONFEE ARGONREC ATM CGOX-LP 

To  MAC HL2 MACAC MHEX HPCOLUMN CACOLUMN B6 LPCOLUMN  VCLOXMIX 

From  MHEX MAC AIRDIV HL2 B6 LPCOLUMN CACOLUMN PARCOLMN COND-REB 

Mole Flow scmh                     
O2 9342.8 5996.1 9342.8 5996.1 5996.1 9570.1 9570.1 9570.1 0.0 4662.6 

N2 34838.2 22358.8 34838.2 22358.8 22358.8 0.4 0.4 0.1 0.2 8270.3 

Ar 414.7 266.2 414.7 266.2 266.2 1019.6 1019.6 708.4 4.5 206.7 

           

Mole Frac                     

O2 0.2095 0.2095 0.2095 0.2095 0.2095 0.9037 0.9037 0.9311 0.0000 0.3549 

N2 0.7812 0.7812 0.7812 0.7812 0.7812 0.0000 0.0000 0.0000 0.0510 0.6294 

Ar 0.0093 0.0093 0.0093 0.0093 0.0093 0.0963 0.0963 0.0689 0.9490 0.0157 

           

Total Flow scmh 44596 28621 44596 28621 28621 10590 10590 10279 5 13140 

Total Flow kg/hr 57619 36979 57619 36979 36979 15480 15480 14925 8 17361 

Total Flow cum/hr 47985.5 1735.4 16593.8 5972.2 1751.3 2584.5 2584.5 13.0 0.0 3083.5 

Temperature C 20.0 -174.1 277.0 31.0 -173.5 -180.6 -180.6 -180.6 -185.1 -185.4 

Pressure bar 1.01 5.29 5.49 5.39 5.29 1.35 1.35 1.35 1.22 1.33 

Vapor Frac 1 1 1 1 1 1 1 0 0 1 

Liquid Frac 0 0 0 0 0 0 0 1 1 0 

Solid Frac 0 0 0 0 0 0 0 0 0 0 

Enthalpy kJ/kmol -153.9 -6050.3 7426.4 133.1 -6027.8 -5899.1 -5899.1 -12591.4 -10843.7 -6174.1 

Enthalpy kJ/kg -5.3 -208.9 256.4 4.6 -208.1 -180.0 -180.0 -386.9 -275.6 -208.5 

Enthalpy kW -85.0 -2146.1 4104.4 47.2 -2138.1 -774.2 -774.2 -1603.9 -0.6 -1005.4 

Entropy kJ/kmol-K 4.2 -42.8 8.6 -8.7 -42.5 -33.4 -33.4 -106.0 -97.6 -32.2 

Entropy kJ/kg-K 0.1 -1.5 0.3 -0.3 -1.5 -1.0 -1.0 -3.3 -2.5 -1.1 

Density mol/cc 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 

Density gm/cc 0.0 0.0 0.0 0.0 0.0 0.0 0.0 1.1 1.3 0.0 

Average MW 29.0 29.0 29.0 29.0 29.0 32.8 32.8 32.5 39.3 29.6 

TDEW       °C              -191.5 -174.1 -173.6 -173.8 -174.1 -180.6 -180.6 -180.5 -184.5 -186.9 

TBUB        °C              -194.2 -176.2 -175.7 -176.0 -176.2 -180.8 -180.8 -180.6 -185.1 -190.4 
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Table G–2 (continued) Stream summary of simulation of argon production cycle in Aspen Plus (Process flowsheet is given in Figure 4.8). 

 

 

 CLOX-CAC CLOX-CON CLOXSC EXPAN-IN EXPN-OUT GAN GAN-LP GANLPMHX GANOUT GOX 

To  CLOXVLV COND-REB CLOXSPLT EXP LPCOLUMN WASTEDP SUBC MHEX   

From CLOXSPLT CLOXVLV HPCOLUMN MHEX EXP MHEX LPCOLUMN SUBC WASTEDP MHEX 

Mole Flow scmh                     
O2 4662.6 4662.6 5996.1 708.8 708.8 387.9 387.9 387.9 387.9 8955.0 

N2 8270.3 8270.3 10635.5 2643.0 2643.0 34837.9 34837.9 34837.9 34837.9 0.0 

Ar 206.7 206.7 265.8 31.5 31.5 58.6 58.6 58.6 58.6 45.0 

           

Mole Frac                     

O2 0.3549 0.3549 0.3549 0.2095 0.2095 0.0110 0.0110 0.0110 0.0110 0.9950 

N2 0.6294 0.6294 0.6294 0.7812 0.7812 0.9873 0.9873 0.9873 0.9873 0.0000 

Ar 0.0157 0.0157 0.0157 0.0093 0.0093 0.0017 0.0017 0.0017 0.0017 0.0050 

           

Total Flow scmh 13140 13140 16897 3383 3383 35284 35284 35284 35284 9000 

Total Flow kg/hr 17361 17361 22326 4371 4371 44199 44199 44199 44199 12865 

Total Flow cum/hr 20.9 469.4 26.9 477.3 1405.4 32830.9 7653.5 8542.3 39393.5 7710.5 

Temperature C -174.6 -190.0 -174.6 -68.9 -123.3 28.0 -193.2 -184.9 27.9 28.0 

Pressure bar 5.29 1.33 5.29 5.29 1.33 1.20 1.30 1.30 1.00 1.30 

Vapor Frac 0 0.1561 0 1 1 1 1 1 1 1 

Liquid Frac 1 0.8439 1 0 0 0 0 0 0 0 

Solid Frac 0 0 0 0 0 0 0 0 0 0 

Enthalpy kJ/kmol -11374.4 -11374.4 -11374.4 -2811.9 -4340.7 78.3 -6429.2 -6178.5 78.3 75.9 

Enthalpy kJ/kg -384.1 -384.1 -384.1 -97.1 -149.9 2.8 -229.0 -220.1 2.8 2.4 

Enthalpy kW -1852.2 -1852.2 -2381.9 -117.9 -182.0 34.3 -2811.3 -2701.7 34.3 8.5 

Entropy kJ/kmol-K -94.7 -93.7 -94.7 -20.3 -17.7 -0.5 -40.4 -37.4 1.0 -1.6 

Entropy kJ/kg-K -3.2 -3.2 -3.2 -0.7 -0.6 0.0 -1.4 -1.3 0.0 0.0 

Density mol/cc 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 0.0 

Density gm/cc 0.8 0.0 0.8 0.0 0.0 0.0 0.0 0.0 0.0 0.0 

Average MW 29.6 29.6 29.6 29.0 29.0 28.1 28.1 28.1 28.1 32.0 

TDEW       °C              -171.6 -186.9 -171.6 -174.1 -189.1 -193.9 -193.2 -193.2 -195.5 -180.7 

TBUB        °C              -174.6 -190.4 -174.6 -176.2 -191.7 -194.1 -193.4 -193.4 -195.7 -180.7 
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Table G–2 (continued) Stream summary of simulation of argon production cycle in Aspen Plus (Process flowsheet is given in Figure 4.8). 

 

 GOXMHX LAQAIR LAR LCLOX LCLOX-1 LINREF LINREFHL LINREFSC LIQAIR2 LOX 

To  MHEX MHEX  LPCOLUMN VCLOXMIX LPCOLUMN HL1 SUBC LPCOLUMN  

From O2SPL AIRDIV PARCOLMN CLOXSPLT COND-REB SUBC HPCOLUMN HL1 MHEX O2SPL 

Mole Flow scmh                     
O2 8955.0 2637.9 0.0 1333.5 0.0 0.0 0.0 0.0 2637.9 0.0 

N2 0.0 9836.4 0.0 2365.2 0.0 11723.3 11723.3 11723.3 9836.4 0.0 

Ar 45.0 117.1 306.6 59.1 0.0 0.4 0.4 0.4 117.1 0.0 

           

Mole Frac                     

O2 0.9950 0.2095 0.0000 0.3549 0.0000 0.0000 0.0000 0.0000 0.2095 0.0000 

N2 0.0000 0.7812 0.0000 0.6294 0.0000 1.0000 1.0000 1.0000 0.7812 0.0000 

Ar 0.0050 0.0093 1.0000 0.0157 0.0000 0.0000 0.0000 0.0000 0.0093 0.0000 

           

Total Flow scmh 9000 12591 307 3758 0 11724 11724 11724 12591 0 

Total Flow kg/hr 12865 16268 546 4965 0 14653 14653 14653 16268 0 

Total Flow cum/hr 11.4 2627.4 0.4 6.0 0.0 18.8 20.4 27.8 19.8 0.0 

Temperature C -180.0 31.0 -183.7 -174.6   -190.2 -178.5 -178.5 -183.6   

Pressure bar 1.40 5.39 1.27 5.29 1.33 5.23 5.23 5.23 5.29   

Vapor Frac 0 1 0 0   0 0 0 0   

Liquid Frac 1 0 1 1   1 1 1 1   

Solid Frac 0 0 0 0   0 0 0 0   

Enthalpy kJ/kmol -12701.3 133.1 -10754.7 -11374.4   -11766.3 -11066.8 -11011.8 -11686.0   

Enthalpy kJ/kg -396.4 4.6 -269.2 -384.1   -420.0 -395.1 -393.1 -403.5   

Enthalpy kW -1416.7 20.8 -40.9 -529.7   -1709.5 -1607.9 -1599.9 -1823.6   

Entropy kJ/kmol-K -108.2 -8.7 -98.3 -94.7   -108.1 -100.3 -99.7 -100.6   

Entropy kJ/kg-K -3.4 -0.3 -2.5 -3.2   -3.9 -3.6 -3.6 -3.5   

Density mol/cc 0.0 0.0 0.0 0.0   0.0 0.0 0.0 0.0   

Density gm/cc 1.1 0.0 1.4 0.8   0.8 0.7 0.5 0.8   

Average MW 32.0 29.0 39.9 29.6   28.0 28.0 28.0 29.0   

TDEW       °C              -180.0 -173.8 -183.7 -171.6   -178.5 -178.5 -178.5 -174.1   

TBUB        °C              -180.0 -176.0 -183.7 -174.6   -178.5 -178.5 -178.5 -176.2   
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Table G–2 (continued) Stream summary of simulation of argon production cycle in 
Aspen Plus (Process flowsheet is given in Figure 4.8). 

 

  

 LOXLP PAR TOAIRDIV TOEXPAN1 VCLOX WASTE 

To  O2SPL PARCOLMN AIRDIV MHEX LPCOLUMN  

From LPCOLUMN CACOLUMN MACAC AIRDIV VCLOXMIX LPCOLUMN 

Mole Flow scmh             
O2 8955.0 0.0 9342.8 708.8 4662.6 0.0 

N2 0.0 0.3 34838.2 2643.0 8270.3 0.0 

Ar 45.0 311.1 414.7 31.5 206.7 0.0 

       

Mole Frac             

O2 0.9950 0.0000 0.2095 0.2095 0.3549 0.0355 

N2 0.0000 0.0008 0.7812 0.7812 0.6294 0.9607 

Ar 0.0050 0.9992 0.0093 0.0093 0.0157 0.0039 

       

Total Flow scmh 9000 311 44596 3383 13140 0 

Total Flow kg/hr 12865 555 57619 4371 17361 0 

Total Flow cum/hr 11.4 79.8 9305.6 706.0 3083.5 0.0 

Temperature C -180.0 -183.9 31.0 31.0 -185.4 -192.6 

Pressure bar 1.40 1.24 5.39 5.39 1.33 1.30 

Vapor Frac 0 1 1 1 1 1 

Liquid Frac 1 0 0 0 0 0 

Solid Frac 0 0 0 0 0 0 

Enthalpy kJ/kmol -12701.3 -4409.9 133.1 133.1 -6174.1 -6407.5 

Enthalpy kJ/kg -396.4 -110.4 4.6 4.6 -208.5 -227.2 

Enthalpy kW -1416.7 -17.0 73.6 5.6 -1005.4 0.0 

Entropy kJ/kmol-K -108.2 -27.2 -8.7 -8.7 -32.2 -39.3 

Entropy kJ/kg-K -3.4 -0.7 -0.3 -0.3 -1.1 -1.4 

Density mol/cc 0.0 0.0 0.0 0.0 0.0 0.0 

Density gm/cc 1.1 0.0 0.0 0.0 0.0 0.0 

Average MW 32.0 39.9 29.0 29.0 29.6 28.2 

TDEW       °C              -180.0 -183.9 -173.8 -173.8 -186.9 -192.6 

TBUB        °C              -180.0 -183.9 -176.0 -176.0 -190.4 -193.2 
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Figure G–1 The screenshot of Aspen Plus simulation flowsheet of parallel hybrid distillation process (with ambient-temperature polymeric 
membranes) for pumped-LOX cycle co-producing argon. 
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Table G–3 Simulation results of selected streams of the process flowsheet shown in Figure G–1 (simulation results and process specifications are 
given in Section 5.10)  

 
 

 AIR ARGONFEE ARGONREC EXPOUT FEED GAN GOX LAR MEM-FEED PAR 

To   LPCOLUMN CACOLUMN EXPANDER COMPRESO MHEX MHEX PARCOLMN CACOLUMN CACOLUMN 

From MAC LPCOLUMN LPCOLUMN MHX MEMBRANE WASTEDP   MHX PARCOLMN 

Mole Flow scmh           
O2 9342.9 9123.7 9123.7 429.8 1848.0 388.0 8954.9 3E-04 1848.0 3E-04 

N2 34838.6 5E-03 5E-03 5E-03 5E-03 34838.6 4E-16 2E-04 8E-04 3E-03 

Ar 414.7 876.3 570.7 110.2 152.0 64.0 45.1 301.0 152.0 305.7 

           

Mole Frac           

O2 0.2095 0.9124 0.9411 0.7960 0.9240 0.0110 0.9950 1E-06 0.9240 1E-06 

N2 0.7812 5E-07 1E-07 1E-06 4E-07 0.9872 5E-20 6E-07 4E-07 1E-05 

Ar 0.0093 0.0876 0.0589 0.2040 0.0760 0.0018 0.0050 1.0000 0.0760 1.0000 

           

Total Flow scmh 44596 10000 9694 540 2000 35291 9000 301 2000 306 

Total Flow kg/hr 57619 14587 14042 810 2909 44210 12865 536 2909 545 

Total Flow cum/hr 47986.0 2429.5 12.3 267.3 171.1 32836.9 7710.5 0.4 486.8 77.9 

Temperature C 20.0 -180.6 -180.5 -91.9 30.0 28.0 28.0 -183.7 -180.5 -183.9 

Pressure bar 1.01 1.36 1.36 1.35 13.00 1.20 1.30 1.28 1.36 1.25 

Vapor Frac 1 1 0 1 1 1 1 0 1 1 

Liquid Frac 0 0 1 0 0 0 0 1 0 0 

Solid Frac 0 0 0 0 0 0 0 0 0 0 

Enthalpy kJ/kmol -153.9 -5911.9 -12609.1 -3237.8 26.0 78.4 76.0 -10752.2 -5931.2 -4407.5 

Enthalpy kJ/kg -5.3 -180.8 -388.4 -96.3 0.8 2.8 2.4 -269.2 -181.9 -110.3 

Enthalpy kW -85.0 -732.7 -1514.9 -21.7 0.6 34.3 8.5 -40.1 -147.0 -16.7 

Entropy kJ/kmol-K 4.2 -33.6 -106.3 -11.9 -18.8 -0.5 -1.6 -98.3 -34.0 -27.2 

Entropy kJ/kg-K 0.145 -1.02892 -3.2733 -0.35518 -0.57663 -0.01878 -0.04875 -2.46084 -1.04187 -0.68201 

Density mol/cc 4E-05 2E-04 4E-02 9E-05 5E-04 5E-05 5E-05 3E-02 2E-04 2E-04 

Density gm/cc 1E-03 6E-03 1E+00 3E-03 2E-02 1E-03 2E-03 1E+00 6E-03 7E-03 

Average MW 28.96 32.70 32.47 33.62 32.60 28.08 32.04 39.95 32.60 39.95 

TDEW       °C              -191.5 -180.6 -180.5 -181.0 -149.3 -193.9 -180.7 -183.7 -180.5 -183.9 

TBUB        °C              -194.2 -180.7 -180.5 -181.2 -149.4 -194.1 -180.7 -183.7 -180.6 -183.9 

 



 

333 

 

Table G–3 Simulation results of selected streams of the process flowsheet shown in 
Figure G–1 

 

 

 PERMEATE PERM-MHX RETENTAT RET-MHX TOCOMP 

To  MEMBRANE MHX MEMBRANE MHX MHX 

From MHX CACOLUMN EXPANDER CACOLUMN COMPRESO 

Mole Flow scmh      
O2 1418.2 1418.2 429.8 429.8 1848.0 

N2 1E-04 1E-04 7E-04 7E-04 8E-04 

Ar 41.8 41.8 110.2 110.2 152.0 

      

Mole Frac      

O2 0.9714 0.9714 0.7960 0.7960 0.9240 

N2 8E-08 8E-08 1E-06 1E-06 4E-07 

Ar 0.0286 0.0286 0.2040 0.2040 0.0760 

      

Total Flow scmh 1460 1460 540 540 2000 

Total Flow kg/hr 2099 2099 810 810 2909 

Total Flow cum/hr 1205.8 367.3 46.2 136.9 1464.4 

Temperature C 30.0 -177.5 30.0 -177.5 -4.7 

Pressure bar 1.36 1.36 13.00 1.35 1.36 

Vapor Frac 1 1 1 1 1 

Liquid Frac 0 0 0 0 0 

Solid Frac 0 0 0 0 0 

Enthalpy kJ/kmol 133.1 -5923.3 21.1 -5625.2 -865.4 

Enthalpy kJ/kg 4.1 -183.8 0.6 -167.3 -26.5 

Enthalpy kW 2.4 -107.2 0.1 -37.6 -21.5 

Entropy kJ/kmol-K -0.9 -34.6 -16.8 -29.8 -3.2 

Entropy kJ/kg-K -0.02834 -1.0752 -0.50105 -0.88609 -0.09942 

Density mol/cc 5E-05 2E-04 5E-04 2E-04 6E-05 

Density gm/cc 2E-03 6E-03 2E-02 6E-03 2E-03 

Average MW 32.23 32.23 33.62 33.62 32.60 

TDEW       °C              -180.4 -180.4 -149.8 -181.0 -180.5 

TBUB        °C              -180.4 -180.4 -149.9 -181.2 -180.6 

 


